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Chapter 1. State of the Art

I.1  Global Overview of the World Energetic and Environmental Panorama

Renewable sources are becoming ever more important in recent years as their use represent
both a significant key climate change mitigation technology and a decisive route toward freedom
from fossil fuel dependency. The increase in renewable energy use continued during last years
despite the increasing global energy consumption and the substantial decline in oil prices. By the
end of 2013, renewable energy provided nearly 19.1% of the global energy consumption, larger
than the 16.7% market share registered in 2010. More in detail, the renewable market share can be
further distinguished into contributions from traditional biomass and modern renewables. The
former mainly refers to materials coming in the form of unprocessed agricultural waste or animal
dung, mainly used for cooking and heating in remote and rural area of developing countries, while
the latter include solar, wind, geothermal, and hydropower energy together with that produced
through modern biomasses or biofuels. Taking into account these two subcategories, the modern
renewables account for nearly 10% while the remaining 9% is ascribed to the traditional biomass
(Figure 1.1).
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Figure L.1: Estimated renewable energy share of global final energy consumption in 2013.

The statistical data discussed so far refer to the global final energy consumption, which means that
they take into account the power, heat and transport contributes. By solely referring to the power
sector, renewable sources comprised an estimated 27.7% share of the world’s power generating
capacity at the end of 2014, with a total power capacity of 1712 GW (8.5% more than 2013). The
distribution among the renewable sources is largely dominated by the hydropower energy, followed
by wind power (the least-cost option), solar photovoltaic and bio-power (Figure 1.2).
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Figure 1.2: Distribution among renewable energy sources in the power sector.
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The Concentrating Solar Power (CSP) market remains less established than most other renewable
energy markets, probably because it is a relatively new technology compared to the other ones.
However, it is worth to note that its growth rate was, together with that of the solar photovoltaic,
one of the larger during last years (Figure 1.3). All the statistical data so far discussed, and more of
them, can be found in REN21, 2015.
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Figure 1.3: Average annual growth rates of renewable energy capacities.

On a parallel line, the atmospheric CO, concentration is incessantly increasing in last
decades due to the continuous use of fossil fuels. A value of nearly 402 ppm has been reached in
December 2015 (Figure 1.4). The upper safety limit, which is stated to be around 350 ppm, has been
largely exceeded since 1990. Important efforts are required in the next years to let this value
decrease through an extensive use of renewable sources or through the use of carbon capture and
sequestration technologies, so as to avoid or at least limit the serious climate changes induced by
the global warming.
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Chapter I State of the Art

I.2  Solar Energy and Concentrating Solar Power Systems

Among the renewable sources, energy coming from the sun is one of the most important to
reach the global energy needs without the concomitant production of greenhouses gases. A simple
comparison between the current global energy consumption rate (~16 TW) and the huge amount of
solar energy falling on the Earth (~100,000 TW) lead to the conclusion that just 0.1% of the Earth’s
land would be needed to supply the energy for all the inhabitants of the planet if considering an
energy conversion efficiency of 20% (Steinfeld and Meier, 2004). The solar energy is also free and
theoretically infinite. However, despite the enormous advantages related to the use of solar energy,
some relevant drawbacks exist. First of all, the solar energy is an intermittent energy source as it is
available only during the day (intended as the fraction of the astronomical day comprised between
dawn and sunset) and only in clear-sky conditions. Moreover, the solar radiation is also quite
diluted, with a maximum flux density of 1 kW m ™~ in the most irradiated regions (generally referred
as sunbelt), and unequally distributed around the Earth. A map of the worldwide solar distribution is
depicted in Figure L.5.
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Figure 1.5: World map of direct normal irradiation.

Radiant energy coming from the sun hits the Earth with a spectral distribution ranging in the
0.1-10 um interval. Three regions can be distinguished: UV, Visible and IR. The UV region
includes radiation with a wavelength up to 400 nm, and at Earth’s surface accounts for 3—5% of the
total energy. The Visible region ranges from 400 to 700 nm and accounts for 42-43% of the total
energy, while the IR region includes wavelengths above 700 nm and accounts for 52-55% of the
total energy. At the top of the atmosphere, UV radiations are more intense and account for 7-8% of
the total energy. The solar spectrum is quite similar to that of a blackbody emitter at a temperature
of 5800 K (Figure 1.6). Nowadays, two major strategies exist to take advantage of the solar energy:
photovoltaic and CSP systems.
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Figure 1.6: Spectral distribution of the sun and of a blackbody emitter.

Photovoltaic consists into the direct conversion of the solar energy into electricity. The core
of these systems is represented by a light absorbing material, capable of absorbing photons and
generate free electricity via the photovoltaic effect. In its easier formulation, the conversion is
accomplished using a p-n junction, a device realized assembling two different doped semiconductor
layers. More specifically, one layer is doped with a lower valence cation, while the other one is
doped with a higher valence cation (e.g., Ga and P in the case of Si layer). Current available devices
suffer of a relatively short life-time (due to degradation problems) and of a decadency of efficiency
over the time. Moreover, an effective storage of the energy produced with photovoltaic devices is
still highly expensive. The research in the photovoltaic sector is greatly active to overcome the
aforementioned drawbacks and is also focused on enhancing the solar-to-electric conversion
efficiency. Actually, the average conversion efficiency for commercial solar cells is around 12—
18%. Multi-junction cells can have far larger efficiencies thanks to the combination of different
semiconductor materials able to use different ranges of the solar spectrum, but their complexity and
related costs are higher too. Laboratory multi-junction solar cells claim efficiencies as large as 40%,
with a current world record of 44.7%. Nowadays the solar photovoltaic is already an important
reality in the worldwide economy, with a production of over 170 GW of energy (see Figure 1.2). A
lot of commercial plants exist all over the world and their number is readily increasing as the price
of photovoltaic systems is rapidly declining. Comprehensive reviews on photovoltaic systems can
be found in the literature (E/ Chaar et al., 2011, Parida et al., 2011).

Concentrating Solar Power systems instead rely on the concentration of the solar energy by
the use of optical mirrors. The concentrated solar energy can be used to heat a working fluid at the
high temperatures required to drive a thermodynamic cycle (e.g., Rankine, Brayton, Stirling) and
produce energy. Reflection and concentration are achieved by sun-tracking mirrors, called
heliostats, which collect and concentrate the incident solar radiation onto a solar receiver. Different
types of CSP systems are currently applied at pilot and commercial scale and are generally
distinguished in one-axis and two-axis tracking technologies. A crucial parameter which
characterizes all these systems is the concentration ratio, defined as the mean solar radiation power
flux over the focused area normalized to the total incident solar radiation (Romero and Steinfeld,
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2012). This parameter limits the maximum achievable temperatures in the solar receiver, as easily
shown from an energy balance performed on a perfect blackbody receiver (Eq. I.1):

alC = ecT* (L1)

a and ¢ are the absorption and emission coefficients, and are both unitary for a perfect blackbody
receiver. [ and C are, respectively, the incident solar radiation and the concentration ratio, while o is
the Stefan—Boltzmann coefficient. T is the maximum theoretically achievable temperature,
sometimes referred as the stagnation temperature.

Main one-axis technologies are the parabolic trough collector and the linear Fresnel
reflector. Parabolic trough systems (Figure 1.7-a) use reflectors of parabolic shape to focus the solar
radiation along a receiver located on the focal line of the collectors. A long pipe receiver can be
placed at the focus for the heating of a heat transfer fluid. On the contrary, linear Fresnel reflector
systems (Figure 1.7-b) are composed of very long rows of parallel flat or slightly curved mirrors that
focus the solar radiation on an elevated long receiver fixed in space above the mirror field. The
receiver is usually a metal absorber tube embedded in an evacuated glass tube to reduce heat losses
(Mills, 2004). Concentration ratios achieved are not too high, in the order of 30—100 for both
systems.

absorber
fube

absorher tube

reflectors

reflector

Figure 1.7: One-axis tracking technologies. a) Parabolic trough systems; b) Linear Fresnel reflector.

Main two-axis technologies are instead the parabolic dish, the solar tower system and the
beam down tower (also known as double concentration system). Parabolic dish systems (Figure
1.8-left) are point focus collectors that make use of a parabolic concave mirror (the dish) to
concentrate the solar radiation by tracking the sun along two axis. The receiver is located at the
focal point of the dish and is generally coupled with a Stirling engine or a Brayton mini-turbine.
These systems are generally autonomous modules that produce energy in the 5-25 kW power range.
Concentration ratios are high (1000-3000). Differently, in the solar tower system (Figure 1.8-centre)
a field of hundreds/thousands of large two axis tracking mirrors are installed around a tower, on the
top of which the receiver is mounted. Since large heat losses are always involved in the heat
transport from the solar receiver to the energy converter, this system requires that turbine and/or
other equipment are installed close to the receiver, and hence must be supported on the top of the
tower. Concentration ratio ranges from 300 to 1500. To overcome the drawbacks related to the solar
tower system, the beam down tower has been developed. This system (Figure 1.8-right) is quite
similar to the solar tower system but has an additional mirror that reflects downwards the
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concentrated beam arising from the heliostat field. The second mirror is a reflective surface
characterized by two foci, hence an hyperbole or an ellipse. Hyperboloidal mirrors are generally
preferred because they require lower mounting height and inferior dimension (Segal and Epstein,
2000). An additional concentrator close to the receiver may be required if the additional mirror
causes a magnification of the sun image. The receiver can then be coupled with a Compound
Parabolic Concentrator (CPC) to reach larger concentration ratios, in the order of 5000-10000
(Kodama, 2003).

»-  Tower Reflector

L - - Receiver

Compound
¢ | Parabolic
/' | Concentrator

Receiver

reflector

Heliostat Field

Heliostat Field

Figure 1.8: Two-axis tracking technologies. Left: Parabolic dish; Centre: Solar tower system; Right: Beam
down tower with CPC (double concentration system).

I.3 Thermal Energy Storage

A great advantage of the CSP technology over its direct photovoltaic competitor is that CSP
plants can be easily integrated with Thermal Energy Storage (TES) systems. Thermal storage
consists in the collection of the excess heat produced by CSP systems into storage mediums able to
release the absorbed energy when required (for instance, after the sunset or during cloudy days).
TES systems play then a key role in the process, as they allow to correct the mismatch between the
discontinuous solar energy supply and the continuous electricity demand, enabling the production
of energy at a stable rate. Moreover, their use permit to uncouple the processes of collection and
production of energy: it is therefore possible to correct the temporal mismatch existing between the
fraction of the daytime in which energy is produced and the fraction of the daytime in which energy
is actually required. Depending on the nature of the TES system applied, the stored energy can be
also transported and used in different location and/or period of time, amplifying in this way the
potentialities of solar energy. Used in combination with fossil fuel backup, TES systems can keep a
CSP plant running under full-load conditions also after the sunset, setting the stage for the
development of a base-load solar power plant. The energy storage process involves at least three
steps: 1) charging, 2) storage, and 3) discharging. During the charging step, the energy coming from
the sun is collected into a storage medium. This energy is then stored until it becomes necessary,
when it is released in the discharging step. Three different mechanisms are currently studied, and
they are based on sensible, latent and thermochemical heat storage.

In sensible heat storage, the solar energy is used to increase the temperature (hence the
energy content) of a fluid or solid medium. The stored energy (Qstoreq) 15 directly connected to the
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amount of the storage medium (m), to its thermal capacity (C,) and to the experienced temperature
increment (Eq. 1.2):

Ostorea = meAT (L2)

During the discharging step, the energy is released at unsteady temperature as the temperature of the
storage medium progressively decreases. Materials are chosen by taking into account several
parameters, such as the energy density, the thermal diffusivity, and the mechanical/thermal stability.
Concerning solid media, inexpensive materials such as rock, sand, concrete and cast ceramics have
been extensively studied mainly due to their low cost and average thermal conductivity, which
ensures good heat transfer rate without preventing the use of thermocline storage systems. As liquid
media, molten salts (mixtures of two or more nitrate salts, such as Ca(NOs3),, NaNO3;, KNO;) and
mineral or synthetic oils are investigated. The high freezing point of most molten salts is a relevant
problem because heat must be supplied also in non-functioning periods to avoid the salt
solidification (Fernandes et al., 2012; Gil et al., 2010).

In latent heat storage, the solar energy is used to achieve a phase transformation of a solid or
liquid medium. Among them, the solid-liquid transition is considered to be the more efficient
because solid-solid transitions generally feature quite low latent heat values while liquid-gas
transitions require large volume of recipient (Fernandes et al., 2012). The stored energy is related to
the latent heat of the phase transformation involved (As-qnspH) and to the amount of the storage

medium (Eq. 1.3):
Ostorea = mAtransfH (L3)

During the discharging step, energy is released at steady temperature as phase transitions are
isothermal processes. Both organic and inorganic compounds are used for latent heat storage. As
inorganic materials, salt like NaNO3, KNO3;, KOH, NaCl, Na,CO; have been investigated. On the
other hand, paraffins and fatty acids have been investigated as organic materials. Two relevant
drawbacks of the latent heat storage systems are the low thermal conductivities, that lead to slow
charging-discharging rates, and the possible formation of solid deposits on the heat transfer surface.
Thermal conductivities can be partially enhanced by using composite materials, in which the
properties of a material featuring a high latent heat are combined with the ones of a second material
owning a good thermal conductivity. For this purpose, graphite is commonly used as additive.
Several reviews concerning latent heat storage materials and technologies can be found in the
literature (Herrmann and Kearney, 2002; Gil et al., 2010).

Lastly, in thermochemical heat storage the energy arising from the sun is used to perform an
endothermic reversible chemical reaction. Reaction products must be separated and can be stored at
any temperature. The stored energy is dependent on the latent heat of the performed reaction
(AreqctionH ) and on the amount of converted material (Eq. 1.4):

Qstorea = MAreqctiont (L4)

During the discharging step, the reaction products are mixed back and reacted in order to release the
stored energy and regenerate the original reagents. Energy is released at steady temperature.
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Thermochemical storage systems are technologically more complex than sensible and latent heat
storage ones but, at the same time, own some peculiarities which give them huge advantages and
that strongly encourage the research in this field. Indeed, the theoretical stored energy is
significantly larger and both the storage period and the transport distance are theoretically
unlimited. This two features virtually allow to transport the solar energy into regions different from
the production site where the CSP plant is located. The main properties of the three different storage
mechanisms are briefly summarized in Table I.1.

Energy Storage Technology
Sensible heat Latent heat Thermochemical

Volumetric density Small (50 kWh m™) Medium (100 kWhm™)  High (500 kWh m™)
Gravimetric density | Small (0.02kWhkg') Medium (0.07 kWhkg™")  High (0.7 kWhkg™)

Storage temperature Charging value Charging value Ambient
Storage period Limited (thermal losses)  Limited (thermal losses)  Theoretically unlimited
Transport distance Small Small Theoretically unlimited

Technology Simple Medium Complex

Table I.1: Main properties of the three energy storage technologies (Pardo et al., 2014b).

I.4 Thermochemical Energy Storage

Thermochemical storage can offer several advantages over sensible and latent heat storage.
The choice of an appropriate reaction is the main key for the success of this heat storage
mechanism. Virtually any reaction can be chosen, but several parameters need to be taken into
account. The chemistry of the reaction itself is obviously of fundamental importance: good
selectivity and reversibility are required, as well as high reaction rates, optimal operating conditions
and large reaction enthalpies. A good material stability and resistance towards chemical poisons are
also required, so that several cycles can be accomplished before deactivation phenomena take place.
Lastly, materials toxicity and cost have also to be accounted for. It is quite impossible to find a
chemical reaction or a chemical compound able to fully satisfy all the expectations, thus the best
system will be the one which better fits the different properties. Among the possible reactions, a
first important line should be marked between “pure” chemical reactions and sorption processes.

The word “sorption” has been used in the literature as a general term to cover both
adsorption and absorption processes. Adsorption is a surface process and, in thermochemical
storage application, it is generally referred to the gas—solid adsorption. It can be further divided into
physical adsorption, in which intermolecular forces (van der Waals) are involved, and chemical
adsorption, in which covalent forces are involved. Chemical adsorption provides higher heat of
reaction due to the stronger nature of covalent forces with respect to van der Waals ones. More
specifically, when the adsorption has a physical nature, the reaction heat is of the same order of
magnitude of the latent heat of condensation-liquefaction of the adsorbed gaseous species, thus
hardly exceeding values of 40-50 kJ mol . Differently, absorption is defined as a phenomenon in
which a liquid or a gas penetrates into the surface layer and enters the bulk structure of a solid or a
liquid: in thermochemical storage application it is generally referred to liquid-gas systems. The
sorption process can be generalized by the reaction:
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A«m+n)B + AH —_—> AmB + nB (o)

where A is the sorbent and B the sorbate. The chemical nature of A-(m+n)B differs whether the
considered process is a gas—solid adsorption or a gas-liquid absorption. In the former case, the
reaction describes the enrichment of the B species on the A surface. Differently, A-(m+n)B
represents a solution with a lower concentration of A than A-mB. To improve sorption properties,
composite sorbents called composite salt porous matrix have been proposed. These materials are
made up by the combination between a salt hydrate and an additive characterized by a porous
structure and a high thermal conductivity. The additive can have or not sorption properties.
Materials such as expanded graphite, activated carbon as well as silica gel, alumina and aerogel are
currently used as host matrix, while the salts can be chlorides, sulphates or nitrates such as CaCl,,
MgSO,4 and LiNO;. When inert matrixes are used, advantages in terms of improved heat and mass
transfers are obtained. Differently, when absorbent matrixes are used, the sorption process becomes
a combination between absorption and adsorption, as both chemical reaction and liquid absorption
occur. Sorbates commonly used in chemical sorption processes are water, ammonia and hydrogen.
The sorption processes investigated in the literature are mostly characterized by relatively low
temperatures for the charging-discharging process. These processes are indeed used to store low
grade (<100 °C) and medium grade (100400 °C) heat. The release of energy is performed at
temperatures generally lower than 200-250 °C. As a consequence, the application fields for
sorption processes are limited to buildings heating/cooling, hot water production and air-heating
systems rather than electricity production through thermodynamic cycles (where temperature values
of at least 450500 °C are required). Several reviews concerning sorption processes can be found in
the literature (N Tsoukpoe et al., 2009 and 2014; Cot-Gores et al., 2012; Yu et al., 2013). An
exhaustive graph reporting the energy storage densities and the operative temperatures for most of
the investigated sorption processes is reported in Figure 1.9.
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Figure 1.9: Energy storage densities of sorption materials. Sorbate is H,O if not specified (Yu et al., 2013).
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Sorption processes can be further distinguished into open and closed systems. The former can
exchange both mass and energy with the surrounding environment, while the latter only energy.
Closed systems are technologically more expensive, and are limited by heat transfer rate due to an
indirect contact between the storage material and the heat source. However, a wider range of
compounds can be used in closed systems, as the produced species are not released into the
environment or diluted by the flow of process gases. On the contrary, open systems are less
expensive and can benefit of larger heat and mass transfer coefficients, but they are more limited in
the choice of the sorbate due to the direct release in the environment of the produced species.

“Pure” chemical reactions can be distinguished from the sorption processes basically due to
the formation of new chemical compounds. From trivial thermodynamic considerations, it can be
shown that, at equilibrium conditions:

AH = T, AS (1.5)

A direct consequence of Eq. I.5 is that in order to obtain large reaction enthalpies, processes with
large entropies variation are required, hence processes in which gaseous species are released. The
equilibrium temperature (Teq) (also referred as the turning temperature) is a parameter of
fundamental importance, as it sets the threshold temperature for the specific process at which is
referred: temperatures higher or lower than T, will shift the reaction towards opposite directions.
Several chemical reactions have been proposed for thermochemical storage. Decomposition
processes are the most studied systems (Pardo et al., 2014b): heat is used to dissociate a chemical
compound into two products, often a solid one and a gaseous one which must be separated and
stored. When energy is required the inverse reaction is accomplished, so as to release the heat
absorbed during the decomposition process. As previously discussed for the sorption process, both
closed and open system can be here realized, with almost the same advantages and drawbacks.
Following the path driven by several authors worldwide, thermochemical storage reactions can be
classified into several systems. Hydrides, hydroxides, carbonates and oxides-based systems will be
briefly described in the following, as they represent some of the more interesting classes of
materials for thermochemical storage. Lastly, a peculiar strategy of TES in which the solar energy is
used to produce solar fuels will be documented.

1.4.1 Hydprides

This class of materials uses H; as a working medium and has been initially investigated for
the storage of H; in solid state. The general reaction can be schematized as follows:

MH, + AH _— M + n/2 H, B)

MgH, is one of the most studied compounds. It is characterized by a AH of 75 kI mol™' and by a
working temperature of 250-500 °C for an H, partial pressure of 1-100 bar. The H, storage
capacity is the largest among reversible binary hydrides (~7.6%.,) and the price of the raw material
is quite low. The reaction has been proved to be highly reversible, with more than 500 cycles
achieved. The main drawbacks of this system are a slow reaction kinetics (partially solved through
the doping with transition metals like Fe or Ni), and the high operative pressures. Other studied
metal hydride compounds are NaMgH; and Mg,FeHg. The former is characterized by a slightly
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larger reaction enthalpy (86 kJ mol™') and by a lower H, dissociation pressure with respect to
MgH,. Long-term behaviour of this material is unknown and currently under investigation.
Mg,FeHg is instead characterized by a AH of 77 kJ mol ™. Its main advantage with respect to the
MgH,/Mg system is the lower dissociation pressure of 66 bar at 500 °C (instead of 100 bar for
MgH,) and the superior cycle stability under high temperature and pressure conditions (Felderhoff
and Bogdanovic, 2009). A metal hydride system that can be exerted at high operating temperature is
instead CaH,. The operative temperature is indeed around 900 °C and the reaction enthalpy, much
larger than for the previous compounds, is equal to approximately 180 kJ mol . The performances
of this material as heat storage compound for CSP are under investigation (Felderhoff et al., 2013).
In Table 1.2 the properties of the described metal hydrides are briefly summarized.

H; content AH Heat storage density Teq at 1 bar
[Yowd] [kJ mol™" H;] (KW h kg [°C]
MgH, 7.7 75 0.78 280
NaMgH; 4.0 86 0.47 380
Mg,FeHg 5.5 77 0.55 320
CaH, 4.8 181 1.19 950

Table 1.2: Main parameters of the most relevant metal hydrides for thermochemical energy storage.

In heat storage application, metal hydrides have to be used in closed systems so that the H, is
preserved during a great number of cycles. To avoid the use of a compressor to liquefy the H;
during the storage step, low temperature H, absorbing alloys can be conveniently used. These
compounds are typically hydrides on Fe-Ti or La-Ni basis and allow the availability of H, at
ambient temperatures. Metal hydrides are interesting materials for thermochemical storage
applications. However, these systems often have to work at relatively high pressure and the storage
of H, is still a matter of concern, even though the use of low temperature metal hydrides seems to
be a promising strategy. Moreover, as these systems work in closed conditions, the indirect path of
heat transfer (solid/wall) strongly limits the global performances.

1.4.2 Hydroxides

Metal hydroxides are an interesting class of materials for thermochemical storage. When
heated to an appropriate temperature, water (steam) is released following an endothermic reaction,
while the metal hydroxide is converted into the corresponding metal oxide. As water is a harmless
gas, it can be released to the atmosphere without almost any concerning: open chemical storage
systems can then be easily conceived. The two key parameters for these systems are the reaction
temperature and the water partial pressure, which are thermodynamically related by Eq. 1.6:

-AG —AH1 | AS
PH20 = Py exp (?) = P, exp (T; + ?) (L.6)
where Py=1.013-10° Pa, Py, 0 is the water vapour pressure and T the reaction temperature. The plot

of Eq. L.6 for some metal hydroxides is reported in Figure 1.10.
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Figure 1.10: Equilibrium correlation for some metal oxide/water reactions (Kato et al., 2009).

It is possible to observe that many metal hydroxides decompose at relatively low temperatures.
Hydroxides of the alkali metal group are not reported in the graph, but according to some authors all
of them react in liquid state and only LiOH has been described as an interesting material for
thermochemical storage (Felderhoff et al., 2013). If high-grade heat needs to be produced, the more

interesting compounds appear to be the alkaline-earth metal hydroxides, which react according to
the following scheme:

M(OH), + AH _— MO + H>0 )

The basic strength of an alkaline-earth metal hydroxide is lower than that of the corresponding
alkali metal of the same period, and it increases when moving down a group: while Be(OH), is an
amphoteric compound, Ba(OH), is as strong as an alkali metal hydroxide. The basic strength
should not be neglected when dealing with metal hydroxides, as special attention could be required
in the choice of the reactor materials. It is also important to underline that, in order to obtain a good
heat storage efficiency, it is of fundamental importance to recover the latent heat of the steam
produced during the decomposition reaction (at least in some extent), as it represents a relevant
fraction of the total energy (nearly 50% for Mg(OH), and 33% for Ca(OH), case).

Among the alkaline-earth metal hydroxides, two systems are mainly studied in the literature:
Mg(OH),/MgO and Ca(OH),/CaO. Their main thermodynamic parameters are reported in Table 1.3.

ReaCtion T eq, 1 bar [K] T exothermic [K] T endothermic [K] ARH [kJ morl]
CaOy/Ca(OH), 752 675 800 109
MgOy/MgOH), 531 450 550 81

Table 1.3: Main thermodynamic parameters for the Mg(OH),/MgO and Ca(OH),/CaO systems.

Ervin (1977) was one of the first to study both the Mg(OH), and Ca(OH), systems, highlighting
their main advantages and drawbacks. A first important evidence he claimed was the need to use

pure steam in order to obtain a rapid hydration. A different behaviour toward hydration was also
highlighted: MgO was found to be inert to hydration in highly superheated steam, while CaO was
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able to hydrate rapidly also at temperature very close to the equilibrium value. Concerning the
cycling stability, Ervin reported for both systems a good behaviour, achieving 500 cycles for
Mg(OH), and 211 cycles for Ca(OH),. For the former, the reaction yield decreased from 95% to
60-70% after the first 40 cycles, and then kept constant. Differently, for Ca(OH), the reaction
yields remained constantly equal to 95%, although the reaction rates decreased progressively during
the cycles. From its preliminary test, Ervin concluded that CaO was a better material than MgO,
thanks to its higher energy density storage, higher working temperature and lower price. The
Ca(OH),/CaO reaction was also studied by Schaube and co-workers (2012) in TGA experiments
with high H,O partial pressure. Data of heat capacity, thermodynamic equilibrium, reaction
enthalpy and kinetics were collected and kinetic expressions were derived. The authors also
confirmed the good cycling stability of the material achieving more than 100 cycling tests. In
another work, Schaube and co-authors (2013) tested the Ca(OH),/CaO system in a reactor with
direct heat transfer between the gaseous reactant and the solid material, using samples of about
60 g. Working in fixed bed conditions and with a fine material (d5,=5.25 um), they again proved the
good cycling stability of the material but also highlighted a tendency towards agglomeration.
Experimental tests with greater amount of material were instead performed by Schmidt and
co-workers (2014) in an indirectly operated reactor based on a plate heat exchanger concept. They
worked with 20 kg of material achieving several hydration/dehydration cycles without degradation
of the material performance. However, they experienced a material conversion of 77%, quite lower
than the values obtained by other authors, which was explained through a slight material
carbonization during handling operations. Tests for the Ca(OH),/CaO system in a fluidized bed
reactor were instead performed by Pardo and co-workers (2014a). They worked in an indirect
heating configuration, supplying the heat through electrical resistance fixed to the outlet shell. A
fine Ca(OH), powder with particle diameter of 4 um was used, and inert easy-to-fluidize particles
were added to the sample (70%., of an Al,O3 powder with 180 um particle diameter) to achieve a
good fluidization. The decomposition reaction was performed at 460—480 °C while the hydration at
350-380 °C with a H,O partial pressure of 31.1 kPa (and a total pressure of 134 kPa). The material
was tested for 50 cycles, with a mean conversion of 80%: 50 min were required to accomplish the
decomposition step and 28 min were required for the hydration step. The energy density value
estimated by the author was 60 kWh m if the mixture with the Al,O; was considered, thus only
10% of the theoretical value. This value was found to increase up to 156 kWhm™ if a solid
separation between inert and CaO was performed, although evaluation on the energy required to
separate the two materials was not accomplished.

1.4.3 Carbonates

This class of material is quite similar to the hydroxide one. The main difference is that the
working gas is CO, instead of H,O. The general reaction is:

MCO; + AH _— MO + CO; ()

The decomposition reaction, generally referred as calcination, is a heavily endothermic reaction.
The two key parameters for these processes are the CO; partial pressure and the temperature of the
system. Compared to metal hydroxides, metals carbonates generally feature higher decomposition
temperatures and enthalpies of reaction. One major problem is related to the storage of the CO,
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produced during the decomposition step. Liquefaction by compression leads to loss of energy, thus
alternative strategies involving the capture on appropriate adsorbents or on metal oxides are
currently investigated (Felderhoff et al., 2013). Carbonates of alkali and alkaline-earth metals
become more stable moving down a group: both the temperature required for the decomposition
reaction and the reaction enthalpy increase. An explanation for this trend can be found in the
polarizing effect of the metal cation: going down a group the charge density of the cation decreases
due to the increase in the atomic radius, hence the carbonate ion becomes less polarized. The lower
polarized the carbonate ion, the lower the carbon dioxide tendency to break free and leave the metal
oxide. On the contrary, a high polarization of the chemical bond will promote CO, release. This
explanation also accounts for the higher stability of the alkaline carbonates with respect to the
correspondent alkaline-earth ones (alkaline ions own indeed a lower charge and a coarser diameter).
A plot reporting the decomposition enthalpy values for several metal carbonates is reported in
Figure I.11. Taking into account Eq. 1.5 and by further considering that the AS values are nearly the
same for all the carbonate decompositions (as they primarily arise from the formation of a gaseous
product), the trend highlighted in Figure .11 can be considered approximately valid also for the
decomposition temperature of the compounds.
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Figure I.11: Decomposition enthalpies as a function of cation +">/Z*. r is the cation radius and Z* the
effective nuclear charge as calculated from Slater’s rule (Stern and Weise, 1969).

Among the alkaline carbonates, only the lithium one can be decomposed at Bunsen temperatures
(1000-1400 °C) while the other ones require higher temperatures and melt before a full
decomposition could occur. Calcination/carbonation reactions are instead possible for MgCO3 and
CaCOs;. SrCO;3 decomposes at reasonable yield only at temperatures above 1000 °C, but it is also
reported a considerable sintering before the decomposition is accomplished (Glasson and Sheppard,
2007). The most studied carbonate compound for thermochemical storage is calcium carbonate
(CaCOs), which is found in nature as calcite or aragonite. It reacts according to the following
reaction:

CaCO; + 178kImol! ——>  CaO + CO; (€)

14



Chapter I State of the Art

The working temperature ranges between 700 and 1000 °C with CO, partial pressures between 0
and 10 bar. The storage capacity of the solid is 0.6 kWh kg ™' and 670 kWh m ™ (50% of porosity).
Experimental tests performed with particles of 10 um highlighted the formation, during the
carbonation, of a passivation layer that leads to reaction limitation by decreasing the CO, diffusion.
Submicron particles have been tested to reduce this phenomenon and even though the increase in
reactivity was high, the volumetric energetic density of the material does not exceed 10% of the
theoretical value due to the strong diminution of the bulk density (Pardo et al., 2014b). Several
works can be found in the literature which are mainly focused on the use of the solar energy to
perform the calcination reaction. Meier and co-workers (2004) developed and tested a 10 kW rotary
kiln calcination reactor. Using limestone particles of 1-5 mm, they obtained a highly calcined
product (>95%) and a thermal efficiency of 20%. Other tests on the CaCO; calcination were
performed by Flamant and co-workers (1980) in a small fluidized bed directly irradiated through a
transparent wall. They achieved a thermal efficiency of 20% for a partial 80% decarbonation of the
material and of 10-15% for a complete decarbonation. Aihara and co-workers (2001) tried to
improve the reversibility of the calcination reaction by doping the material with an inert framework
of titanium oxide (CaTiOs;). By using TGA experiments, they showed a stabilization of the reaction
reversibility, and were able to perform 10 cycles at 1023 K without the insurgence of sintering
phenomena. They claimed that the addition of an inert material with a high melting-point is
effective in the improvement of the reversibility of the cyclic reaction through a diminution of the
sintering phenomena. Further, the carbonation/calcination reactions of CaCO3 have been widely
investigated in the last years in carbon capture and sequestration technologies. Thus, several
experimental feedbacks can be found in the literature even though most of the performed
experiments do not deal with the use of solar rectors. CaCO; is a very interesting material for
thermochemical storage. The theoretical energy density is high, and the raw material is cheap
because it is one of the most abundant compounds on Earth. Its main drawbacks are related to
agglomeration and sintering phenomena, to a not high reactivity and to a need of CO, storage.

1.4.4 Oxides

Metal oxides are an interesting class of materials, too. The general reaction scheme is:
MO, + AH —_—> MO, + x/20; ©

Air can be used as heat transfer fluid and reactant for both the forward and backward reaction.
Unlike the other so far discussed metal oxide systems, there is no need to separate or condense the
gas obtained from the decomposition step, as a simple O,-rich or O,-lean air stream is produced. An
extensive screening work concerning the thermochemical storage capabilities of these materials was
done by the General Atomics in collaboration with the German Aerospace Center (Wong, 2011).
They identified Co3;0O4 and Mn,0O; as the most interesting systems as characterized by a good
combination of properties such as interesting working temperatures (800—1000 °C) and accessible
costs. The Co304/CoO system is an interesting redox couple with an high storage energy density
(~200 kJ mol ™). It has been intensively studied at the German Aerospace Center in both pure form
(Agrafiotis et al., 2014a) and with dopant incorporation (Block et al., 2014). By performing tests in
TGA analysis, it was shown that Co3;O4 can operate in a cyclic mode within the temperature range
800-1000 °C. It was also highlighted that the re-oxidation step is slower than the reduction step and
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a narrowing of the operation temperature range was suggested to reduce the kinetics difference.
Concerning the dopant incorporation, it was shown that the use of iron oxide dopant can increase
the microstructural stability, but the reaction enthalpies linearly decrease with the iron oxide
content. Mixtures with low dopant incorporation are suggested in order to keep the reaction
enthalpies to large values and to benefit of a superior reaction reversibility. Carrillo and co-workers
(2014) performed experiments on Mn and Co pure and mixed oxides. They reported a worsening of
the performance for both materials when mixed oxides were considered, as the ciclability and the
kinetics of the mixed oxides were never as good as the ones of pure compounds. Moreover, they
also stated that even though the reaction enthalpy of the Mn,03/Mn304 redox couple is far lower
than that of the Co3;04/CoO one, Mn,0; can benefit of an excellent cycling stability, a low toxicity
(CoOs is a suspicious carcinogenic material) and a far lower cost which makes it a good candidate
for thermochemical storage applications. A 100 Wh particle-based reactor is under development to
study the thermochemical heat storage performance of Mn,Os (Alvarez de Miguel et al., 2014).
Experimental tests on CuO/Cu,O were instead performed by Alonso and co-workers (A4lonso et al.,
2015) in a solar rotary kiln under both argon and air atmosphere. A strong temperature control is
required as the melting point of Cu,O (~1230 °C) is near to the working reduction temperature
(~1000 °C). The authors obtained a good conversion in Ar atmosphere, but observed a severe
coalescence of the particles which affected the subsequent oxidation step when performing the test
in air.

L1.4.5 Solar Fuels Production

The thermochemical storage processes described so far are mainly intended for a local
energy storage, as the energy is mostly recovered in the same plant in which it is stored. However,
as previously mentioned, thermochemical energy storage processes can also be applied to
synthesize solar fuels, which can then be not only used in the production site but also transported in
different location, so as to take advantage from the solar energy in places where a CSP plant could
not be built. Two main strategies for solar fuel generation can be clearly distinguished.

The first strategy is aimed at upgrading the potentialities of existing fuels, fossil and non,
through cracking, gasification and reforming processes (Yadav and Banerjee, 2016). Several
experimental and modelistic works can be found in the literature on CO,/H,O gasification of
coal/coal cokes in fluidized bed reactors (von Zedtwitz and Steinfeld, 2005; von Zedtwitz et al.,
2007; Gokon et al., 2012; Kodama et al., 2002; Gokon et al., 2015a), steam gasification of charcoal
(Miiller et al., 2003), solar methane reforming (Agrafiotis et al., 2014b) and biomass char steam
gasification (Gordillo and Belghit, 2011). More ambitious processes are instead devoted to the
production of liquid fuels through the combination of a Fischer-Tropsch process with lignite
gasification (Guo et al., 2015) or to the production of liquid fuels together with electricity by solar
gasification of coal (Kaniyal et al., 2013).

The second strategy for solar fuels production is instead targeted at the obtainment of H; or
CO through the splitting of H,O or CO, molecules, namely at the conversion of inherently cheap
materials into high-value fuels. This is an ambitious and complex process: the direct thermolysis is
not a viable route, as it requires temperatures in the order of 4330 K for H,O and of 2700 K for
CO,. Moreover, a concomitant production of H, and O, at high temperatures would give rise to the
formation of an explosive mixture. Thermochemical multi-step splitting cycles have been proposed
with the aim of both reducing the high required temperature and producing the two gases (H,/CO
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and O,) in distinct environments. Several authors have screened different cycles during last years in
order to identify the more promising and reliable ones (4banades et al., 2006; Kodama and Gokon,
2007) and several update comprehensive reviews can be found in the literature (Scheffe and
Steinfeld, 2014; Yadav and Banerjee, 2016). Cycles composed of more than two steps can be
performed at lower temperatures but, at the same time, an increased number of operations easily
brings to lower global efficiencies: two and three-step cycles are then the more realistic candidates.

Three-step cycles can decompose H,O at temperatures ranging in the 298—-1000 K interval,
which is not possible for the two-step cycles due to thermodynamic limitations. However, the
three-step cycles described in the literature make use of complicated processes for practical solar
application (e.g., chemical and electrochemical reaction in the same cycle) and most of them also
use corrosive reactants like strong acids (e.g., H,SO4, HCI) or strong bases (e.g., NaOH) that would
result in a difficult and expensive reactor construction (Kodama and Gokon, 2007; Charvin et al.,
2007a).

Two-step thermochemical cycles that make use of metal oxide redox pair are the more
investigated processes in the literature. The chemical reactions involved in such cycles are:

MO, _— MO, + /2 0, m)
MO, + yHO0 —> yH; + MO, Q)
MO,., + yCO, —>  yCO + MO, (V)

The first step consists in a reduction of the metal oxide accomplished by the only use of heat: a
metal oxide in a high oxidation status is hence reduced to a lower valence status (y<x) or to the pure
metal form (y=x) while O, is released. In the second step, the reduced metal oxide reacts with H,O
to produce H, and regenerate the initial metal oxide according to the reaction (0), or, alternatively,
with CO, to produce CO according to the reaction (1). It is easily to recognize that the sum of the
reaction (1) and (0), or (1) and (1), gives rise to the “pure” splitting of the H,O or CO, molecule:
the metal oxide actually works as a catalyst. The first reaction is generally referred as Thermal
Decomposition (TD) or Thermal Reduction (TR) step: it is strongly endothermic and requires high
temperatures. The second reaction is instead generally referred as re-oxidation or, if performed with
H,0, Water Decomposition (WD) step: it is slightly exothermic and can be performed at lower
temperatures. The choice of the redox pair is obviously crucial for the success of the process. The
metal oxide, in its oxidized form, should have an accessible reduction temperature (i.e., not too
high) while, at the same time, the reduced form of the metal oxide should be able to react with H,O
or CO; at an acceptable temperature (i.e., not too low). As the reoxidation step is exothermic, if the
AG of the reaction equals zero at too low temperatures, it would be difficult or impossible to
perform the reaction with satisfactory kinetic rates. Several evaluated metal oxide systems
(Mn304/Mn0O, Co0304/Co0O, Nb,Os/NbO,, CdO/Cd, WO;3/W) were rejected because one of the two
temperatures was not accessible (Kodama, 2003; Kodama and Gokon, 2007). Some of the more
interesting metal oxide systems will be briefly described in the following.

1.4.5.1 Fe;0/FeO and Ferrites

One of the first studied metal oxide system is the one based on the Fe;O4/FeO redox pair
which involves, for the H,O splitting, the two following reactions:
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Fe;0, ————>3Fe0  + %0, ()
H>0 + 3FeQO ——— > Fe;0;, + H, (7\,)

Negative values of AG are obtained at temperatures above 2500 K and under 1000 K for the two
reactions at a pressure of 1 bar (Kodama, 2003). Melting points of Fe;04 and FeO are, respectively,
1600 °C and 1400 °C and these values should not be exceeded in order to avoid the use of
quenching operation that would result in high energy losses. Charvin and co-workers (2007b)
investigated the Fe;O4/FeO cycle for H,O splitting. They performed the TR step with small
quantities of sample in a solar furnace under a continuous flow of N,, reaching chemical
conversions above 90% at a temperature of 1700 °C. Melting of the sample was observed but
without relevant losses due to metal volatilization. H,O splitting tests performed in a fixed bed
electrically heated in the 480—675 °C range, after the milling of the sample, showed re-oxidation
conversions up to 80%. On the other side, Abanades and Villafan-Vidales (2013) tested the
Fe;04/FeO redox couple for CO; splitting. TR was achieved in a solar furnace, while re-oxidation
tests were performed both in isothermal (600—-800 °C) and dynamic Thermal Gravimetric Analysis
(TGA) apparatuses with different inlet CO, mole fractions. The re-oxidation reaction appeared to be
very temperature-dependent, as both the kinetics and the chemical conversion increased with the
temperature. A maximum re-oxidation yield of 95% was obtained in dynamic TGA. The authors
also highlighted that elemental C was not formed during the re-oxidation step. In order to reduce the
temperature required for the TR step, solid solutions between Fe;O4 and M304 (M=Mn, Ni, Co)
have been proposed, with the intent of combining the good H; yield of the Fe;O4 system with the
lower reduction temperature of some M3O4 systems. Partial substitution of the iron in the Fe;O4 by
Mn, Co, Mg, Ni is possible to form mixed metal oxides (Fe; xMy);04, compounds generally known
as ferrites. Moreover the use of an inert support, like m-ZrO,, has been proposed to reduce the
deactivation caused by sintering phenomena. On this topic, Kodama and co-workers (2005) studied
Co(I) ferrites supported on m-ZrO, for H,O splitting. TR experiments were performed at 1400 °C
under a flow of N, in an IR furnace, while WD in a small packed bed at 1000 °C under a flow of
H,O-N;, (47% H,0O content). A higher reactivity in terms of kinetics, chemical conversion and
cycling stability was claimed by the authors for the supported ferrite, with conversion values
between 40 and 60% among six cycles. The role of the m-ZrO, support in alleviating sintering
phenomena was further confirmed by tests performed with unsupported sample. Lower reduction
temperatures (1300 °C) were also tested, obtaining poor reduction yields. In a different work, Ni(II)
ferrites supported on m-ZrO, were tested (Kodama et al., 2008). Reduction yields ranging from 60
to 80% with good cycling stability were obtained for samples of NiFe,0O4/m-ZrO, with a loading of
20%,.:. The authors tested this material in a small fluidized bed reactor conceived to work in CSP
mode with beam down optics (Gokon et al., 2011). The reactor was made of stainless steel and had
a central Inconel draft tube located inside the fluidized bed region. By repartitioning the gas flow
rate between the inside and the outside of the tube, the authors forced the particles to move upwards
in the draft tube and downwards in the annulus regions of the bed, highly enhancing the axial heat
transfer coefficient. A window was installed in the ceiling of the reactor to let the solar radiation
enter, simulated by an array of 3 Xe-lamps of 6 kW each: peak and average flux densities were,
respectively, 2500 and 1500 kW m* at full power. A scheme of the reactor use by Gokon and co-
workers is reported in Figure 1.12.
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Figure I.12: Scheme of the fluidized bed reactor used by Gokon and co-workers (2011) for the H,O splitting
test with NiFe,0,/m-ZrO, particles.

The reactor was used for both the TR and the WD step by switching the fluidizing gas: pure N, for
TR and a mixture of H,O:N; (50-80% of H,0O) for WD. An irradiation time of 15 min at an
estimated thermal power of 2.4 kW was used for TR, obtaining temperatures at the surface of nearly
1550 °C in the draft tube zone and of 1150 °C in the annulus region. A lower thermal power of
1.6 kW was used for the WD step, but reaction times of 90 min were required, highlighting a slow
kinetics of the material. The obtained reduction yields (40%) were far lower than the one achieved
in small scale (70%) and the estimated energetic efficiencies were very low (~1%). Such low
efficiency values were partially explained because of an insufficient thermal insulation and a too
long reaction time for the WD step.

1.4.5.2 CeO/Ce,0;

The cerium oxide cycle is a relatively novel two-step cycle based on the two following

reactions:
C€02 —_— C€203 + 1/202 (l,l)
Ce0; + H,O —> CeO, + H; (v)

Melting points are of nearly 1700 °C for Ce,Os3 and 1950 °C for CeO,. Abanades and Flamant
(2006) were the firsts authors to suggest the use of Ce,O3 as metal oxide for thermochemical
splitting cycles. They performed the TR of pure Ce,Os in a solar furnace under a continuous flow of
N; at reduced pressure (100-200 mbar), obtaining a nearly complete reduction but with a relevant
sublimation of the sample. Subsequent WD was accomplished in an electrically heated fixed bed
reactor with excellent re-oxidation kinetics. With the aim of reducing the temperature required for
the TR step, the possibility of using mixed cerium oxides was investigated (Abanades et al., 2010).
The addition of many metal oxides (Al, Mn, Fe, Co, Cu, Zn) did not produce improvements and
only the Zr solid solution brought to some advantages in the TR step. However, authors found that
even though the TR step with the Ce-Zr solid solution could be performed at lower temperatures,
the re-oxidation step was strongly penalized, with higher required temperature and slow reaction
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kinetics. The importance of the synthesis route in Zr-doped ceria samples was highlighted too, as it
determines the morphology of the powders and their resistance toward sintering (Le Gal et al.,
2011). A slight improvement in long-term cycling was observed by Call and co-workers (2015)
adding small quantities of Lanthanide oxides to the Zr-doped ceria samples. The CeO,/Ce,O3 metal
oxide system was also studied by Gokon and co-workers (2013), which tested CeO,/Ce,Os5 in the
H,O splitting cycle and compared the performance with the ones of NiFe,O4/m-ZrO, systems. The
authors highlighted a good sintering resistance of the CeO, sample, a fast re-oxidation kinetics and
an excellent stability upon repeated cycles. In terms of H, produced, the amount obtained using
NiFe,04/m-ZrO, was slightly higher but with far slower kinetics. Authors recognized CeO; as a
promising redox material for thermochemical two-step water splitting. Gokon and co-workers
(2015b) also tested several doped cerium oxides (5—-15% mol content) in the water splitting cycle.
They stated that a low content of Fe or Mn dopant (5% mol) can enhance the produced H, quantities
if working at higher re-oxidation temperature and steam partial pressure. On the contrary, larger
dopant quantities always brought to a too slow re-oxidation rate. Cerium oxide was tested for H,O
and CO; splitting by Chueh and co-workers (2010) in a solar reactor subjected to concentrated
radiation under realistic operating conditions relevant to large-scale industrial implementation. The
reactor was a cavity receiver with a windowed aperture through which concentrated solar radiation
could enter (Figure 1.13). A monolithic cylindrical structure of cerium oxide with a porosity of 80%
was synthesized by the authors and positioned inside the reactor. The incident solar radiation was
characterized by a mean flux of 1500 kW m ~ and a total thermal power of 1.9 kW. The temperature
of the ceria cylinder ranged between 1420 °C and 1620 °C during the TR. No carbonaceous species
were deposited during the CO, dissociation, thus a selectivity toward CO production of 100% was
obtained. A faster rate of fuel production with respect to that of O, release was observed and this
was attributed to a limited heating rate. Efficiency factors lower than 1% were estimated by taking
into account the fuel produced, the incident energy and the energy needed to produce the inert gas.
The high cycling material stability was confirmed performing more than 500 cycles in a differential
reactor system. A 3D model to study the reactor performance, together with an analysis targeted at
improving the geometrical design of the reactor, has also been presented (Furler and Steinfeld,
2015).

Concentrated Solar Radiation

Quartz Window

purge Gas

:'f: 1 Q.‘Ammnamsuamn

Porous Ceria
Ml Oxygen Evolution Half-Cycle
Il Fuel Production Half-Cycle

Purge Gas, O, H,, CO

Figure I.13: Scheme of the cavity receiver reactor tested by Chueh and co-workers (2010).
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1.4.5.3 ZnO/Zn

The ZnO/Zn system is another potential candidate for thermochemical splitting cycles and
has been widely studied at the Paul Scherrer Institute (PSI). The two reactions involved, referred to
the HO decomposition, are the following:

Zn0 Zn(g) + X0 ©
Zn + H,0 >7m0 +  H (0)

AG" of thermal decomposition reaction equals zero at about 2200 K and the reaction proceeds at
reasonable rates starting from 2000 K. Numerical analyses in realistic process conditions were
performed to estimate the maximum solar-to-chemical energy conversion efficiencies of this cycle,
and results showed values of 35% for H,O and 39% for CO,; splitting (Loutzenhiser et al., 2010).
As the zinc boiling point is relatively low (~1200 K), Zn is present in the vapour phase after the TR
step. A separation step at high temperature or a quenching of the products is then needed to avoid
the recombination reaction (Miiller and Steinfeld, 2008). Several reactor configuration for the TR
step were experimentally examined, like entrained flows, packed beds, and a rotating cavity
receiver. A vortex-flow solar reactor was designed and built at PSI to decompose ZnO particles into
Zn and O,: ZnO is directly exposed to the high-flux solar irradiation and acts as radiant absorber,
thermal insulator and chemical reactor simultaneously (Steinfeld and Meier, 2004). With respect to
the oxidation step, analysis demonstrates that faster reaction rates and greater conversions are
obtained above the Zn melting point (693 K). Reactions mechanism for both CO, and H,O showed
a fast interface-controlled regime followed by a transition to a slow diffusion-controlled regime,
limited by the Zn ion migration across the ZnO surface layer.

1.4.5.4 Perovskites

Another interesting class of materials which is being intensively studied in the last three/five
years is that of the nonstoichiometric perovskite oxides (ABOj.5). According to the first collected
experimental and modelistic data, this class of non-volatile oxides shows good potentialities
concerning the thermochemical splitting of H,O or CO,. Scheffe and co-workers (2013) investigated
the performance of lanthanum-based perovskites corresponding to the La; SryMnO;;s general
formula. They found that such compounds can be reduced to a greater extent with respect to ceria
oxides under the same reaction conditions. More specifically, at reduction temperatures of 1600 K,
six times larger O, release yields can be obtained, while the increase is reduced down to twice when
temperatures as high as 1800 K are considered. However, the authors also highlighted that the
investigated compounds require quite low temperatures (~400 K) in order to obtain a good
re-oxidation yield, and this is a relevant drawback as the redox cycle would involve two steps
performed at far different temperatures. The authors also noticed that higher re-oxidation yields at
higher temperature could be obtained increasing the steam concentration during the re-oxidation
step, but an important heat recuperation system of the excess heat would then be required.
McDaniel and co-authors (2013) instead studied the performance toward H,O and CO; splitting of
Sr- and Mn- doped LaAlO;s perovskite compounds synthesized through a modified Pechini
method. Performing the redox cycle at a reduction temperature of 1350 °C and at an oxidation
temperature of 1000 °C they measured nine times larger yields for H, splitting (and six times larger
for CO,) with respect to cerium oxides. However they underlined that in their reactor the H,O/H; or
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CO,/CO ratio was always greater than 100 thanks to a constant flow of H,O or CO; that swept away
the product gases, confirming the importance for these compounds of large steam/CO,
concentrations and the consequent essential relevance of heat recovery. An important durability test
was also performed, showing a stable CO production over 80 reaction cycles. The versatility of
perovskite structured materials is by far higher than that of cerium oxides or ferrite based
compounds. A first degree of freedom is given by the choice of the A and B cations which form the
basic structure of the perovskite oxide. Further, dopants can be substituted on both the A and B
cation sites and this opens an extremely wide composition space. Several works can already be
found in the literature with different cations and dopant incorporation (Demont et al., 2014; Jiang et
al., 2014; Demont and Abanades, 2015; Babiniec et al., 2015). The research is highly active for the
synthesis of materials that could lead the solar fuels production toward an economic viable route.

I.5 The Role of Fluidized Bed as Solar Thermal Receiver

A critical point of CSP systems is the development of the receiver, as it owns the crucial
task of collecting and transferring all the received solar energy. A good receiver should ensure the
lowest possible heat losses and minimize the local overheating, so as to avoid the thermal stresses
that could lead to irreversible modifications in the chemical/physical properties of the process
materials. The global efficiency of a CSP plant is highly dependent on the receiver performance, as
it affects all the successive steps of the process. Gas—solid fluidized bed systems have been
proposed as convenient tools for the development of solar receivers thanks to their large heat
transfer coefficients (several hundreds of Wm2K™) and thermal diffusivities (~1072m?*s ™),
associated with convective transfer due to bubble-induced and/or gulfstream motion of fluidized
solids (Borodulya et al., 1982; Bachovchin et al., 1983; Aprea et al., 2013; Solimene et al., 2014).
Moreover, gas—solid fluidized bed can be easily integrated with thermo-chemical processes
(Angrisani et al., 2013). Different configurations can be considered as regards the interaction
between the incident radiative flux and the fluidized bed.

Indirect heating is accomplished by focusing solar radiation onto a cavity or an exposed
surface whence heat is transferred to the fluidized bed. This heating configuration is inherently
simple, but possible uneven irradiation on temperature-sensitive surfaces may lead to exceedingly
large local radiative fluxes, overheating and unacceptable thermo-mechanical stresses acting on the
solar irradiated wall of the reactor. Different concepts of indirectly-heated dense gas—solid fluidized
bed receivers have been recently proposed. Chirone and co-workers (2013) and Salatino and
co-workers (2016) documented the use of unevenly and unsteadily fluidized beds accomplishing
three basic tasks: 1) collection of concentrated solar radiation; 2) thermal energy transfer to end-use;
3) thermal energy storage. This concept led to the successful demonstration of a 150 kW, (peak)
solar receiver. An external-circulating dense dual fluidized bed rated at about 150 kW, maximum
power has instead been developed and demonstrated by Flamant and co-workers (2013) and Benoit
and co-workers (2015). The use of dense particle suspensions as heat transfer fluid was investigated
by Spelling and co-workers (2015) too. Higher performance in term of both thermal efficiency and
energy storage density with respect to conventional molten-salt systems were highlighted by the
authors through a detailed techno-economic analysis performed on a 50 MW, CSP plant.

An alternative option can be represented by direct irradiation of the fluidized bed through
transparent walls or windows (direct heating). Direct absorption of solar energy permits higher
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operating temperatures (Alonso and Romero, 2015), hence availability of high-grade thermal
energy. Directly-irradiated fluidized bed reactors are very promising in the context of solar
chemistry and CSP applications, as they can be operated at process temperatures high enough to
perform thermochemical storage with high energy density and production of solar fuels. The key
drawback of direct heating across transparent media is the need to keep the medium clean and
scratch free, as any deterioration of the medium transmittance drastically reduces the efficiency of
the system and increases the medium temperature (Koenigsdorff and Kienzle, 1991; Sasse and
Ingel, 1993; Werther et al., 1994). Several studies can be found in literature concerning the direct
heating of fluidized beds by high-density radiative flux generated by concentrated solar radiation. In
the past, several authors had already recognized fluidized beds as reactors capable of achieving high
absorption of the solar energy, large heat transfer coefficients, and easy operation in continuous
mode. The performance of packed and fluidized beds as solar receiver were investigated through
both experimental tests and modelling approach (Olalde et al., 1980; Flamant, 1982; Flamant and
Olalde, 1983; Bachovchin et al., 1983). Comparison between the two modes of operation showed
the superior heat distribution of the fluidized bed mode. Through experimental data, the authors
highlighted that in order to heat the fluidizing gas at a temperature of 1000 K the surface
temperatures of the packed bed were extremely higher than those for the fluidized bed, resulting in
four times larger radiation losses. Penetration distances of the solar radiation were experimentally
measured, obtaining values equal to 3—15 times the mean particle diameter (250 um), where the
higher values accounted for the larger inlet gas velocities. Flamant and co-workers (1980) also
studied the radiant heat transfer in solar fluidized bed and tested a small fluidized bed reactor (36
mm internal diameter, 300 mm height) made of transparent silica wall to perform CaCOs;
decarbonization. They highlighted the ability of the fluidizing bed in radially equalizing the
received heat, as small radial temperature differences were found despite a Gaussian distribution of
the impinging flux in the focal zone. Regarding instead the axial distribution, the existence of three
different zones was reported: two at the extremities (i.e., near the distribution grid and near to the
upper surface) characterized by a strong thermal gradient, and a central one accounting for 80% of
the whole bed characterized by constant temperature and absence of thermal gradient. Thermal
efficiencies of 20% were reported for a partial 80% decarbonation of the material, and values of 10—
15% for a complete decarbonation. The research on the use of fluidized bed reactors as both solar
receiver and solar reactor is highly active at the current days and several works can be found in the
international literature (Gokon et al., 2012; Matsubara et al., 2014; Gokon et al., 2015a).

1.6 Current CSP Plants in the World

At the present days, the global capacity of the CSP plant in the world is of approximately
4.4 GW (Figure 1.2). Although parabolic trough plants represent the bulk of existing capacity, 2015
was a notable year in terms of CSP technologies diversification. Capacities of newly deployed
parabolic- trough and tower plants grew closer (46% for the parabolic trough technology and 41%
for the tower technology), while the world’s largest linear Fresnel plant (125 MW, 13% of global
added capacity) was built in India, further diversifying the mix of added technologies.

One of the world’s largest solar power plants (currently the second plant for capacity) is the
354 MW Solar Energy Generating Systems (SEGS) in California. The installation is based on the
parabolic trough technology: the concentrated solar energy heats a central tube filled with synthetic
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oil whose absorbed heat is used to produce steam, which eventually drives a Rankine cycle steam
turbine to generate electricity. The plant is hybridized with natural gas to supply energy if needed
during the night or the absence of sunlight (Figure 1.14).

Figure 1.14: The 354 MW SEGS in California.

Several CSP plants are currently operated in Spain, one of the countries with the highest
installed capacity. The Solnova Solar Power Station, for example, is a large Spain CSP power
station made of 5 separate units of 50 MW (total capacity of 250 MW) and based on the parabolic
trough technology. Spain also owns several CSP plants based on solar tower, such as PS10, PS20
and Gemasolar (also known as Solar Tres). The PS20 plant consists of a solar field of nearly 1250
mirrors of 120 m? each, which reflects the solar radiation on the top of a 165 m high tower. Steam at
high pressure (45 bar) is produced, which is then used to drive a Rankine cycle and produce
electricity. The plant has a saturated water thermal storage system with a thermal capacity of
20 MWh rated for 1 hour operation. The nominal capacity of the plant is 20 MW and the capacity
factor is of nearly 27%. Its annual energy generation is of approximately 50 GWh. The PS10 plant
represents a previous version of PS20, characterized by lower efficiency and thermal storage
capacity (Figure 1.15).

e

Figure I.15: The PS10 (foreground) and the PS20 (background) Solar Power Plant.
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The Gemasolar Thermosolar Plant (Figure 1.16), as PS20, is based on the solar tower
technology. It consists of nearly 2500 mirrors of 120 m”> each and has a nominal capacity of
20 MW. The main difference with PS20 is that the Gemasolar plant uses molten salts as both heat
transfer fluid and energy storage medium. Thanks to this unique features, the plant can produce
electricity for up to 15 h in total absence of light. The capacity factor of the plant, approximately
63%, is considerably higher than the PS20 one. The annual energy generation is of nearly
110 GWh. During summer 2013, the plant was able to operate 24 h per day for 36 consecutive days.

Figure 1.16: The Gemasolar Thermosolar Plant.

The current world’s largest solar power plant is the Ivanpah Solar Power Facility
(California), based on the solar tower technology and in operation since February 2014. It deploys
173500 heliostats, each of them hosting 2x15 m” mirrors. Each mirror focuses the solar energy on
the boilers located on three solar power towers of 130 MW each. The boilers generate high-pressure
steam (160 bar) used to drive steam turbines and produce energy through a Rankine cycle. The solar
towers are 139 m height. The nominal capacity of the plant is 392 MW and its capacity factor in
2014 was 30% (Figure 1.17).

Figure 1.17: The Ivanpah Solar Power Facility.
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The beam down tower technology is still not available at commercial scale, but some
demonstrative plants are currently in operation. One of them is the Masdar’s beam down optical
tower (Figure 1.18), made of 33 heliostats of 8.5 m? each and arranged in three concentric rings. The
ground mirrors reflect the solar radiation onto a central tower 16 m height and with 45 fixed, flat

mirrors which reflect the radiation downwards. The plant has a nominal power of 100 kWy,
(Mokthar et al., 2014).

[ ="

Figure 1.18: The Masdar’s Beam Down Optical Tower.

Another demonstration plant based on the beam down tower technology is the Solar
Thermoelectric Magaldi (STEM) plant, illustrated in Figure 1.19. The system is based on an
indirectly-heated dense gas—solid fluidized bed receiver designed so as to achieve the three basic
tasks of 1) collection of concentrated solar radiation; ii) thermal energy transfer to end-use and iii)
thermal energy storage. Silica sand is used as solid bed material. The plant is rated for 100 kWy, and
has a daily storage capacity of 4—5 h (Chirone et al., 2013).
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1.7  Alternative Strategies for CO, Reduction: the Calcium Looping Cycle

On a parallel line, the global warming due to anthropogenic CO, emissions is stimulating the
development of novel combustion and gasification technologies ready for Carbon Capture and
Sequestration (CCS) (Li and Fan, 2008; Boot-Handford et al., 2014). Although the share of
renewable energy sources is steadily increasing, current outlooks still foresee extensive use of fossil
fuels for many decades. Carbon-free technologies are far from full replacement of fossil fuel
combustion (Hoffert et al., 2002; Muradov and Verizoglu, 2008): in the near-to-medium term,
authoritative outlooks anticipate a transitional era during which renewable energy sources will
co-exist with fossil fuels, and CCS technologies can play an important role in reducing CO,
emissions. Moreover, countries with large coal reserves could still find the wuse of
gasification/combustion plants coupled with CCS technologies as cost-effective (Viebahn et al.,
2007).

One of the most promising CCS technology is the Calcium Looping (Cal) cycle
(Figure 1.20), based on the alternated temperature-swing uptake (in a carbonator) and concentrated
release (in a calciner) of CO, from a calcium-based sorbent, most typically limestone due to its
abundance in nature and low cost. This technology has reached the maturity of the demonstration
stage, and several reviews and studies on this topic can be found in the literature (Blamey et al.,
2010; Dean et al., 2011; Dieter et al., 2014; Lisbona et al., 2013; Stanmore and Gilot, 2005;
Vorrias et al., 2013; Coppola et al., 2014, 2015). In the carbonator, the CO, in the flue gas
generated from a combustion plant is captured by CaO at around 650-700 °C following an
exothermic reaction. Thus, the carbonator emits a CO,-depleted flue gas and a spent sorbent stream
consisting of a mixture of CaCO; and CaO. The spent sorbent is eventually fed to the calciner
where the endothermic regeneration is carried out at around 850-950 °C. This step yields a CO,-
rich flue gas (ready for further processing and final storage) and regenerates the CaO-based sorbent.
The heat required to sustain the endothermicity of the calcination step is usually supplied by
burning auxiliary fuel in the calciner in an oxyfiring mode, so as to avoid dilution of the CO,-rich
stream generated in the calciner itself. This option requires coupling of the CaL plant with an Air
Separation Unit (ASU) to provide oxygen-rich feeding to the calciner. An additional issue arises if a
solid auxiliary fuel such as coal is used, resulting in the need to separate ash residues from the
regenerated sorbent before recycling to the carbonator. CaL is most typically carried out in a Dual
Interconnected Fluidized Bed (DIFB) reactor arrangement, which enables easy solid transfer from
one reactor to the other and a convenient environment for the progress of the heterogeneous gas—
solid reactions.
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Figure 1.20: The calcium looping process.
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In the CaL process, the sorbent CO, uptake rate and capacity are progressively decreased by
deactivation phenomena occurring over iterated looping. Sintering phenomena due to severe
thermal history (4lonso et al., 2010) and reaction of the sorbent with SO, (which could come from a
non-desulphurized flue gas and/or from the auxiliary fuel used in the calciner, see Coppola et al.,
2012) both concur to deactivate the sorbent. Moreover, during FB processing, sorbents undergo
attrition and fragmentation phenomena that result in the change of the particle size distribution of
the sorbent in the reactor, and eventually in a net calcium loss from the circulating loop as elutriable
fines (Charitos et al., 2010; Chen et al., 2013; Coppola et al., 2012, 2013; Valverde and
Quintanilla, 2013). Optimal management of the Cal cycle implies continuous make-up of fresh
limestone to compensate for material deactivation and loss by attrition.

Integration of solar energy supply systems in a CaL cycle, with specific reference to the heat
required by the calciner, would offer different technical, economical and environmental advantages
with respect to a classical CalL cycle. Oxyfiring of supplementary fuel, and the associated
complexity and cost of an ASU, are avoided, and so is the generation of solid (ash) and gaseous
pollutants from the calciner. No excess oxygen is present in the CO,-rich stream issuing from the
calciner. Issues related to sorting out fuel ash from the sorbent material are absent. Finally, the
possible detrimental interference between CO, and SO, capture (Coppola et al., 2012) is completely
ruled out. The use of solar energy to sustain limestone calcination has been studied in the past
(Badie, 1980; Flamant et al., 1980; Imhof, 1991, 1997, 2000), and it has been proven that solar
energy can be conveniently used to calcine limestone in a FB reactor. A lab-scale FB reactor,
equipped with a high-pressure Ar arc to simulate the source of solar energy system, has been used
to uptake CO, from ambient air with Ca-based sorbents (Nikulshina and Steinfeld, 2009; Nikulshina
et al., 2009). Matthews and Lipinski (2012) made instead thermodynamic analysis of an ideal solar
driven CaL cycle, estimating the solar energy requirements as a function of the CO, molar fraction
in the input gas, of the gas and solid phase heat recovery and of the carbonation and of the
calcination operative temperatures. On the other hand, Zhang and Liu (2014) proposed an hybrid
calcination-carbonation process in which the concentrated solar energy is used to supply only part
of the energy required for the calcination reaction, so as to reduce the fossil fuel consumption in the
calciner. These authors made a sensitivity analysis on the process performance to obtain the effect
of the key parameters such as the heat recovery efficiency and the capacity of the CSP. On the same
topic but with a different aim, Edwards and Materi¢ (2012) suggested using CaL cycles coupled
with CSP for thermal energy storage and transportation. These authors proposed the CaO/CaCOs3
cycle as a mean to accomplish thermochemical energy storage with high energy density and high
temperature, which can be conveniently combined with power generation in a Brayton cycle. A
general review of the research on CaO-based CO, capture, with a particular focus on the use of
solar energy to accomplish the calcination reaction can be found in the literature (Reich et al.,
2014).
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1.8 Aim of the PhD Thesis

The analysis of the literature has highlighted the importance of solar energy as a renewable energy
source and the basic features of the Concentrating Solar Power technology. The role of Thermal
Energy Storage systems has been widely discussed. Finally, the potentialities of fluidized bed
reactors have been briefly described, highlighting how the high thermal conductivity and diffusivity
in such reactors can help in absorbing the concentrated solar energy and in equalizing the heat
received, avoiding thermo-mechanical stresses to both reactor walls and reactive material.

The aim of this PhD Thesis will be the investigation of gas—solid fluidized beds as solar
receiver/reactor in Concentrating Solar Power systems. The coupling of Thermal Energy Storage
systems together with solar receivers appear to be of fundamental importance to overcome the key
drawbacks arising from the intrinsic intermittent nature of the solar energy; in particular, the
thermochemical energy storage strategy seems to be a turning point to the deployment of CSP
plants. Bearing this in mind, the study of directly irradiated fluidized bed systems will be performed
in this PhD Thesis, as this configuration permits to obtain the high operating temperatures required
to perform high grade thermochemical processes.

Having recognized the importance that Carbon Capture and Sequestration technologies will
have in the near-to-medium term, a model activity will be realized to address the potential
advantages arising from the coupling of a CaL process for CO, capture from combustion flue gases
with a CSP system, with the aim of supplying all the thermal energy required by the calciner
through a renewable source. The influence of the main operating parameters on the carbonation
efficiency, the loss of elutriated sorbent and the thermal power will be investigated by means of
model computations, together with an estimate of the heliostat field that would be required for such
a system.

With the aim of eventually studying the performance of Ca-based sorbent for CO, capture in
solar reactors, and by further considering that the direct heating configuration deals with high
density solar radiations, a deep characterization of the direct interaction between a concentrated
simulated solar radiation and the surface of a fluidized bed will be performed. Both experimental
and model approaches will be employed to investigate the main heat transfer phenomena involved
in a directly irradiated gas—solid dense fluidized bed. Possible improvements of the interaction
between radiative flux and fluidized particles induced by tailoring the hydrodynamics of the bed
will be assessed as well.

The knowledge acquired on the interaction between a concentrated solar radiation and a
fluidized bed will then be employed for the design of a directly irradiated solar fluidized bed reactor
suitable for the study of thermochemical processes, with special reference to the calcination and
carbonation reactions. A commercial limestone will be selected and its performances in term of CO,
capture capacity and cycling stability when subjected to high intensity solar radiation will be
studied.
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II.1 Introduction

In the present Chapter, an integrated scheme of continuous CaL sustained by CSP for CO,
capture from combustion flue gases issued by a power plant is described. Integration of a steady
CaL cycle with CSP system must take into account the inherent unsteadiness and cyclic character of
solar irradiation. Here, a simple scheme of integrated CaL-CSP process is suggested based on the
storage of the excess incident solar power during the daytime as calcined sorbent, which is
eventually utilized in the CaL loop during the nighttime. The potential of this scheme is assessed by
means of model computations. The model is based on a population balance on sorbent particles in the
DIFB reactor with storage over the daily cycle. The influence of the main operating parameters on
carbonation efficiency, loss of elutriated sorbent and thermal power is determined. A quantitative
assessment of the coupling between the CaL cycle and the CSP system is given for a reference base
case.

II.2 The Model

11.2.1 Outline of the Cal -CSP Integrated Scheme and Main Assumptions

Figures II.1-a and II.1-b show the conceptual scheme of the integrated CaL-CSP system.
The two figures correspond to daytime and nighttime operational schemes, respectively.
Figure II.1-c outlines the DIFB system, equipped with additional storage vessels for the calcined
and carbonated sorbent. Key model variables are reported in Figure II.1, as well. In Figure II.1-a
(day operation), the carbonator (termed “CARB”) is fed with the CO,-containing gaseous stream
and with the CaO stream coming from the calciner (termed “CALC”). A COj-lean flue gas
(together with the elutriated fines) leaves the carbonator at the exhaust, and the carbonated sorbent
(CaCOs5/Ca0 mixture) is drained from the bed and fed to the calciner. During the daytime, the
calciner is sustained by the solar source. It is fed by partial recycle of the exhaust gas. Three solid
streams are fed to the calciner: the carbonated sorbent from the carbonator, the make-up fresh
limestone and a carbonated stream coming from a reservoir (termed “R1”’). The regenerated sorbent
(CaO) leaving the calciner is splitted into three streams: the lime re-circulated to the carbonator, the
excess lime stored in the vessel “R2” and the purge. Figure II.1-b reports the operational scheme
during the nighttime. The carbonator is still in operation, as in the daytime operation. The
carbonated sorbent leaving the carbonator is stored in the reservoir “R1”, whence it will be fed
again to the calciner during the subsequent daytime operation. During the nighttime, the CaO
needed for carbonation is provided by the vessel “R2”. The main assumptions of the model are:

1) Operation.
1. Operation is steady during either daytime or nighttime. The variability of incident
solar power during daytime is neglected. The cyclic nature of incident solar power is
considered by simply switching between daytime and nighttime operational modes.
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i1) Hydrodynamics.

1. The carbonator and calciner are circulating fluidized beds with bottom dense bed, as
depicted in Figure II.1-c.

2. The solid flux in the riser is calculated by means of the modified Wirth (see
Montagnaro et al., 2011) correlation.

3. The detailed modeling of the devices’ hydrodynamics of the proposed DIFB system
is not considered. The hydrodynamics of the various devices (e.g., loop seals) does
not affect process operation under the investigated conditions.

1) Reactors and vessels.
1. The reactors are considered isothermal, while the vessels adiabatic.
2. The bottom beds are modeled as ideal mixed flow reactors.
3. The reactors have the same cross section.

v) Kinetics and operating conditions.
1. Flue gas treated in the carbonator bears no acidic gases but CO,.
2. The reactivity of lime toward CO, is independent from particle size.
3. The carbonation degree in the elutriated material is irrelevant to the CO, overall
mass balance.
4. The gaseous atmosphere in the calciner is pure CO,.
5. Calcination reaction is fast and complete.

11.2.2 Model Equations

The main equations of the model are population and thermal balance equations, developed
in terms of mass or energy fluxes (mass or energy flow rate per reactor cross section). Mass of solid
material was expressed in Ca molar basis. Details on the employed nomenclature are also given in
§ 11.5.

Equation (II.1-day) is the population balance equation referred to the sorbent particles (in
the size bin i) in the carbonator during daytime operation:

CALC 4 CARB p CARB _ , CARB CARB CARB CARB .
(1 - fp)b ; 1+1[ QjcL (d )Ad] +sific = aicr +tSicr tegcr +bicr Vi

a CL
(I.1-day)

At the Left-Hand Side (LHS), the three terms account for, respectively:
1) the stream coming from the calciner (i-th size bin);
2) the coarser material already present in the carbonator that, due to attrition, falls into the i-
th size bin;
3) the migration of particles, due to the continuous particles shrinkage by attrition, from the
(i+1)-th to the i-th size bin.
The four terms at the Right-Hand Side (RHS) account for, respectively:
1-2) the material leaving the i-th size bin to generate finer particles due to attrition and
shrinkage;
3) the particles belonging to the i-th size family leaving the carbonator as elutriated fines;
4) the bed drain (i-th size bin).
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Figure I1.1: Conceptual reactor scheme during the day (a, up) and the night (b, middle) operation, and
schematic (¢, down) of the proposed dual interconnected fluidized bed system with the main variables of the
model.
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Equation (I.2-day) is the population balance equation referred to the sorbent particles (in
the i-th size bin) in the calciner during the day operation:

bEERE + bfE, + FEatCPy(d)Ad + Xiyq [ aitt“P, (d )Ad] + S = af e 4 FALC 4 efPLC 4
+bEALC 4+ pEALC i (IL.2-day)

At the LHS, besides terms having similar meaning to those in Eq. (Il.1-day), the first three
contributions are related to the three solid streams entering the system (cf. § 11.2.1). RHS of
Eq. II.2-day reports terms related to sorbent leaving the calciner or leaving the i-th size bin toward
other size bins.

Equation (II.3-day) is the CO, mass balance on the carbonator:

CARB - CARB CARB(CARB  — 3. [ pCARB Y CARB (I1.3-day)

Uin C0,,IN — Uout Lco,0ur = icL Xca

Similar equations are written, during the nighttime operation, with reference to the
carbonator and to the CO, mass balance. In particular, Eq. (II.1-night) refers to the carbonator
population balance:

F2 4+ 50 [afhRBRLL (d)Ad| + SEATE, = affF® + sCARE + eCARP + BEARE wi (IL1-night)

Equation (II.1-thermal) is the energy balance on the calciner. It is used to express the power
demand of the calciner during the day:

qtn =
=X {sz'cqu ,Cacogw +(1- W)Cp,cw]} (TCALC — TCARB) 4
+Z [blcéfB CARB] AH(TCALC) +
+ 2 b [Cocaco, XEARE + (1 = XEARE)Cp cap)} (TEALE — TRY) +
+ Xi[ e XEARE ) | AH(TC4EC) +
+ESALCT, caco, (TCALE — Ty, ) + ESALCAH (T CALC) (I1.1-thermal)

The six terms at the RHS account for contributions due to heating-up and calcination of the three
solid streams entering the calciner.

Finally, the energy balance on the carbonator during both day and night operations is expressed
by Eq. (IL.2-thermal). This equation is used to express the thermal flux produced by the carbonator:

Qth,carb =

CARB (~CARB
( (uff CéorinCpco, + UL

CARB CCARB Cp Nz)(TGAS AN TCARB) + 2 [(1 fp)bCALC Cp,CaO] (TCALC +

—TC4RB) + 3, [blcéfw g;;‘RB] [—AH(T¢4RB)] day operation
| (uGRBCEARE T oo + UGHRB CEARBT, ) (TGASIN — TCARB) 1 S [pREC o] (TR2_TCARB) 4
\ + X[ bEAREX CARB| [~ AH (T ©ARB)] night operation

(I1.2-thermal)
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The three terms at the RHS express contributions related to heating-up of the gaseous stream,

cooling-down of the solid stream entering the carbonator and enthalpy of the carbonation reaction.
Additional model equations are reported in Table II.1. In particular, Egs. (T1-T15) represent

the principal ones. In Eq. (IL.1-day), f, is the fractional mass of sorbent purged from the calciner.

The complement (1 - fp) is distributed between two streams, one recirculated to the carbonator

and the other stored in the vessel “R2”. In particular, bS4LC identifies the flux of lime (L) particles
leaving the calciner toward the carbonator as recycled material, plus its related purge fraction.
Equation (T1) balances the carbonator inlet and outlet solid fluxes, where “CL” stands for the

partially carbonated lime (CaCOs+Ca0), b&fRB is the related flux leaving the carbonator (Eq. (T2),

where WSRE is the solid inventory in the carbonator) and e&fRB is the flux of sorbent leaving the

carbonator as elutriated material. A parallel experimental campaign (Coppola et al., 2012, 2013)

suggested that the attrition rate is practically unaffected by the Ca conversion degree, age of the

particles and CO, concentration. Accordingly, aéfRB  the attrited flux of sorbent particles in the

carbonator, is expressed in Eq. (T3), where k, ¢, is a non-dimensional attrition constant, d; is the

article diameter, u%4%® is the minimum fluidization velocity in the carbonator and u$4%F is the gas
> U f OUT

superficial velocity in the carbonator. The latter is expressed by Eq. (T4), where yco, is the gas

volume variation factor associated with the course of carbonation, X¢o, is the CO, capture

CARB

efficiency and upy ™ is the gas superficial velocity at the carbonator inlet. X¢o, is further detailed

by Eq. (T5), where ng‘RFN is the inlet CO, concentration to the carbonator (in the following, the

corresponding outlet value is referred to as ng;‘ ‘5ur» equal to the value establishing in the bottom

bed, according to the mixed flow assumption) and X& CARB is the mean Ca conversion degree, as
g p g

detailed after. P, éL (d;) is the distribution function of the carbonated sorbent fragments having size

d;, generated by attrition from mother particles with a coarser size d;. It is calculated from Eq. (T6),
where d is the mean diameter of the attrited fragments. Finally, s&ARE is the flux of shrinking
particles in the carbonator, according to Eq. (T7).

Similar terms are present in Eq. (I1.2-day). The term bE! relates to the carbonated sorbent
flux from the reservoir “R1” to the calciner, expressed in Eq. (T8), where the ratio under brackets
FgaLc

refers to nighttime operation. is the make-up flux of raw limestone which, according to

Eq. (T9), must balance the loss of material by purge and elutriation. P, expresses the particle size

distribution of the raw sorbent, embodying the effect of primary fragmentation following sorbent

bEALC s the lime flux leaving the calciner toward the reservoir “R2”, including its purge

CALC CALC

feeding.

fraction. Terms aj and sy are expressed similarly to Eqgs. (T3) and (T7), respectively,

considering the gas superficial velocity u$45¢ in the calciner. This velocity is computed by
Eq. (T10), where R$4LC is the gas recycle ratio to the calciner inlet. P, R and T are the total
pressure, the ideal gas constant and the operating temperature, respectively.

In Eq. (IL1-night), bf? is the flux of lime leaving the reservoir “R2” to be fed to the
carbonator during nighttime operation (Eq. (T11)).

In Eq. (I.1-thermal), q;, is the thermal flux required by the daytime operation of the
calciner; C_p is the mean thermal capacity; T, is the temperature of the make-up stream; AH is the
enthalpy of the calcination reaction. In Eq. (II.2-thermal), q;p cqrp 1s the thermal flux generated

during the daytime and the nighttime operation of the carbonator.
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Further constraints are given by mass balances Eqs. (T12-T15), where tgq, and ty;gn, are
the daytime and nighttime durations, respectively.

Equations needed for the computation of XS2%E are also reported in Table 111 (Egs. (T16—
T20)). Equation (T16) is the expression of the reaction rate (an adapted form of the well established

grain model which meets the condition that the rate be zero when the actual carbonation degree

approaches its maximum value), where k.4, is the kinetic constant, XS4RB is the istantaneous

calcium conversion degree, ngRB'MAX its maximum (asymptotic) value and CCC(‘,“ZI?EQ is the
equilibrium value for the CO, concentration, computed according to Eq. (T17). Equation (T16)

gives the XE4RB(t) profile used in Eq. (T18), where E(t) expresses the residence time distribution

*,CARB ;

of the sorbent particles in the reactor according to a well mixed flow pattern. In Eq. (T18), t 1s

CARB ig the mean

the time needed for particle complete conversion, computed by Eq. (T19), while
solid residence time in the carbonator, calculated according to Eq. (T20).
In Table II.1, Egs. (T21-T25) are those needed for the evaluation of the elutriation rates.

Equation (T21) relates to the computation of the flux of elutriated material. This is related to the

cyclone collection efficiency, w&4RB, and to the mass flux of recirculating material in the riser,
gSARB  The cyclone efficiency is expressed according to Eq. (T22), where d.y; is the cut-off

diameter and n, an appropriate exponent. gSARE is calculated according to Montagnaro et al.

(2011). In Eq. (T23), pmor 1s the molar density, e,%‘cRB is the bed voidage at minimum fluidization,

while the non-dimensional parameter S 7B is expressed as in Eq. (T24) (Montagnaro et al., 2011),

where uS/ 8P is the particle terminal velocity, and the Froude number is detailed in Eq. (T25). In this
last equation, the solid densities p;, and p¢;, and the gas density p, are expressed as mass per

volume, while g, is the gravity constant. Similar expressions hold for the equations referred to the

calciner.
Principal equations:
CALC _ CARB CARB
(1 - fp) Xibii" =Xibicr +Xieicr (T1)
carB _ ZibILE®  caRB
— l l'
i,CL — Y, WCARB l/Vi,CL (T2)
LYiCL
CARB CARB CARB
CARB _ KacL(ouT” —Umr IWicL ()
icL = 7
L
CARB _ CARB
usohE = (1+ XCOZXCOZ)uIN (T4)
CARB ,CARB
Y. = Zi[bi,CL XCa Ts
CO, — " ,CARB-CARB (T5)
N CCoyIN
1 di
b g Bl
] — d d . .
Pa,CL(di) = < d]_) Vi<j (T6)
1—exp -
CARB _, CARB CARB
CARB _ kavCL(“OUT Umf )Wi,CL (T7)
SicL =
3 Ad
R1 R (WL
— "‘
bicL = Zibict <Z,W_CARB) (T8)
LLCL night
" tni
CALC _ CALC CALC CARB CALC CARB night
Frp“ = fpXibit™" + foXibii = +Xieicr tXieir ~ + Xi€itLnight taay (T9)
CALC 3 _CARB CARB
UCALC — (RCALC 4 1) Fmp +Zl[bl.CL Xca (T10)
our — R PCALC/(RTCALC)
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VI/lCALC
lL =2 b ( WCALC) (T11)
iL day
CALC" CALC tnight
(1= £,) Zibift e = (1 - f,) X bff . (T12)
(1- fp) ¥ bEALC = ¥, bR2 (T13)
BB = 5 bEARE, o+ i eCARE e (T14)
tda
Zi bfé‘fﬁlgm Yibfe —— (T15)
Kinetic equations:

ax&gr? XE4R® CARB (CCARB (T16)

dat kearp (1 CARB MAX) (CCO2 ouT — COZ,EQ

_ 1.462-101 19130 T17
CEATE, = M e (— 222) ()
+CARB .
XCARB fot XEARB(D)E(H)dt + ft-:CARB Xg;lRB,MAX E(t)dt = (T18)
CARB,MAX 1 TCARB TCARB 2 TCARB 3 t*,CARB
= 6X¢q {E (t* CARB) - (t*,CARB) + (t*,CARB) [1 — exp (_ 7CARB )]
£#,CARB _ 3Xcq o MAX (T19)
kcarb(ccoz out CccngQ)
LcarB _ _ TiWia" (T20)
T - fp)zleALC
Equations for the evaluation of the elutriated streams:

ectr” = gicr 1 — wgtRB(d))] (T21)

CARB — 1
wc P (dy) = PTG (T22)

1+<—52i )

gici” = (T23)
= BEARB (g, )[ (1 X ARB) XC RB] (1 CARB) cARE _WilL"

= BicL Pmol,cao ¢ + Pmot,cacosAca UGUT § 1y, CARE

5&453 _ (T24)

CARB d 2 CARB
(1 - 240 0 00533 pewe for uSHEp < ugfh®
uourt mf

0 forugify = ugyf®

Fr(di)CARB — ughi” (T25)
[pL(1-XE4RE ) +p oL XEARE]-pg
g digc

Table II.1: Additional model equations.

11.2.3 Evaluation of Parameters

Table I1.2 lists the values of the main parameters used in the model, chosen as close as
possible to realistic conditions (Charitos et al., 2011; Dieter et al., 2014; Martinez et al., 2013;
Romano, 2012; Stréhle et al., 2014). The carbonator is operated at 923 K (the model parameters of
the carbonator have the same values during the day and the night operation), as well as the reservoir
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“R1”. The calciner temperature is 1213 K. The whole system is at atmospheric pressure. Assuming
a flue gas to be treated in the carbonator having a 15%, CO, fraction, its inlet CO, concentration
turns out to be 2.0 mol m .

Parameter Units Value
TCARB — TR1 [K] 923
T CALC K] 1213
P [Pa] 1.01x10°
C 5542’?,3,\, [mol m> ] 2
uGiRE = u§he [ms'] 1,2,3

(1= fo) Zibif*e

[molc, m > sfl]

4-16, 8-32, 1248

Y WEERE = WAt [molc, m 2] 2000, 4000, 6000
7CARB [s] 500-125
fo [-] 0.05
Tmp,in [K] 298
Kecarp [m® mol™ s7'] 0.02
XC(:‘:;lRB,MAX [-] 0.35
KacL [-] 3x107
K [-] 5%107
d [m] 35x107°
dSARE [m] 10x10°°
ne [-] 4
taay = tnignt [h] 12
Xco, (-] —0.15
Emf s [-] 0.42

Table I1.2: Main input parameters of the model.

Three different cases have been studied, according to three different values for the inlet gas
velocity in the carbonator: 1, 2, 3 m s . This was done since some variability of this important inlet
parameter is reported in the literature (Rodriguez et al., 2011a, 2011b). With the aim of working at
carbonator inlet Ca/C molar ratios:

ca _ (1-fp) Tib{fe

C — CARB_CARB (11.4)
¢ uiy Ccoyin

in the 2-8 range (Shimizu et al., 1999) in any of the three cases, the flux of sorbent exiting the
calciner and fed to the carbonator is varied in the range 4-16, 8-32 and 12-48 mol m s when the
inlet gas velocity is 1, 2 and 3 m s, respectively. Values of the mean residence time of the solid in
the carbonator ranged from 125 to 500 s (Rodriguez et al., 2011b). For any given inlet gas velocity
and sorbent inventory, the only parameter affecting the mean solid residence time in the carbonator
is the sorbent feeding rate to the carbonator. For example, in the case of an inlet gas velocity of 1 m
s, and keeping the inventory fixed at 2000 molc, m %, when the sorbent flux ranges from 4 to 16
mol m ™~ s the solid residence time correspondingly ranges from 500 to 125 s, and the carbonator
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inlet Ca/C molar ratio from 2 to 8. The purge stream from the calciner is fixed at 5% of the outlet
streams to the “R2” vessel and to the carbonator (f,,=0.05) (Romeo et al., 2008, 2009). In the kinetic
Eq. (T16), the reaction constant is equal to 0.02 m> mol™' s™' (Charitos et al., 2011; Montagnaro et
al., 2011; Scala et al., 1997) and the maximum value for the calcium conversion degree is 35%, as
inferred from the literature (4banades, 2002) taking as the maximum conversion degree an average
between that of a fresh sorbent and that of a sorbent subjected to multiple calcination-carbonation
cycles. The attrition constants are 3x10™° and 5x10™ for the carbonated and calcined limestone,
respectively, taking into account that the CaCOs-rich shell makes the partly carbonated material
more resistant to surface wear. The particle size distribution (Py(d;)) of the inlet fresh sorbent is
expressed as a log—normal function extending over the 0—1000 um particle size range, with a mean
Sauter diameter of 105 um, a distribution peak equal to 65 um and a median value of 170 um. As
far as the distribution function of the attrited fragments is concerned (Eq. (T6)), a mean diameter of
35 um is assumed in the computations. Attrition of particles finer than 50 um is neglected. The
cyclone cut diameter is 10 um. Computations have been referred to 12 h daytime/12 h nighttime
daily cycles.

11.2.4 Model Implementation

Model equations consist of a system of nonlinear equations (200 equispaced size bins are
considered in the 0—1000 um range) implemented and solved in the MATLAB environment using
the fsolve function which embodies the Levenberg—Marquardt algorithm. The method guarantees
the convergence of the solution with a tolerance and precision of 10°°.

II.3 Results and Discussion

11.3.1 Results of Base Case Model Computations

Model results have been first obtained for a reference base case. To this end, a combustion
plant of 100 MWy, thermal power has been considered, fuelled with a bituminous coal with the
following typical main properties and composition (Solimene et al., 2012): ultimate analysis, dry
basis — 66.5% C, 4.4% H, 1.2% N, 0.6% S, 13.3% O —; proximate analysis — 7.4% moisture, 21.8%
volatiles, 57.9% fixed carbon, 12.9% ash —; lower heating value of 25.76 MJ kg '. The CO, stream
generated from the combustor (to be concentrated in the CaL cycle) amounts to 0.20 kmol s'. The
inlet temperature for the combustion flue gases to be treated in the carbonator was taken equal to
the carbonator temperature, namely T A4SV = TCARB—g5() °C,

The following base case operating parameters of the CaL system were selected: 7=250 s (for
both the reactors), u5Ff=2 ms ', ¥; Wi,CCAiRB =Y WLCLALC=4OOO mol m 2 This choice resulted into
a value of the cross-sectional area of both the calciner and the carbonator equal to A=50.3 m®. The
main results of this base case model computation are summarized in Table II.3 and depicted in
Figure I1.2. The mean carbonation degree was 0.22, while the CO, capture efficiency approached a
fairly high value of 89%. The sorbent elutriation rate from the carbonator was 5.72 molc, s .
According to Eq. (T9) (therefore, considering the elutriation from both reactors and the fixed
sorbent purge rate), the sorbent make-up flow rate to the calciner was 108.5 molc, s . A key aspect
of the design regards the integration between the daytime and nighttime operation of the plant
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(Figure II.1). The storage of excess lime produced during daytime operation, and of carbonated lime
during nighttime operation, requires two storage vessels (“R1” and “R2”) of nearly 2200 m’ volume
each. The thermal power that must be supplied to the calciner during the daytime cycle is 135 MW.
Using a reference value of the direct normal irradiance (DNI) of 850 W m™ and an overall
efficiency factor of 0.6 (including reflection and re-emission from the receiver), the thermal input to
the calciner would be supplied by a heliostats field of surface $=0.26 sqgkm. The thermal power
available at the carbonator is 50 MW throughout daytime and nighttime cycles. It is worth
underlying that the combined power at the combustion plant and at the CaL-CSP combined process

makes the overall thermal throughput of the integrated system equal to 150 MWy,

Parameter Physical meaning Units Value
XCARB mean Ca carbonation degree -] 0.22
Xco, CO; capture efficiency -] 0.89
AY; 356453 elutriation flow rate from the carbonator ~ [molc, s '] 5.72
F,%LCA make-up flow rate to the calciner [molcy s'] 108.5
volume of vessels “R1” and “R2” [m3 ] ~2200
dund thermal power 'required' by the calciner (MW] 135
(during daytime)

thermal power produced by the carbonator
(during both daytime and nighttime)
S surface of the heliostats field [sqgkm] 0.26

dth,carpA [MW] 50

Table IL.3: Results of model computations for the base case.
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Figure I1.2: Scheme of the solar CaL with the main results of the base-case.

11.3.2 Effect of the Operating Parameters

Key operational parameters of the system are represented by the mean solid residence time

7C¢4RB in the carbonator, which dictates the solids recirculation rate between the calciner and the
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carbonator, and the gas superficial velocity u&®8 in the carbonator. The influence of these

variables on the performance of the integrated CaL-CSP scheme will be investigated hereinafter.

Figure I1.3 reports the mean calcium conversion degree in the stream leaving the carbonator

as a function of T¢4R8 taking u$RE as a parameter. No effect in the change of the inlet gas velocity

CARB CARB

is observed as, according to the model hypotheses, X7 "” is a function of T only. The analysis

of the plot indicates that longer solid residence times (i.e., smaller sorbent recirculating fluxes)

result into larger mean carbonation degrees, rising from 12% when T¢4RB=125 s (Ca/C=8) to 33%

when t¢4RB=500 s (Ca/C=2). The mean carbonation degree at T¢4RE=500 s approaches its

theoretical maximum (35%). Moreover, Figure II.3 reports the CO, capture efficiency as a function

of T¢4RB Again, the influence of u{R? is negligible. The capture efficiency decreases from 90.6%

to 66.5% as T¢A4RB increases. This effect is related to the combined influence of the increased Ca

CARB

conversion and the reduced recirculation rate of the sorbent as T increases. The trend observed

in Figure I1.3 reflects, as expected, the increased “productivity” (i.e., the CO, capture efficiency
Xco,) of the carbonator as it is operated toward differential conditions with respect to the

recirculated sorbent. From a practical standpoint, however, it is observed that X;,,~90% when

CARB

T ~200 s, indicating that the incremental benefit of operating at even shorter solid residence

times, i.e. larger recirculation rates, is very limited.
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Figure I1.3: Mean calcium carbonation degree (Eq. (T18)) and CO, capture efficiency (Eq. (T5)) as a
function of the sorbent mean residence time (Eq. (T20)) and of the inlet CaO-to-CO, molar ratio (Eq. (I1.4)).
The plot is the same for all the three inlet gas velocities (u5GR8=1,2,3 ms™").

The elutriation rate of calcium has been expressed as E*, defined as the moles of Ca
elutriated from the carbonator per mole of CO, fed to the system:

Z'BCARB
l

_ L,CL
= J.CARB-CARB (IL5)
IV CCogIN

E*

This specific elutriation rate has been evaluated as a function of T¢4RE for the three cases
investigated. Model results show that the effect of the solid residence time is very limited. On the
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other hand, a moderate increase of E* is observed when the inlet CO, flux is increased. E* resulted
0.014, 0.029 and 0.046 molc, molcoy ' when uGHRE was 1, 2 and 3 m s, respectively. This finding
can be related to the effect that operating at increasing gas superficial velocities exerts on solids
attrition and fines carryover, and that larger velocities are bound to larger sorbent inventories, as
pointed out in §I1.2.3, which imply larger generation of attrition fines (see Eq. (T3)). Model
computations enable the assessment of the make-up of fresh sorbent needed to compensate for the
purge and elutriated streams. The make-up depends on both the solid residence time and gas
velocities. The specific make-up, expressed as mole of fresh Ca per mole of CO, fed to the system,

ranges between 0.90 and 0.26, molc, molco, ' when T¢4RB ranges between 125 and 500 s and
uGRB=1 m s'. The specific make-up is comprised between 0.97 and 0.32, 1.05 and 0.39 molc,

1 . _1 . . .
molcoz - when uldRE is set at 2 and 3 m s, respectively, in the same range of T¢4RE_ The specific

make-up decreases along with the mean solid residence time, due to the smaller recirculating
sorbent fluxes. The moderate increase observed when the inlet CO, flux increases is related to the
effect of larger elutriation rates, as discussed above. Analyzing data over the whole system
(carbonator and calciner) and daily cycle (daytime and nighttime) suggests that make-up is largely
(87-67%) due to replacement of purge spent/sintered material, while a smaller (13-33%), though
not negligible contribution, is related to sorbent loss by elutriation. Table I1.4 lists the values of the
mean Sauter diameter of the sorbent inventory in the carbonator and of the elutriated material. It is
recalled here that the Sauter diameter for the raw limestone was set at 105 um. The Sauter mean
diameter of the inventory material is always larger than the value of the parent make-up. In fact,
attrition generates finer sorbent particles (dggyrer=13—16 um) mostly lost by elutriation, leaving
behind a sorbent in the bottom bed with a particle size distribution shifted toward coarser sizes. The
increase in the mean diameter of the bed solids is emphasized as the gas superficial velocity is
increased, which enhances attrition and fines entrainment.

Operation of the carbonator during the night can be analysed much like the daytime cycle.
Energy integration over the whole daily — daytime+nighttime — cycle requires two reservoirs (“R1”
and “R2”) to host an inventory of 173—-691 kmolc, m> (u,C,éRBZI m sﬁl), 346-1380 kmolc, m >
uSRE=2 m s™') and 518-2074 kmolc, m > (u5 =3 m s™') when 7¢4RB ranges between 125 and
500 s.

d(Sauter) [pm]

ufRE [ms™) Inventory Elutriated
1 113-116 13-14
2 122-123 15
3 128-132 16

Table I1.4: Mean Sauter diameter for the carbonator inventory material and elutriated flux, as a function of
the inlet gas velocity.

Figure 11.4 addresses the calciner thermal duty and reports the specific thermal requirement
per mole of CO, fed to the system. The plot suggests that the specific energy needed per unit CO; in
the feeding decreases as one considers longer sorbent mean residence times. At fixed inventory (and
uf#RB), at least three different effects concur in the energy requirement. By increasing T¢4RE the
mean carbonation degree of the recirculating stream is larger, and the specific energy needed for the
calcination process increases correspondingly. At the same time, longer T¢4RE also means smaller

recirculating and make-up fluxes, and this moderates the specific energy requirement. Since the
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§I.3 Results and Discussion

CARB

profile of the calciner specific thermal requirement vs. T is strictly decreasing, these last effects

are predominant. On the other hand, an increase in uf <2 results in slightly larger specific energy

requirements. In this case, the increase of both the recirculating and the sorbent make-up enhances
the specific thermal power requirement of the calciner. The energy duty of the calciner ranges

between 926-427 kJ molcoy | (uGRE=1 m s '), 945-442 kJ molcoy ' (uSRE=2 m s ') and 965-458

kJ molcoy ' (uGRB=3 m s™') when t¢4RB increases from 125 to 500 s.
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Figure I1.4: Specific calciner thermal requirement (see Eq. (II.1-thermal)), per mole of CO, fed to the
system, as a function of the sorbent mean residence time (Eq. (T20)) and of the inlet CaO-to-CO, molar ratio
(Eq. (4)). The curves are parametric with respect to the carbonator inlet gas velocity.

Figure I1.5 refers to the thermal duty of the carbonator. Equation (II.2-thermal) was solved
taking two alternative values of the carbonator inlet flue gas temperature, namely 350 °C and
650 °C. An inlet temperature of 350 °C may be realistic when CaL is applied to an existing thermal
plant. In this case it is likely that flue gases fed to the carbonator derive from a gas clean-up system.
The inlet temperature of 650 °C can be representative of a CaL process integrated in a new
combustion plant where thermal power at the carbonator can be integrated within the
thermodynamic cycle of the power plant. In both cases, the solution of Eq. (II.2-thermal) yields a
positive value of q¢p cqrp, indicating that it is always necessary to extract heat from the carbonator
to keep its temperature at the pre-set value (T ¢4RB). Bearing this in mind, Figure IL.5 reports 7.,
the ratio between the energy which can be recovered over the 24 h-cycle, and the calciner thermal
requirement. 71,.., expressed according to Eq. (I1.6):

dth,carb |daytday+ch,carb |nighttnight

(IL6)

Nrec =
qtnlday

is plotted in Figure IL5 as a function of T¢4RE for either inlet flue gas temperature and varying the

fluidization velocity. The effect of T¢4RE on 7., is non-trivial. Increasing T¢4RB results into larger

carbonation degrees, hence increases the specific thermal flux required by the calciner. Moreover, it
reduces the recirculation solid flux, and the associated net enthalpy flux from the carbonator to the

CARB ;

calciner. The overall dependency of 1., vs. T is fairly moderate. The effect of increasing the
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carbonator inlet flue gas temperature on the increase of 7,.. 1s, as expected, fairly strong.

Furthermore, larger inlet gas velocities yield smaller values of 1, (see, in particular, Figure 11.4
where the undesired effect of uf{!R® on the specific thermal flux required by the calciner is
clarified). Altogether it can be stated that, according to model computations, nearly 50-55% of the
power required by the calciner can be recovered when the inlet flue gas temperature is 350 °C, and

70—-80% when the inlet flue gas temperature is 650 °C.
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Figure IL5: Ratio between the energy produced in the carbonator and the calciner thermal requirement
(Eq. (6)) as a function of the sorbent mean residence time (Eq. (T20)) and of the inlet CaO-to-CO, molar
ratio (Eq. (4)). The curves are parametric with respect to the carbonator inlet gas velocity and temperature.

II.4 Final Remarks

Integration of a calcium looping process for CO, capture from a combustion plant with
concentrated solar power for supplementing the thermal power required for sorbent calcination has
been investigated in the present Chapter. A reference case of a 100 MWy combustion plant
generating 0.20 kmol s ' of CO, has been considered. Integration of the thermal power generated
from the concentrated solar power system during the daytime into a 24 h-cycle steadily operated Ca
looping process is accomplished by storing excess calcined sorbent produced during the daytime so
that it can be eventually utilized in the calcium looping system during the nighttime. This implies
the use of two storage vessels of nearly 2000 m’.

Computations indicate that capture efficiency of carbon dioxide approaches 90% when the
residence time of the recirculated sorbent is set at nearly 200 s. Sorbent elutriation, emphasized by
attrition, accounts for a non-negligible fraction (up to about 30%) of the sorbent make-up. Attrition
also emphasizes the difference between the mean diameter of the bed material and that of the parent
limestone.

Depending on the temperature of the flue gas fed to the carbonator, as much as 80% of the
thermal input from the concentrated solar power system to the calciner can be recovered as valuable
thermal power at the carbonator. This rises the overall thermal throughput that can be exploited by
the combustion plant equipped with an integrated calcium looping-concentrated solar power system
from 100 MWy, to nearly 150 MWy, in the selected reference case.
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§II.5 Model Nomenclature

II.S Model Nomenclature

A [m?]

a [molcam s ']
b [molc, m > s ']
C [mol m™]
Ca/C [-]

c, [Jmol ' K]

d [m]

d [m]

deut [m]

DNI [Im?s']

E [s]

E* [molc, molcoy ']
e [molcam > s ']
Fnp [molca m? sfl]
fo (-]

Fr [-]

g [molca m” sfl]
ge  [ms”]

kq (-]

kegrp [m’ mol's™]
ne [_]

P [Pa]

Py [m™]

P [m']

G [Im’s]
Qencarp J m” S_l]

R [J mol ' K']
Ry (-]

S [m’]

s [molcam s ']
T [K]

t [s]

t* [s]

tday [S]

tnight [S]

u [ms']

Ums [ms 1]

Ueo [ms]

w [molc, m 7]
Xea [

XCa [_]

Xeo, [

Greek symbols.

B (-]

AH  [Jmol™]

gmf [_]

reactors cross-sectional area

attrited flux

bed drain flux

concentration

carbonator inlet Ca (as sorbent)/C (as CO,) molar ratio
mean thermal capacity

particle diameter

mean diameter of attrited fragments
cyclone cut diameter

direct normal irradiance

residence time distribution function

specific elutriation in the carbonator
elutriated flux

make-up flux

fraction of material purged from the calciner
Froude number

internal flux of recirculating material
gravity constant

attrition constant

kinetic constant for the carbonation reaction
cyclone collection efficiency exponent
pressure

size distribution function for the raw sorbent after primary fragmentation
size distribution function for sorbent fragments upon attrition
thermal flux required by the calciner
thermal flux produced by the carbonator
ideal gas constant

gas recycle ratio

surface of the heliostats field

flux of shrinking particles

temperature

time

time for particle complete carbonation
daylight duration

nighttime duration

gas velocity

minimum fluidization velocity

particle terminal velocity

bed inventory

instantaneous Ca carbonation degree

mean Ca carbonation degree

CO; capture efficiency

carryover parameter
enthalpy change of the calcination reaction
bed voidage at minimum fluidization
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Nrec [-] ratio between the energy produced in the carbonator and the calciner
thermal requirement

p [kgm™] solid density

Py kg m"] gas density

Pmol [mol m73] molar density

T [s] mean solid residence time

Xco, [-] gas volume variation factor

W, -] cyclone collection efficiency

Superscripts and subscripts.

CALC relative to the calciner (see Figure I1.1)

CALC" relative to the fluxes from the calciner to the reservoir “R2” (see
Figure IL.1)

CARB relative to the carbonator (see Figure 11.1)

CL carbonated lime (CaCO3/CaO mixture)

EQ equilibrium

GAS relative to the gaseous species

i granulometric class

IN inlet

L lime (CaO)

MAX maximum value

mp make-up

n coarsest granulometric class

ouT outlet

R1 relative to the reservoir “R1” (see Figure II.1)

R2 relative to the reservoir “R2” (see Figure II.1)
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Chapter III. Heat Transfer in Directly Irradiated Fluidized Beds

III.1 Introduction

In the present Chapter, a deeper characterization of the direct interaction between a
concentrated simulated solar radiation and a fluidized bed is performed. Radiative heat transfer and
lateral dispersion of the incoming radiative flux are here characterized by time-resolved infrared
mapping of the surface of a directly-irradiated gas—solid dense fluidized bed. Possible
improvements of the interaction between radiative flux and fluidized particles induced by tailoring
the bed hydrodynamics is assessed. To this end, the effect of localized injection of chains of bubbles
from a nozzle located in the proximity of the radiation focal point is investigated. The experimental
facility is intentionally designed to have a cross-sectional area much larger than the spot irradiated
by the solar simulator. This design choice allows the assessment of the interaction between the
irradiated core and the surrounding bulk of the bed with minimal wall effects.

II1.2 Experimental Apparatus, Diagnostics and Materials

The experimental apparatus is represented in Figure III.1. Its main components are:

1) A fluidized bed reactor with a gas preheater and a mass flow control system;

i1) A temperature and pressure measurement system of the bottom bed;

111) A simulated solar radiation source, consisting of a short-arc Xe-lamp and of an
elliptical reflector;

iv) An infrared camera to map the bed surface temperature;

V) A Bubble Generation System (BGS) connected to a submerged nozzle located along
the central axis of the fluidized bed.

APH = Air Pre-Heater

BGS = Bubble Generation System
ER = Elliptical Reflector

FB = Fluidized Bed

FG = Fluidizing Gas

IRC = Infrared Camera

MFC = Mass Flow Controller

PT = Pressure Transducer
TC = Thermocouple

WB = Windbox

Xe = Short-arc Xe-lamp

Figure II1.1: Outline of the experimental apparatus.
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Chapter I[II Heat Transfer in Directly Irradiated Fluidized Beds

II1.2.1 Fluidized Bed Reactor

The fluidized bed column is made of stainless steel (AISI 304) and has an internal square
cross section of 0.78 mx0.78 m, 0.6 m tall. The gas distribution plate consists of a set of stainless
steel wire mesh supported by a metallic grid. The windbox, 0.2 m tall, is compartmented in three
sections independently fed by three mass flow meters (Mass Stream D-6380), each of 200 Nm® h™'
maximum rate. The gaseous stream fed to the central section of the windbox can be preheated
through a 5 kW electric preheater. Three temperature and pressure taps are located at the bottom of
the fluidized bed close to the distributor. Calibrated J-type thermocouples and piezoresistive
pressure transducers (Keller PR-33X; full scale: 0.1 bar; accuracy: 0.15%FS) were used to monitor
the bed temperature and the fluidization conditions, respectively. A PC coupled with an A/D
converter (NI-9213 and NI-9201 analogue input modules plugged into a NI-9174 Compact DAQ
4-Slot USB Chassis) was used to log pressure and temperature signals. Temperatures at the bottom
of the bed, mass flow rates and pressures were continuously sampled at 1 Hz and post-processed
with a procedure developed in LabVIEW environment.

II1.2.2 Solar Simulator: Short-Arc Xenon Lamp and Optical Reflectors

A short-arc Xe lamp was chosen as source of solar simulated radiation due to the similarity
of its emission spectrum to that referred to terrestrial sunlight (Figure III.2). Short-arc Xe-lamps
feature two electrodes made of doped tungsten and enclosed in a quartz bulb glass filled with pure
Xe at a pressure of 8—10 bar. The quartz material is required to withstand the high temperature and
pressure achieved during the exercise of the lamp. High purity or doped quartz are used as bulb
envelope: the former is used when UV radiations are needed, while the latter when UV radiations
need to be shielded. When doped quartz is used, the spectral emission of the lamp starts from about
240 nm, and lamps are commonly refereed as Ozone Free (OFR). The cathode of a Xe-lamp is
relatively small and with a sharp tip to enhance the electrons emission. On the contrary, the anode is
considerably bigger as it has to dissipate a huge quantity of heat: the high speed electrons emitted
by the cathode continuously penetrate the anode and a large amount of energy is converted into
heat. A picture of a short-arc Xe-lamp is shown in Figure I11.3.
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Figure I11.2: Spectral distribution of radiant intensity of a typical short arc Xe-lamp and that of
the sun (represented as a 6200 K black body radiator).
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§III.2 Experimental Apparatus, Diagnostics and Materials

Figure I11.3: Picture of a short-arc Xe-lamp. Left-electrode, cathode; right-electrode, anode.

When a high potential difference is applied between the electrodes, the xenon gas is ionized

and an electric arc is formed. As the distance between the two electrodes is not high, the arc region
is very small and for many applications these lamps come very close to the ideal of a point source:
this is a key feature as it enables the accurate location of the lamp in the focal point of an optical
reflector. The lamp used for the experiments is an OFR model with a power of 4 kW,,.
To address the light produced by the Xe-lamp towards a proper direction, an optical reflector must
be used. The geometry of the reflector is crucial, as it determines the main features of the produced
beam. Two reflectors were tested: a parabolic shaped one, which was supplied by the manufacturer
together with the Xe-lamp, and an elliptical reflector specifically chosen to achieve a high
concentration ratio of the luminous radiation. A parabolic reflector collects the radiations from a
source located at its focal point and reflect them as a collimated beam, parallel to the axis of the
parabola, and with a dimension of the same order of magnitude of the parabolic reflector aperture.
The produced beam is then focused at infinite. Differently, an elliptical reflector collects the
radiations from a source located at its focal point and redirect them into a second fixed focal point:
single ray-light arising from the first focal point passes through the second focal point after a single
reflection. The produced beam is then focused into the second focal point of the reflector. As every
real light source has some finite extent, points of the source that are not exactly at the focus of the
reflector will be magnified and defocused at the image. Figure I11.4 reports a sketch of the two
reflectors. The elliptical reflector used for the experimental test is made by Optiforms and it is
characterized by a distance between the two conjugated foci of 1.585 m. The optical coating is
made of aluminium overcoated with silicon dioxide (generally known as protected aluminium). It
exhibits over 90% reflectance across the visible spectrum and has better handling characteristics
with respect to pure aluminium.
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Figure I11.4: Sketch of a parabolic shaped reflector (left) and of an elliptical reflector (right).
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Chapter I[II Heat Transfer in Directly Irradiated Fluidized Beds

111.2.3 Bubble Generation System

The discrete BGS is composed of a cylinder hosting a movable piston connected to a
submerged nozzle (8 mm ID), through which single bubbles are injected into the bed. A fine
metallic net (finer than 50 um) is located at the nozzle tip to prevent backflow of bed solids. The
piston stroke and the pressure of the gas contained in the piston chamber can be adjusted in order to
set the volume of gas released after a single piston movement. The actuation of the system is
realized by alternating the opening and closing of a 12 V electrical circuit driven by a relay
controlled by a NI-9263 analogue output module. A LabVIEW script is used to set the circuit
opening/closing time, so to produce a chain of bubbles at the desired frequency in the 0—1 Hz range.
Higher frequencies could not be used as they would not guarantee complete filling of the piston
chamber.

111.2.4 Thermal Infrared Camera

The thermal infrared camera used for the measurement of the bed surface temperature is an
Optris PI-400. It is schematically shown in Figure II1.5. It features a 25 umx25 um detector and has
a digital resolution of 382x288 pixels, with a maximum acquisition frame rate of 80 Hz. The
temperature is calculated by the camera on the basis of the emitted infrared radiation in the 7.5—
13 um spectral range. It is important to underline that the spectral range detected by the infrared
camera does not overlap with the emission spectrum of the short-arc Xe-lamp (0.2-2 pum), so the
error related to the part of the incident radiation which is reflected by the fluidized particles can be
considered negligible. The camera is coupled with a tele-lens to measure the temperature in an
observation window of 0.35 mx0.26 m, at a distance of 1.5 m and with a pixel resolution of
0.9 mm, just at the centre of the fluidized bed surface. The camera tilting angle with respect to the
reactor vertical axis is small (~15°), thus the image distortion is barely detectable. Four calibration
ranges can be used during the image acquisition: —20-100, 0-250, 150-900 and 200-1500 °C, once
a proper value of the emissivity is set for the investigated material. The choice of the range is of
primary importance, as no changes can be done after the images have been acquired: any
information that falls out of the chosen range is lost and only the minimum/maximum value of the
calibration range will be displayed in this case.
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Figure IIL5: Sketch of the thermal infrared camera. Dimensions are expressed in mm.

1I1.2.5 Capacitance Probes

Capacitance probes measure the change in the capacitance of a condenser and were used to
characterize the features of the bubbles generated by the BGS. The probes used (custom-made
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ASP-2-ILA/SP needle capacitance probe coupled with an MTI Instruments AccuMeasure 9000
amplifier) are characterized by a needle shape so as to disturb the fluidization behaviour as little as
possible (Figure I11.6). When a capacitance probe is immersed into a fixed bed, a stable d.c. voltage
signal, proportional to the bed material permittivity, is generated. When the bed becomes fluidized,
the temporal variation of the porosity near the control volume of the probe causes a continuous
change in the capacitance, which in turn results into a proportional variation of the d.c. voltage
signal. The passage of a bubble through the control volume of a probe is easily recognized due to
the generation of a Gaussian-like peak into the time-voltage space. By the analysis of the probe
signal, it is possible to obtain several information, like the mean pierced length of a bubble and its
mean rise velocity.

Figure 111.6: Picture of a capacitance probe. The poles are the protruding needle and the enclosing metal tube.

111.2.6 Gas Meter

The gas meter (Figure I11.7) was used to measure the air flow produced by the discrete BGS.
When a continuous gas stream is sent through the gas meter for a fixed time, the front needles
indicate the total volume of gas that has passed through the instrument. If the flow rate of a
continuous stream needs to be determined, the acquisition is performed for a fixed time and then the
total volume is divided by the elapsed time. In order to estimate the features of the discrete BGS,
the acquisition was performed for a total number of about 100 bubbles.

Figure I11.7: Picture of the gas meter.

111.2.7 Radiative Heat Flux Sensor

The radiative heat flux sensor (Figure II1.8) was used for the characterization of the solar
simulator. This instrument measures the radiative heat flux impinging on its surface. The transducer
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is a differential thermocouple that measures the temperature difference between the centre and the
circumference of a thin circular foil disk, which is bonded to a circular opening in a cylindrical heat
sink. The foil and body are made of complementary thermocouple alloys and produce an output
voltage which is directly proportional to the impinging heat flux. The proportionality constant is
given by the manufacturer, which provides a certificate of calibration. The sensor is also
water-cooled: a continuous water flow is indeed used to protect the sensor against over-heating and
to provide a good heat sink (required to achieve an accurate measurement). A sapphire window
(spectral range 0.3—5 um) is located in front of the sensing element to screen out the convective
heat flux, so that only the radiative flux is measured. The window is placed directly on the
water-cooled copper surface to minimize its heating, but is not in contact with the sensing element
itself. The calibration constant of the heat flux is equal to 8.751 W cm > mV . The output from the
sensor is linear and the calibration is valid up to 15 mV. Between 15 and 20 mV the output is no
more linear, while output values over 20 mV can permanently damage the sensor.
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Figure I11.8: Sketch of the radiative heat flux sensor. Dimensions are in inches.

1I11.2.8 Materials

The fluidizing gas was technical air. The bed material consisted of SiC, a potential good
absorber of the radiation due to its large emissivity and dark colour. The properties of the SiC
powder are reported in Table III.1. The minimum fluidization velocity of this material displays
limited change with temperature. The bed height under fixed bed conditions was set equal to 0.2 m.

Density  Size range  Size standard Sauter mean Geldart Uy [m s
[kg m™] [wm] deviation [um] diameter [um] classification group

0.018 (@ 20 °C)

3210 50-350 55 127 B 0.016 (@ 600 °C)

Table I11.1: Physical properties and fluidization features of the SiC powder.

II1.3 Characterization

111.3.1 SiC Emissivity

SiC effective emissivity was determined by measuring its temperature with both the thermal
infrared camera and a K-type thermocouple at different bed temperatures under bubbling fluidized
bed conditions. The estimated value, nearly 0.9, is consistent with values reported in the literature
(Chen, 2003; Green and Perry, 2008).
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111.3.2 Xe-Lamp Thermal Power

111.3.2.1 Parabolic Reflector

In order to characterize the heat flux distribution of the 4 kW, Xe-lamp coupled with the
parabolic reflector, the lamp was focused on a target board whose surface temperature distribution
was measured by the thermal infrared camera: the measured temperatures were then related to the
impinging flux through an energy balance. The lamp and the board were arranged so that the
luminous beam were orthogonal to the board. An insulating board was used as target material so
that the lamp draws an imprint on the surface. Only a mean flux could be estimated due to the
homogenization of the surface temperatures. The target board was also coated with a
high-temperature-resistant matt black paint to increment its spectral absorbance. The radiometric
images acquired by the thermal camera consists in false colour images which can be exported as
382x288 matrixes of temperature values. The space distance between two adjacent temperature
values was estimated through the use of a target grid positioned on the insulating board. Images of
the board surface were taken once a steady state was reached. More in detail, images in both the 0—
250 °C and 150-900 °C ranges were acquired and merged through an “if” function to obtain a
single image covering the full 0—900 °C range. Moreover, the temperature of the opposite face of
the insulating board was measured in three different points with the use of a K-type thermocouple.
The energy balance equation written on the insulating board includes radiative, conductive and
convective contributes. The equation reads:

Oa = eoTg + L0 4 (T - T,,) (IIL1)

where:

@ is the impinging radiative flux;

a and ¢ are the absorption and emission coefficient of the board, respectively;

o is the Stefan—Boltzmann constant;

Ts and T are the temperature of the surface and of the opposite face of the board, respectively;
K7 is the mean thermal conductivity of the board between T and Tj;

s is the thickness of the board;

h¢V is the convective heat transfer coefficient;

T,ir 1s the temperature of the air and of the surrounding ambient.

The equation was solved for each of the interested cells of the 382x288 matrix in order to obtain the
spatial flux distribution. & and & were both set equal to 0.9 (grey-body behaviour assumption).
Concerning the conductive term, an approximation was made as the temperature of the opposite
board face was measured only at three different coordinates. More in detail, the ratio between the
conductive and the radiative contribute was estimated for the three available data: as this ratio
resulted to be almost constant, the conductive contribute was taken into account by adding to each
matrix cell a fixed percentage of the radiative flux. The conductive contribute resulted to account
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for a mean value of 4.6% of the radiative contribute. Concerning the convective contribute, Ty;, was
set equal to 25 °C, while the heat transfer coefficient was estimated using Eq. (IIL.2)*:

1/4
Nu =0.68+—2"8 . Ra<10° (I1.2)

(227"

The Rayleigh number for an inclined plate is defined by replacing, in the classic equation, the
gravitational acceleration with only its component along the direction parallel to the inclined plate.
Considering a mean temperature for the insulating board of 200 °C, and the side of the board
(50 cm) as characteristic length, the convective heat transfer coefficient results to be equal to
heN=58 W m ™ K ' (Pr=0.7; Ra=8-10%; Nu=87).

Results of the energy balance are depicted in a 3D surface plot (Figure I11.9) and a contour
chart (Figure II1.10). The heat flux of the Xe-lamp coupled with the parabolic reflector is quite
diluted, with a peak value of only 50 kW m > The imprint leaved on the board is relatively wide,
and it can be approximated by a circumference of 30 cm diameter. Even considering a more
restricted area with a diameter of 5 cm (Figure II1.10), a mean flux of only 28 kW m ~ is obtained,
with a total power of 55 W. The mean heat flux and the total power are both too low, thus it is
concluded that the supplied parabolic reflector is not suitable to design a simulator of a solar
concentrated radiation.

Flux (kW m™)

Figure I11.9: Surface plot of the spatial distribution of radiative heat flux obtained through the parabolic
reflector.

* www.thermalfluidscentral.org/encyclopedia/index.php
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Figure I11.10: Contour chart of the spatial distribution of radiative heat flux obtained through the parabolic
reflector. Left: overall imprint; right: zoom of a limited section of 5 cm diameter.

111.3.2.2 Elliptical Reflector

The characterization of the heat flux distribution of the Xe-lamp coupled with the elliptical
reflector was performed using the radiative heat flux sensor and the thermal infrared camera. More
specifically, the heat flux sensor was used to measure the concentrated radiative flux while the
infrared camera was used to record the spatial distribution of the incident radiative flux. To this end,
the simulated solar beam was focused onto the bed surface of SiC particles under no-flow
conditions and thermal maps of the bed surface were acquired under steady state conditions
assuming emissivity equal to 1. At the same time and under the same operating conditions, the
radiative flux was measured by the heat flux sensor at different locations at the bed surface. Infrared
maps and data from the heat flux sensor were used to correlate the surface bed temperature and the
radiative incident flux. The flux measured by the radiative sensor linearly correlated with the fourth
power of the absolute surface bed temperature (which is proportional to the incident flux according
to Stefan—Boltzmann equation), as it is possible to observe in Figure I11.11.

1200
m  Experimental Data
Best Fit Line
1000 -
800 +
=
= 600
=
§ Equation y=a+b*
L 400 Adj. R-Square 0.99911
Value Standard Err
or
200 - Intercept 0 -
Slope 1.35576E-10 1.80493E-12
0 T T T T T T T T
0 2E12 4E12 6E12 8E12
T K

Figure I11.11: Experimental correlation between the absolute surface bed temperature obtained assuming an
emissivity value of 1 and the heat flux value measured by the sensor.
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The correlation factor was used to convert the temperature map into a map of the heat flux
spatial distribution (Figures II1.12—13). A peak flux of 1100 kW m * was obtained in the focal point.
The total power irradiated to the bed surface was 1270 W, estimated by integrating the radiative
flux over the whole bed area. The total power decreased to 1000 W and 700 W when square areas
centred on the focal point of lateral size 0.10 m and 0.05 m were considered, respectively. Both the
heat flux values and the total power are considerably larger than the ones achieved with the
parabolic reflector. The 4 kW short-arc Xe-lamp coupled with the elliptical reflector can then be
successfully used to simulate a solar concentrated radiation.

360
480
600
720
840
960
1080

[N

(=2}
=)
3

=
=
[=]

™
(=1
=]

1200

an

Figure I11.12: Surface plot of the spatial distribution of radiative heat flux incident on the bed surface
obtained through the elliptical reflector.
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Figure I11.13: Contour chart of the spatial distribution of radiative heat flux incident on the bed surface
obtained through the elliptical reflector.
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111.3.3 Bubble Generation System Features

The BGS was optimized to generate bubbles with a diameter (D) of 0.065 m. Its characterization in
terms of diameter and rise velocity of the generated bubbles was performed using both the
capacitance probes and the gas meter. The analysis with the capacitance probes was carried out
following the experimental procedure proposed by Werther and Molerus (1973). A system of two
aligned probes, with a fixed distance between them, was immersed in the fluidized bed with the tip
of the probes centred above the nozzle. The probes were positioned far above the nozzle so to make
the bubbles completely grow before the measure take place. Data acquired during a 60 s test
performed with a bubble generation frequency of 0.2 Hz and a data acquisition frequency of
1000 Hz are reported in Figure III.14: each peak corresponds to the passage of a single bubble.
Analysing the zoomed part of the chart in Figure III.14 it is possible to observe the existence of a
time delay between the two signals: this delay is a direct information of the time that a bubble
requires to travel for a distance equal to the space between the needles of the two probes. The
velocity of the rising bubbles can then be evaluated by computing the time delay between the two
signals and by considering the probes distance. In order to evaluate a mean time delay, averaged on
the signal duration, it is first necessary to clean the data by removing the part of the signal generated
by the variations of porosity of the dense phase. The discrimination between the dense phase signal
and the bubble signal was performed by choosing a reference voltage (V) that can discern the
nature of the signal. To establish the reference value, an amplitude distribution curve was generated
from the experimental data and Vi was set in the region in which the curve is nearly constant at
relatively low voltage values. The distribution curve is plotted in Figure III.15: from its analysis, a
reference voltage of 3.5 V was set. Figure II1.16 reports a smaller section of the voltage-time plot
before and after the cleaning data operation. Once the data have been filtered, a MATLAB script
which makes use of the “finddelay” function was used to estimate the temporal delay between the
two probes signal. The distance between the two probes was measured with the use of a Vernier
calliper. A temporal delay of 19.7 ms was obtained; considering the measured probes distance of
11.2 mm, it resulted into a bubble rising velocity of 0.57 ms . Finally, the bubble mean diameter
(Dpupbie) Was evaluated according to Eq. I11.3 (Kunii and Levenspiel, 1991):

(ububble)z

Dpubbie = % (IIL.3)

where Uy, pp1e 1 the bubble mean rising velocity and g is the gravitational constant. Solution of
Eq. (IIL.3) returns a bubble diameter of nearly 6.5 cm. The bubble mean diameter was further
evaluated through the gas meter. The flow of 100 bubbles resulted into a measured volume of
13.7 dm3, from which a bubble spherical diameter of 6.4 cm is obtained, to confirm the above
estimation. Considering a bubble release frequency of 1 Hz, the increase of fluidization velocity due
to bubble injection is negligible if the total cross section of the fluidized bed is taken into account
(2.2-104 m s '), whereas it amounts to 0.034 m s if the gas superficial velocity is referred to a
cross sectional area equal to Dy, xDy,.

56



Chapter I[II Heat Transfer in Directly Irradiated Fluidized Beds

. Lower Probe
84 | —— Upper Probe

8
6
4
) 2
7 -
] 0
22.00 22.25 22.50
64

Voltage [V]

TJL | m by

0 T T T T T 1
0 10 20 30 40 50 60

Time [s]

Figure 111.14: Voltage-time plot of the two capacitive probes.
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Figure I11.15: Amplitude distribution curve of the probes signal.
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Figure I11.16: Voltage-time plot before and after the noise reduction operation.

57



§II1.4 Experimental Procedure and Operating Conditions

II1.4 Experimental Procedure and Operating Conditions

At the beginning of the test the lamp beam was carefully focused at the centre of the
fluidized bed surface. Eventually, the Xe lamp was powered off, the bed was fluidized shortly at a
fluidizing gas velocity (U) of about 0.07 m s~ and heated up to a temperature of 25-30 °C using the
air preheater, in order to reach an almost constant base-line for each experiment. Once the pre-set
temperature was established, iterated acquisition of time-resolved thermal maps of the bed surface
was started at a sampling frequency of 27 Hz, then the Xe lamp was turned on. Each test lasted
about 15 minutes. Experiments were carried out at different gas superficial velocities (0 to
0.1 m s™) ranging from fixed bed to freely bubbling fluidized bed conditions.

In most experiments the temperature of the bed surface exhibited wide time- and space-
fluctuations, which could not be captured with a single calibration range of the infrared camera.
Hence, experiments at given fluidization and irradiation conditions were iterated with different
calibration ranges of the infrared camera, and multiple acquisitions of the bed surface temperature
were performed. Of course, the time-series corresponding to experiments with different calibration
ranges were not synchronized to each other, but could be cumulatively analysed on a time-averaged
basis.

Some experiments were performed with injection of additional bubbles in the close
proximity of the radiation focal point, using the previously described BGS. The submerged nozzle
was located inside the fluidized bed and aligned with the focal point of the simulated solar beam.
The influence of the spatial gap between the nozzle and the bed surface —values of 0.09 m and
0.03 m were considered— was investigated at different gas superficial velocities, while keeping the
bubble generation frequency at 1 Hz. The 0.09 m gap was large enough to give the bubbles space to
completely grow before bursting. The 0.03 m gap gave rise to a different hydrodynamical pattern,
with bubbles formation and eruption taking place at the same time. Table III.2 summarizes the
experimental conditions tested. When the BGS was used, U ranged from 0.004 m s™' to 0.063 m s .

The thermal maps obtained with the infrared camera were post-processed to get the time-
resolved temperature profiles at selected measurement points. In particular, the attention was
focused on the focal point of the beam, where a maximum radiative flux of 1100 kW m™ is
achieved. Time-series of temperature recorded at this point were worked out to obtain temperature
probability density functions (P(T)), time-averaged temperature and temperature standard
deviation. For the experimental tests in which more than one calibration range was used, data sets
corresponding to different calibration ranges were merged and jointly analysed after optimal
selection of the temperature cut-off of each set. Time-averaged temperatures (Ty,eqn) and standard
deviations (o) were then estimated according to Eqgs. (I111.4)—(11L.5):

Trmean = [ ¥ T - P(T)dT (I11.4)

or = J Jo "X (T = Tnean)? - P(T)AT (IILS)

The statistics was always referred to time-series obtained when a steady state (on a time-averaged
basis) was established (less than 5% change of time-averaged properties).
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Without BGS With BGS
nozzle—surface gap: 0.09 m nozzle—surface gap: 0.03 m

U U U
[ms™] [ms™] [ms]

0 0.004 0.008
0.013 0.015 0.015
0.019 0.022 0.022
0.031 - -
0.037 0.044 0.043
0.050 - -
0.062 0.063 0.063
0.073 — -
0.087 - —
0.099 — —

Table I11.2: Operating conditions of the tests. The gas superficial velocity (U) reported in the Table refers to
air feeding to the windbox. Additional air fed to the nozzle, when present, represents a negligible fraction of
the overall gas flow rate.

III.5 Results and Discussion

II1.5.1 Analysis of Thermal Maps of the Bed Surface Upon Irradiation

Figures I11.17-21 report selected sequences of thermal maps of the bed surface captured by
the infrared camera at a sampling rate of 27 Hz during experiments carried out at different
fluidizing gas velocities without injection of additional bubbles. The frames at 0 s in Figures II11.17
and III.18 correspond to the time just before the lamp was turned on. Figure III.17 refers to fixed
bed conditions, as no fluidizing gas was fed to the bed. Data in Figures III.17-18 were acquired
within the 200-1500 °C calibration range. Accordingly, the dark blue colour corresponds to
temperatures of 200 °C and less, whereas the white colour corresponds to temperatures of 1500 °C
and higher. Figure II1.17 reports the dynamic establishment of the fingerprint of the simulated solar
radiation on the bed surface. 20 s after lamp ignition, temperatures exceeding 1500 °C were
recorded in the focal zone. After about 160 s, surface temperature was steady in the focal zone,
while increasingly extended areas of the bed turned hotter away from the focal point, under the
combined effect of transient heat transfer in the bulk of the bed and energy re-irradiation from the
surface of the bed to the environment. Figure II1.18 reports thermal maps obtained when the bed
was kept at incipient fluidization (U=0.018 m s, see Table II1.2). As for fixed bed conditions, it is
possible to observe the formation of a central hot zone whose temperature increases along with
time. Remarkably, several micro-bubbles (1-5 mm diameter) became apparent in this case within
the imprint of the lamp, that were not observed when the radiative source was turned off. This
phenomenon is explained by considering the excess gas superficial velocity that establishes in the
hot focal zone and flows as small bubbles when the bed, hence the fluidizing gas, is heated up.

Figures I11.19-20 report two sequences of thermal maps of the upper surface of the fluidized
bed acquired with calibration range 0-250 °C under moderate freely bubbling conditions
(U=0.073 m s ). The sequences refer to a time-window shorter than those previously reported, to
better follow the detailed dynamics of the bed associated with individual bubble eruptions. The
analysis of the sequences demonstrates that bubble bursting reduces local overheating of the bed
surface at the focal point along two different mechanisms: 1) bubbles promote coverage of the hot
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central region by “avalanching” of colder particles located away from the focal point
(Figure II1.19); 2) bubble bursting promotes ejection and displacement of hot particles from the
focal point toward neighbouring regions of the bed (Figure I11.20). Altogether, bubble eruption
provides intermittent renewal of the fluidized bed surface at the focal point. Rapid heating up of the
bed material is observed at the focal point between successive bubble eruptions, whose extent
depends on the time elapsed between consecutive bubble eruptions in the proximity of the focal
point.

Figure 111.21 demonstrates the effect of localized bubble formation at the focal point due to
supplemental gas fed via the BGS. The figure reports sequences of thermal maps of the bed surface
recorded in tests carried out with bubble injection, for two values of the nozzle—surface gap: 0.03 m
and 0.09 m. The gas superficial velocity was 0.013 m's ' and the bubble release frequency was set
at 0.2 Hz, conditions that made it possible to follow the phenomenology associated with the
eruption of a single bubble. The frame at 0 ms corresponds to the time just before the establishment
of the “dome”, that is when the nose of the bubble starts to emerge from the bed surface. In Figure
III.21-up, corresponding to a nozzle—surface gap of 0.09 m, the first snapshot (0 ms) shows a
warmer annular region around the focal point remaining after the previous eruption. Eventually, the
displacement of the hot fluidized particles from the nose of the erupting bubbles toward an annular
region whose mean diameter is about (.12 m, roughly twice the bubble diameter, was observed. The
sequence clearly demonstrates that localized bubble eruption at or close to the focal point
effectively promotes lateral dispersion of incident power by solids convection. Applying the
Einstein’s equation (Einstein, 1956; Liu and Chen, 2010; Farzaneh et al., 2013):

__ (ax)?
T 2At

(111.6)

and estimating the displacement (Ax) and the time duration of displacement (At) of the hot particles
during the eruption of 0.065 m diameter single bubbles, observed from infrared time-resolved maps,
a coefficient of lateral dispersion was calculated in the order of D=3-4x10" m”s'. When the gap
between the nozzle tip and the bed surface is reduced to 0.03 m, the phenomenology somewhat
changes (Figure III.21-down). Ejection of particles due to bubble bursting takes place as an
intermittent spout. Some of the hot particles located at the focal point are ejected away, but most of
them are submerged by the colder particles avalanching from the region surrounding the spout or
coming from the underneath bulk of the fluidized bed. Consequently, the distribution of warmer
particles across the surface is more irregular when compared with results obtained with the larger
gap. It is likely that this hydrodynamical pattern could be more favourable to axial dispersion of the
incident radiative power.
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Figure I11.17: Sequence of thermal maps of the bed surface under fixed bed conditions (no inlet gas).
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s
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Figure I11.18: Sequence of thermal maps of the bed surface under incipient fluidization conditions
(U=0.018 ms™).
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Figure II1.19: Sequence of thermal maps of the bed surface under freely bubbling conditions
(U=0.073 m s™"). Numbers 1, 2 and 3 mark the location where bubble bursting causes extensive particles
displacement by “avalanching”.
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Figure I11.20: Sequence of thermal maps of the bed surface under freely bubbling conditions
(U=0.073 m s ). Numbers 1, 2 and 3 mark the location where bubble bursting causes extensive particles
displacement by ejection and fall-out of particles.
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Figure II1.21: Sequence of thermal maps of the bed surface in a test with injection of bubbles through the
BGS nozzle (U=0.013 m s ™). Nozzle—surface gap: 0.09 m (up); 0.03 m (down).
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I11.5.2 Analysis of the Temperature Time-Series at the Focal Point

Figure II1.22 reports time-resolved temperatures recorded at the focal point just after the
radiation source was turned on. Profiles obtained at different values of the gas superficial velocity in
fixed and fluidized beds without injection of additional bubbles are compared. When multiple
calibration ranges of the infrared camera had to be used, the time-series obtained with each
calibration range are reported as separate plots. Under fixed bed conditions, the 200-1500 °C
calibration range of the infrared camera was used. The temperature steeply increases to T>1200 °C
in less than 5 s, and eventually more gradually to the maximum detectable temperature of 1525 °C
after about 90 s.—When freely bubbling conditions were established, temperature fluctuations
became evident once the source was turned on. At gas superficial velocities just beyond incipient
fluidization, the temperature was above 400 °C for most of the time, and measurements with the
200-1500 °C calibration range were sufficient to fully characterize the dynamics of the irradiated
bed. As the gas superficial velocity was increased, temperature fluctuations became more
pronounced, and tests with both the 0—250 °C and 150-900 °C and 2001500 °C calibration ranges
had to be carried out and complemented to each other to get an accurate picture of the dynamics of
the bed.

Figure I11.23 reports the time-resolved temperature profile at the focal point for different gas
superficial velocities recorded in experiments in which additional bubbles were injected through the
BGS. Results corresponding to two nozzle—surface gaps (0.03 m and 0.09 m) are compared.
Time-series of bed temperature are reported over a relatively short time interval (5 s) to better
disclose the details of temperature fluctuations associated with the bursting of individual bubbles.
Results correspond to three operating conditions: fixed bed (U < Upy,), incipiently fluidized bed
(Upms = U=0.022 m s ), freely bubbling fluidized bed (Up; < U=0.063 m s'). Analysis of the
time-series in Figure II1.23 suggests that under fixed or incipiently fluidized bed conditions the
temperature increases before bubble bursting and abruptly falls down when the bubbles erupt. The
regular cyclic character of temperature rise/drop observed in fixed/incipiently fluidized beds is
smoothed out when the bed is freely bubbling, due to interaction of multiple erupting bubbles.
Comparison of results reported in Figures I11.22 and II1.23 demonstrates the pronounced effect of
additional bubbles injected close to the focal point on the time-averaged temperature and extent of
temperature fluctuations. Bubble bursting at the point of maximum radiative flux provides fast and
continuous convective heat transfer through the displacement of hot fluidized particles.

Useful fingerprints of the dynamics of irradiated fluidized beds are provided by the
probability density functions of bed surface temperature reported in Figures 111.24 and II1.25 for
different gas superficial velocities. Figure II1.24 refers to beds operated without injection of
additional bubbles, and show that the P(T) functions are broad with fairly high peak temperatures
when the bed is incipiently fluidized. Both the peak temperature and the variance of the distribution
decrease as the gas superficial velocity is increased, occasionally displaying a bimodal character.
Figure II1.25 refers to experiments carried out with injection of additional bubbles and compares
results obtained with nozzle—surface gaps of 0.09 m (up) and 0.03 m (down). Plots refer to fixed,
incipiently fluidized and freely bubbling bed conditions. The general features of the P(T) plots are
similar to those observed without bubble injection, with a clear indication that bubble injection
suppresses the high-temperature peak when the bed is operated at gas superficial velocities smaller
than or close to incipient fluidization velocity.
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Figure II1.26A summarizes the key findings of the experimental campaign. The time-
averaged bed surface temperature at the focal point is reported as a function of the gas superficial
velocity for all the experimental conditions tested. Plots also report the temperature standard
deviation, represented as error bars, which is entirely due to temperature fluctuations since the
contribution associated with reproducibility of data and inherent measurement error is negligible.
The analysis of Figure III.26A suggests that the fluidized state of the bed improves lateral
dispersion of incident radiative power: the larger the gas superficial velocity, the better the
dispersion. Localized injection of gas bubbles close to the focal point yields noticeable effects on
dispersion of the incident radiative power and temperature equalization. An even limited addition of
fluidizing gas close to the focal point brings about a dramatic reduction of local overheating and
improvement of heat transfer.

Altogether, results suggest that interaction of incident radiative power and the bed involves
only a few layers of particles under fixed or incipiently fluidized bed conditions, as also suggested
by previous studies (Flamant, 1982). When moderate fluidization is established, the concentrated
incident radiative flux is dispersed inside the bed, mostly by lateral dispersion at the bed surface. At
even larger gas superficial velocities, ejection of bed solids above the bed surface (in the splash
region) contributes to the establishment of a collection mechanism of radiative flux approaching
that of volumetric receivers. Moreover, the onset of large-scale bed solid circulation enhances
convective transfer of the incident power to the bulk of the bed. Under these conditions a much
larger volume of bed solids is involved in radiative power collection and transfer, and this reduces
the time-averaged temperature and the extent of temperature fluctuations, with beneficial effects on
collection efficiency and operability of the receiver. The effect of localized bubble injection close to
the focal point emphasizes the importance of proper tailoring of the hydrodynamics of the bed to
improve the collection performance of the solar receiver coupled with a proper thermal and/or
thermochemical energy storage system. Results obtained in the present study demonstrate that a
dramatic improvement of collection performance may be achieved by uneven fluidization along
fluidized bed cross section (Salatino et al., 2016), i.e. establishing vigorous fluidization only within
the section of the bed where solar radiation is mostly concentrated, while leaving the rest of the bed,
acting as thermal and/or thermochemical energy storage system, under moderate fluidization
conditions. This choice may represent an optimal trade off between conflicting requirements: a)
improving convective heat transfer of incident radiative power to the bulk of the fluidized bed; b)
reducing parasitic energy losses associated with sensible heat of the fluidizing gas and fan power
required to establish the fluidized state of the bed.

II1.5.3 A Compartmental Model of In-Bed Dispersion of Radiative Flux

The interaction between the incoming radiative beam and the fluidized bed, with specific
reference to the mechanism governing the dispersion of the radiative power to the bulk of the bed,
has been further elucidated by a simple compartmental heat transfer model. The bed is partitioned
into a “collection” zone and a “bulk” zone. The absorbed fraction of the energy flux impinging the
collection zone is balanced by: a) heat losses due to thermal radiation to the environment, b) heat
losses associated with convective flux of the fluidizing gas flowing across the collection zone, and
c¢) convective heat flux due to bed solids circulation between the collection zone and the bulk zone.
The latter is proportional to the circulation velocity of bed solids at bed surface which, in turn, is
expressed as the product of a non-dimensional solids circulation parameter f and the gas superficial
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velocity in excess with respect to the incipient fluidization velocity (U — Uy,r). The energy balance
on the collection zone therefore reads:

aq = eoTs + pUG(Ts = Toea) + BPs(1 = &mp ) (U = Unns )Tps (Ts = Tpea) (I1L.7)

where:

a and ¢ are the fluidized bed absorptivity and emissivity, respectively (equals under the assumption
of grey-body behaviour);

q is the impinging radiative flux;

o is the Stefan—Boltzmann constant;

T, and T),,4 are the temperatures of the collection and bulk zones, respectively;

p and p, are the gas density (at Tj,.4) and bed solids density, respectively;

Cp and C,; are the gas and bed solids specific heat, respectively, averaged over the temperature
range [Tpeq, Ts].

Equation (III.7) has been used to estimate the best fit value of the solids circulation
parameter f by matching the computed vs. measured values of Ty at different values of the gas
superficial velocity U (Figure II1.26A). The calculated values of  increase with U, spanning from
0.042, close to incipient fluidization, to 0.12 when the bed is vigorously bubbling. Figure II1.26 A
reports the T vs. U — Up,s curve calculated from Eq. (II1.7) by taking £=0.071 as an average over
the range of U investigated. The estimated value of § is in fairly good agreement with the value
(0.1) assumed by Pemberton and Davidson (1986a) to model the bed solids mass flux ejected by
erupting bubbles at the bed surface in freely bubbling beds. The agreement of the solids circulation
parameter S with values reported in previous and independent studies, and the general ability of
Eq. (IIL.7) to reproduce the T vs. U — Uy, basic patterns reported in Figure II1.26A, support the
soundness of the chosen compartmental model. This model can be used for quantitative estimates of
the ability of the bed to disperse the impinging flux and equalize the temperature throughout the
bed. Equation (III.7) can be also applied in the case of bubble localized injection provided that the
effective local fluidization velocity is taken into account. The agreement between the model and
experimental data adopting the same value of § is good as evident from Figure I11.26A.

The compartmental model may be conveniently used to estimate the solar capture efficiency
(n) of the fluidized bed. This is defined as the ratio between the heat flux transferred from the
collection zone to the bulk zone and the maximum heat flux which would be absorbed by the bed if
the same were at uniform temperature Tpeq:

— ﬁps(1_5mf)(U_Umf)%(Ts_Tbed)
e(q-0Tpq)

(1IL.8)

Values of n computed according to Eq. (II1.8) are reported in Figure I11.26B as a function of the gas
superficial velocity U and for different values of temperature Tj,.4. As expected, the solar capture
efficiency sharply increases as the fluidization velocity departs from the incipient fluidization
velocity, as a consequence of the effective dispersion of the radiative power to the bulk of the bed
due to solids circulation. The capture efficiency levels off at larger values of U, and decreases with
the temperature Tpeq at pre-set values of U — Upy.
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Figure I11.22: Time-resolved bed surface temperature profiles in tests performed at different gas superficial velocities. Signals obtained in tests with
different infrared camera calibration ranges are reported as separate plots.
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Figure II1.23: Time-resolved bed surface temperature profiles in tests performed at different gas superficial velocities (left: fixed bed; centre: incipiently
fluidized bed; right: freely bubbling bed) with injection of bubbles through the BGS. Nozzle—surface gap: 0.09 m (up); 0.03 m (down). Signals obtained in tests
with different infrared camera calibration ranges are reported as separate plots.
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Figure I11.26: A) Time-averaged bed surface temperature as a function of the excess of superficial gas
velocity with respect to the minimum fluidization condition for all the operating conditions tested. Standard
deviations are reported as error bars; B) radiative power collection efficiency according to Eq. (IIL.8) as a
function of the excess of superficial gas velocity with respect to the minimum fluidization condition for
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§III.6 Final Remarks

III.6 Final Remarks

Direct interaction between concentrated incident solar radiation and a fluidized bed has been
experimentally investigated by time-resolved mapping of bed surface temperature with an infrared
camera. Solar radiative flux was simulated by a 4 kW, short-arc Xe lamp coupled with an elliptical
reflector. The mechanisms underlying heat transfer to the bed surface and further dispersion of heat
to the bulk of the bed have been scrutinized under fixed and fluidized bed conditions by varying the
gas superficial velocity. Moreover, the effect of localized injection of gas bubbles through a nozzle
located in the proximity of the focal point has been assessed.

Experimental results suggest that collection of incident radiation changes from a surface-
receiver to a volumetric-receiver paradigm as the gas superficial velocity is increased from fixed to
incipiently fluidized bed conditions and even further to freely bubbling fluidization. Moreover,
fluidization promotes lateral and axial dispersion of solids, hence efficient convective heat transfer
from the focal point of the incident radiative flux to the bulk of the bed. This is reflected by a
significant reduction of peak temperature and temperature fluctuations at the focal point of the
receiver that positively affect the collection efficiency of the receiver and reduce the
thermomechanical stresses suffered by process materials. Experimental results are used to validate a
compartmental heat transfer model which provides a simple, though accurate, equation for
predicting in-bed dispersion of radiative power and extent of temperature non-uniformity.

The favourable thermal behaviour of fluidized beds can be further improved by proper
tailoring of the hydrodynamics of the bed in the proximity of the focal point, e.g. by
additional/localized feeding of fluidizing gas and generation of bubbles. This is the path to follow to
achieve a good compromise between the very favourable thermal properties of fluidized beds and
the need to reduce parasitic energy losses associated with the establishment of the fluidized state.
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Chapter IV. Design of a Fluidized Bed Solar Reactor and
Application to Calcium Looping Process

IV.1 Introduction

In the present Chapter, the results obtained from the Xe-lamp characterization, together with
the analysis of the direct interaction between a concentrated solar radiation and the surface of a
fluidized bed, are used to design a directly irradiated solar fluidized bed reactor suitable for high
temperature operations. The attention is focused on the investigation of thermochemical heat
storage processes, with special reference to the calcination and carbonation reactions of a
calcium-based sorbent to be employed in calcium looping applications. Several calcination-
carbonation reactions are performed on a Ca-based sorbent in order to evaluate the CO; capture
capacity of the limestone material and its trend over repeated cycles.

IV.2 Basic Design of the Solar Reactor

Several aspects were taken into account, including geometrical and energetic considerations,
in order to correctly design the solar fluidized bed reactor.

1V.2.1 Geometrical Features

A first important aspect was the choice of the fluidized bed dimensions, more specifically of
its inner bed diameter (Dj.4) and bed height (Hp.4). Concerning the internal bed diameter, two
main issues were considered: i) small Dy,4; could result in a hydrodynamic behaviour of the
fluidized bed strongly influenced by wall-effects, with the possible establishment of the undesired
slugging regime, and ii) large Dp.; would require significantly high input thermal power. The
trade-off of these two issues resulted in setting Dj,4 equal to 4 inch (0.102 m).

The bed height was instead chosen equal to approximately 0.1 m, so as to obtain an aspect
ratio for the reactor close to the unity. This was made in order to have the establishment of a single
vortex ring involving the whole emulsion phase whatever the fluidization velocity: downward and
upward vortex ring at low and high fluidizing gas velocity, respectively. Different configurations,
such as deep or shallow beds, are characterized by multiple vortex rings which make more complex
the control of motion of emulsion phase in the fluidized bed reactor.

Special attention was paid on the design of the freeboard section of the fluidized bed reactor,
as the window required for the access of the solar simulated radiation is located at the extremity of
this section. This section was then designed so as to accommodate the entry of the concentrated
solar radiation and protect the upper window from particle impingement. In order to fulfill the
former task, it is required that the freeboard section be characterized by a conical shape, whose
internal cone angle is dependent on the geometry, the number and the arrangement of the elliptical
reflectors. The considered reflectors were the ones described in § II1.2.2, featuring a distance
between the two conjugated foci of 1.585 m. Moreover, it was assumed a configuration which
involves the use of a central elliptical reflector and up to four surrounding reflectors arranged in a
cross around the central one. In a similar configuration, the four surrounding reflectors would be all
tilted of the same angle but toward opposite directions. This configuration has also the potential of
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§IV.2 Basic Design of the Solar Reactor

adding four further reflectors arranged in a cross shifted by a 45° angle with respect to the previous
one. Then, the total number of allowed Xe-lamps ranges from one to nine. By referring to the just
described configuration, it was chosen an internal cone angle of 32°. It was also verified that this
angle resulted smaller than the repose angle of the granular materials that will be used in the reactor
(e.g., silica sand, silicon carbide) to avoid solids accumulation on the cone wall. Besides the internal
cone-angle, it was also crucial the establishment of an appropriate height for the conical section to
effectively protect the upper window, and to provide an outlet path for the gas avoiding the
entrainment of the coarser solid particles ejected by bubble bursting. According to Pemberton and
Davidson (1986b), the height reached by coarse particles due to bubble bursting is approximately
equal to the diameter of the erupting bubble. By applying this concept to the designed reactor, the
eruption of a bubble with a maximum diameter of 10 cm could eject the particles up to 10 cm
height: it was then decided to place the gas outlet at a safety distance of 20 cm from the bed surface.
However, fine particles can follow the gas flow lines and vortex structures may form in the upper
zone: for these reason, the upper window was placed at a 20 cm further distance from the gas outlet.
It is worth to note that the conical shape of the upper section also plays a beneficial role in the
protection of the upper window thanks to the strong decrease of the gas velocity due to the cross
section increase. Briefly summarizing, the upper conical section is, on the whole, 40 cm high and
the gas output is located at half freeboard height.

1V.2.2 Process Operating Conditions

Reference data for the process parameters required to carry out the calcination and
carbonation reactions of Ca-based sorbent in fluidized bed reactors were taken from the literature
(Coppola et al., 2013). In agreement with the previously developed Cal process scheme (see
Figure II.1), only the endothermic calcination step will be carried out with the use of the solar
simulated radiation, while the carbonation step will be performed with the use of conventional
electrical heating sources. The designed solar reactor will then be equipped with both a solar
simulator and electrical heating sources such as electric ovens or gas preheater, which could also be
useful during the initial start-up period. In order to evaluate the heating demand of the solar reactor,
the calcination reaction will be considered over the carbonation as the former it is the endothermic
high temperature step of the CaL process, and thus the more power demanding stage. The
experimental tests were conceived to be performed with relatively small amounts of CaCOjs-based
limestone (10—-15%.,) diluted in a silica sand bed, so as to avoid the occurrence of strong thermal
changes during the course of the reactions. Concerning the limestone, a particle size range of 400—
600 um was considered as a trade-off between the exigency of maximizing the heat and mass
transfer coefficients —enhanced by a fine particle diameters—and limiting the attrition/elutriation
phenomena, enhanced by fine particle diameters too (Montagnaro et al., 2002). On the other hand,
concerning the silica sand powder, particles in the range size 850—1000 um size range were
considered. The fluidizing gas velocity (ugqs) was set at 0.6 m s, which is roughly twice the
minimum fluidization value of the silica sand at 950 °C. Lastly, the bulk bed temperature (Tpeq)
was set at 950 °C.

1V.2.3 Fluidized Bed Surface Over-Temperature

The efficiency of the solar receiver was preliminarily evaluated in order to correctly estimate
the energy required to fulfil the calcination reaction through the solar simulator. To this end it was
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of fundamental importance to consider the over-temperature of the fluidized bed surface. The
acquired knowledge concerning the direct interaction between a concentrated solar radiation and the
surface of a fluidized bed (see Chapter III) suggests indeed that a higher bed surface temperature
should be expected with respect to the bulk bed value as a result of the highly concentrated
radiation impinging on the bed surface. The over-temperature was estimated by applying the
compartmented model of in-bed dispersion previously developed (see § II1.5.3). The operating
parameters described in the previous paragraph were considered, while for the solid bed material a
silica sand powder with mean particle diameter of 925 um was taken as reference. Air was
considered as fluidizing gas. Emissivity and absorptivity coefficients were both set equal to 0.9,
while an impinging flux equal to 3000 kW m 2, roughly three times the one for a single Xe-lamp,
was assumed (assumption ex post justified). Results of the model computations are reported as a
function of the solid recirculation parameter in Figure IV.1. For £=0.07 (the value estimated for the
SiC powder in Chapter III) the over-temperature approaches a value of nearly 120 °C. However, as
the silica sand powder taken as reference is considerably coarser than the SiC powder, it is
reasonable to imagine that the solid recirculation parameter could be lower. As [ decreases, the
over-temperature steeply increases: values of 138 and 164 °C are obtained for  of 0.06 and 0.05,
respectively.
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Figure IV.1: Over-temperature of the fluidized bed surface vs. the solid recirculation parameter.

For the solar reactor design it was then considered an over-temperature value of 150 °C, which
reflects a [f-value between 0.06 and 0.05. The bed surface temperature (Ts) is then expected to
approach a temperature as high as 1100 °C.

With the aim of reducing the surface over-temperature, a central nozzle which passes
through the distributor plate and stops at half the solid bed height has also been designed to tailor
the hydrodynamics of the bed surface through a localized bubble generation.

1V.2.4 Energy Balance

An energy balance under steady-state conditions was then performed to estimate the number
and the power of Xe-lamps required to provide the reactor with a sufficient amount of heat. The
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§IV.3 Mechanical Design of the Solar Fluidized Bed Reactor

data reported in the previous paragraphs were used, while the following main assumptions were
considered:

1) The reactor is radially isotherm, while an axial gradient exists. Two temperature values are
considered to take into account the axial distribution: a bulk value and a surface value;

i1) Heat losses toward the surrounding environment due to conduction through the reactor wall
are neglected;

1i1) The outlet gas is isotherm with the bulk reactor temperature;

iv) Air is considered as the fluidizing gas;

V) The heat of the calcination reaction is neglected (assumption ex post justified).

Under the stated hypothesis, the energy balance equation reads:

2
”Dbe

2
hed _

OLQ—IIV - SGSBT; 4 — Ugas Cp,gas (Tbed - Tgas,IN) 4 0 (IV-I)

where « and ¢ are the fluidized bed absorptivity and emissivity, respectively, Q;y is the full power
impinging on the fluidized bed surface due to the Xe-lamps, cspis the Stefan—Boltzmann constant,
Ts, Tyeas Tgas,n» To are the temperature of the bed surface, the bulk bed, the inlet gas and the
environment, respectively, Dpqq is the internal diameter of the reactor, Uy, is the inlet gas velocity
and % is the mean specific heat of the gas averaged over the temperature range [Tgqs i) Theal-
By considering an inlet gas temperature (Tgas1v) 0f 600 °C and a value of 0.9 for both « and

€ (grey-body behaviour assumption), a required power of 2300 W can be estimated. This value was
then increased of a 25% factor to account for the heat losses due to conduction through the external
wall, obtaining a total required power of 2900 W, which leads to use three 4 kW, Xe-lamps. This
also justify the previously made assumption of having considered an impinging flux of 3000 kW m™
? for the estimate of the bed surface temperature through the compartmented model. Concerning
instead the assumption of neglecting the heat of the calcination reaction, the following
considerations are valid: assuming an initial mass of limestone equal to 150 g, which is nearly the
15%., of the total bed inventory, an energy of 270 kJ would be required for a complete calcination.
By spreading this energy over an average reaction time of 20 min (Coppola et al., 2013), a power of
nearly 200 W is obtained, thus less than the 7% of the total amount of 2900 W. Moreover, it should
be also considered that during the Cal process the reactions are far from being complete (see
Chapter II): considering an average carbonation degree of 25%, the relevance of the calcination
contribute over the whole energy balance is further reduced.

IV.3 Mechanical Design of the Solar Fluidized Bed Reactor

The solar reactor is composed of four main parts assembled together, which correspond to the
windbox section, the reaction section, the distribution grid and an upper conical section that ends
with a window to let enter the solar simulated radiation. All the parts are made of AISI 310 stainless
steel.

The windbox (Figure IV.2-A) consists of a 4 inch diameter pipe, Sch. 40 (ID: 102 mm),
135 mm long. It is closed on the lower side, except for a central aperture connected to a 12 mm
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diameter pipe (ID: 10 mm) used for the fluidizing gas inlet. The upper part of the windbox is
instead welded to a flange, 20 mm thick, with an inner diameter of 102 mm and an outer diameter
of 190 mm. Six equispaced 12.5 mm holes are drilled on a flange circumference of 165 mm. Lastly,
a groove with a diameter of 140 mm and a depth of 7 mm is excavated in the upper part of the
flange to host the distribution grid placed between two gaskets.
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Figure IV.2: Technical drawing of: A) windbox; B) reaction section; C) distribution grid. Dimensions are
expressed in mm.

The reaction section (Figure IV.2-B) consists of a 4 inch diameter pipe, Sch. 40
(ID: 102 mm), 40 mm long. It is welded to a flange on both sides. Both flanges are 20 mm thick,
have an inner diameter of 102 mm and an outer diameter of 190 mm. Moreover, both flanges have
six equispaced 12.5 mm holes drilled on a circumference of 165 mm, so as to fit the windbox
section on one side and the upper conical section on the opposite side. An annular groove with an
outer diameter of 140 mm, an inner diameter of 120 mm and a depth of 2 mm is excavated in the
upper flange to host a gasket. Lastly both flanges have, at half-height, a small cylindrical hole
directed from the outer to the inner diameter of the flange and used to host a thermocouple and a
pressure tap.

The gas distributor (Figure IV.2-C) consists of a set of three stainless steel wire meshes (grid
finer than 50 pm) welded between two metallic rings with an inner and outer diameter of 102 and
140 mm, respectively. A small central aperture is made in the gas distributor to permit the insertion
of the central nozzle, which consists of a 6 mm AISI 310 pipe (ID 4 mm) with a fine metallic net
(finer than 50 um) at the tip to prevent the backflow of bed solids.

The upper conical section (Figure IV.3), consists of a 3 mm thick AISI 310 sheet calendered
so as to have a conical shape with a lower inner diameter of 102 mm and an internal cone angle of
32°. The height of the conical section is 400 mm, which results in an upper inner diameter of
600 mm. Both sides of the conical section are welded to 20 mm thick flanges: the lower one is
designed so as to fit the reaction section, while the upper one has an inner diameter of 600 mm, an
outer diameter of 700 mm and sixteen equispaced 12.5 mm holes drilled on a circumference of
670 mm. A groove with a diameter of 635 mm and a depth of 12 mm is excavated in the upper
flange to host the optically accessible window and two gaskets. A counter-flange has also been
made to slightly squeeze the two gaskets on the window in order to seal the upper part of the reactor
and avoid gas leakage. Close to the half-height of the conical section, four equispaced pipes of 1
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inch diameter, Sch. 40, 225 mm long and threaded at the extremities are welded to the conical
section with a 15° angle with respect to the horizontal ground-base so as to provide the output path
for the fluidizing gas.

700
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®12.5
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Figure IV.3: Technical drawing of the upper conical section. Dimensions are expressed in mm.

IV.4 Experimental Apparatus, Diagnostics and Materials

A scaled sketch of the experimental apparatus complete of all the ancillary equipment is reported in
Figure IV.4. Its main components are:

1) A fluidized bed reactor, with an upper conical shaped section;

1) A submerged nozzle located along the central axis of the fluidized bed;

iil)  Two electric semi-cylindrical ceramic fiber heaters;

iv) An inlet gas preheater;

V) A solar simulator made of three short-arc Xe-lamps coupled with elliptical reflectors;

Vi) Three mass-flow controllers to fed the air and CO, to the reactor through the windbox or
the central nozzle;

vii))  Two high-precision K-type thermocouples located one near the distribution grid and the
other near the upper bed surface;

viii)  An optical pyrometer to measure the bed surface temperature;

1X) An on-line CO, NDIR gas analyzer.
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FB = Fluidized Bed

GA = Gas Analyzer

GPH = Gas Pre-heater

IRP = Infrared Pyrometer 0 Ak
MFC = Mass-flow Controller MECJ==
TC = K-type Thermocouple 1 Ak
RH = Radiant Heaters — IMFC)+==
WB = Windbox <O

Figure IV.4: Outline of the solar fluidized bed reactor with its ancillary equipment.
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1V.4.1 Semi-Cylindrical Ceramic Fiber Heaters

The two semi-cylindrical ceramic fiber heaters mounted around the fluidized bed reactor are made
by Watlow and are schematically shown Figure IV.5.

A=203 mm
B=457 mm

C=305 mm

Figure IV.5: Technical drawing of the semi-cylindrical heaters.

These elements are made of high temperature iron-chrome-aluminium heating elements covered
with ceramic (alumina-silica) fiber insulation and accomplish two main tasks: i) heating of the
reaction chamber, and ii) isolating of the internal chamber from the outside. The heat transfer
mechanism is only radiative, and operating temperatures as high as 1200 °C can be achieved.

The internal diameter of the semi-cylindrical elements (4) is 203 mm and the overall length (B) is
457 mm. The total power is 5000 W at 240 V. As these heaters are not self-controlled, a PID
controller connected to one of the K-type thermocouples inserted into the bed bulk is used to set the
bed temperature at the desired value. The ceramic fiber heaters are not used when performing the
calcination reaction which is accomplished only through the solar simulator.

1V.4.2 Gas Preheater

The gas preheater is a stainless steel pipe of 3/8 inch diameter, threaded at the extremities and made
by Osram Sylvania (Figure IV.6). A serpentine-coil electric heater element runs along the entire
interior of the tube. The maximum power of the heating element is 1600 W at 170 V. As for the
ceramic fiber heaters, the elements are not self-controlled, thus a K-type thermocouple placed at 1
inch from the heater exit is used in combination with a PID controller to achieve the desired value
of the inlet temperature of the fluidizing gas.
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Figure IV.6: Sketch of the gas preheater.
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1V.4.3 Infrared Pyrometer

The infrared pyrometer used for the measurement of the bed surface temperature is an Optris CT
Laser 2MH]1-SF and is schematically shown in Figure IV.7.
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Figure IV.7: Sketch of the infrared pyrometer.

Unlike the thermal infrared camera used in the previous experiments, which was able to completely
map the fluidized bed surface, the infrared pyrometer measures the space-averaged temperature in a
limited portion of the bed surface. The dimensions of the measured area are dependent on both the
optics of the pyrometer and the gap between the pyrometer and the target object. More in detail, the
optics of the used pyrometer has a converging-diverging profile (Figure IV.8): the spot size is
12 mm at sensor level, converges to a minimum size of 3.7 mm at the focus distance of 1100 mm
and then starts to indefinitely increase (e.g., spots sizes of 9.4 and 16.5 mm are obtained at 1500 and
2000 mm distances). A double laser is integrated in the pyrometer so to mark the real measurement
spot location and spot size at any distance on the object surface.

The temperature is calculated by the pyrometer on the basis of the emitted infrared radiation in the
1.6 um spectral range: this feature enables to read temperatures even through a glass window
(transmittance > 0.85 in the 0.4-2.5 um range). This is the main reason why it was not possible to
use the Optris PI-400 infrared camera (spectral range: 7.5-13 um) during the operation of the solar
reactor. The calibration range of the infrared pyrometer is 490-2000 °C. Temperature data are
continuously acquired and logged on a PC. As for the thermal infrared camera, a proper value for
the emissivity of the material, whose temperature has to be detected, must be set. For silica sand, a
value of 0.9 was obtained by measuring bed surface temperature with both the pyrometer and a
K-type thermocouple under bubbling fluidized bed conditions. Moreover, a comparison between the
temperature read by the thermal infrared camera and that measured by the pyrometer was performed
under fixed bed conditions with a Xe-lamp focused on bed surface in order to evaluate a possible
interference due to the part of the incident radiation which is reflected by the fluidized particles.
The comparison showed a difference between the two temperature values of less than 10 °C in the
900-1200 °C range. During the experimental test, the pyrometer was pointed at the centre of the
fluidized bed surface and the spot dimension approached an area of nearly 5 mm diameter.
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Figure IV.8: Sketch of the infrared pyrometer optics.

1V.4.4 Gas Analyzer

An Advance Optima ABB A0O2020 (Uras 14, 0-95%,) was used to monitor the CO, concentration
at the exhaust. The measurement is based on the NDIR principle. The fine calibration of the
analyzer was performed through the use of two gaseous stream: pure N; (99.7%,) and a 1:1 mixture
N»-CO; (50.1%,). The instrument has four calibration ranges for best accuracy (0—5%.; 0-20%.; 0—
50%,; 0-95%,), and the optimal one is self-selected according to the experienced CO,
concentration. The gas collection is realized through a probe made of a 6 mm stainless steel pipe
(ID 4 mm), inserted in the reactor through one of the four outlet pipes and located at an height of
15 cm from the bed surface. A suction pump is calibrated so as to collect a gas stream of nearly
60 Ndm® h™'. A filter made of steel wool is interposed between the pump and the reactor to avoid
that fine solid particles reach the analyzer.

1V.4.5 Materials

The materials used for the experimental tests are inert silica sand from Ticino river (Italy) and an
Italian limestone (termed Massicci). The main properties of the materials are reported in Table IV.1,
together with the theoretical minimum fluidization value (ufnf), evaluated according to the classical

Wen—Yu equation.

Material Dpariicte Size range Upyr @ 650°C U, @ 950 °C
[kg m”’] [m] [m ™) [ms™']
Ticino sand 2400 850-1000 0.32 0.27
Massicci limestone 2200 420-590 0.08 0.07

Table IV.1: Main physical parameters for Ticino sand and Massicci limestone.

Ticino sand is an alluvial origin sand, naturally rounded, polychrome in colour and with a SiO,
content of 83—86% and about 4% of mica. It has a high resistance to heat (1500-1700 °C). Massicci
is an Italian limestone with a high Ca-content. A TGA analysis was performed on the raw limestone
(Figure IV.9) at an heating rate of 10 °C min ', from 25 to 870 °C, under N, atmosphere. The
results show a CaCOj; content close to 90%y:, even though it must be pointed out that higher TGA
temperatures (unfortunately not reachable with the instrument at hand) would have led to calculate
an even larger CaCOj; content, that is then expected to be over 90%.,. This is in agreement with an
earlier paper (Coppola et al., 2013) that reports a 97.4%.,, CaCO; content for this sorbent. XRD
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analysis results further confirm the high purity of the sample (Figure IV.10): only calcite peaks are
in fact detected.
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Figure IV.9: TGA analysis for the Massicci limestone.
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Figure IV.10: XRD analysis for Massicci limestone. C=calcite (CaCO;, PDF 01-080-3277).

IV.5 Characterization of the Solar Simulator

The characterization of the solar simulator was performed following the same procedure previously
described (see § 111.3.2.2). The three lamps were focused at the centre of the fluidized bed surface
and the spatial flux distribution of each lamp was obtained independently from the others but with
the infrared camera placed in a fixed position. Finally, the three spatial flux distributions were
algebraically summed in order to obtain the overall heat flux distribution (Figure IV.11). A peak
flux of nearly 3000 kW m > has been obtained, while the average flux over the whole reactor
diameter is equal to 390 kW m 2. Finally, by integrating the radiative flux over the whole bed area,
a total irradiated power of 3200 W is obtained.
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Figure IV.11: Contour chart of the spatial distribution of radiative heat flux incident on the bed surface.

IV.6 Experimental Procedure

The experimental tests consisted of four calcination/carbonation cycles on the Massicci limestone.
Both reactions were performed in the same fluidized bed reactor by gradually switching the
operating parameters between the calcination and carbonation conditions. Operating parameters
resembled when possible those used in Coppola et al. (2013), for comparison purposes. More in
detail, the carbonation reaction was performed at a bulk bed temperature of nearly 650 °C and with
an inlet CO, concentration close to 15%,, which is a typical value found in combustion flue gases.
On the other hand, the calcination reaction was performed at a bulk bed temperature of nearly
940 °C and with an inlet CO, concentration close to 70%,, which is a typical value encountered in
oxyfuel calcination reactors. The fluidizing gas velocity was set at 0.6 m s ' for both the calcination
and carbonation step. It is observed that ugyqs is nearly twice the sand minimum fluidization

velocity. Operating conditions are summarized in Table IV.2.

. Tbed Inlet CO, ugas @ Tbed
Reaction °C] (%] (m s
Carbonation 650 15 0.6
Calcination 940 70 0.6

Table IV.2: Operating conditions for the carbonation and calcination reactions.

As previously discussed, only the calcination step was performed with the use of the solar simulated
radiation while the carbonation step was performed with the only use of the radiant heaters and the
gas preheater. Nearly 730 g of sand and 125 g of limestone were used at the beginning of the test.
The course of the reactions was followed by measuring the CO, concentration at the exhaust. The
following experimental procedure was followed (the material —sand/limestone— initially fed to the
reactor remained into the system with no bed drain after each stage):
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Charge of the bed material (silica sand) in the fluidized bed reactor;

Heating up the reactor up to 850 °C through both the electric heaters and the gas preheater;
Setting-up the calcination conditions: CO, v = 70%,, gas velocity 0.6 m s @ 940 °C;
Shutdown of the electric heaters, feeding of the limestone in the fluidized bed reactor, and
power-up the three Xe-lamps;

Waiting for the calcination step to be complete (stable CO, concentration at the exhaust);
Shutdown of the Xe-lamps and cooling down of the bed to 400 °C in air atmosphere;
Setting-up of the carbonation conditions: CO, v = 15%,, gas velocity 0.6 m s @650 °C;
Fast heating through both the electric heaters and the gas preheater up to 650 °C;

Waiting for the carbonation step to be complete (stable CO, concentration at the exhaust);
10. Heating up the reactor up to 750 °C through the electric heaters;

11. Switching to the calcination conditions and heating up of the reactor to 850 °C through the
electric heaters;

S S

AR S AN

12. Shutdown of the electric heaters, and power-up the three Xe-lamps.

The points from 5 to 12 were repeated in order to achieve four complete calcination/carbonation
cycles. It is worth to note that, during the points 7—11, the operating conditions are such that the
calcination process is not thermodynamically favoured. Only when then Xe-lamps are powered on,
point 12, the increase of temperature makes the calcination process thermodynamically favoured.
This can be understood by following the experimental procedure on the Pgo, vs. T plot
(Figure 1V.12).
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Figure IV.12: Pathway of the calcination/carbonation cycle carried out during the experimental procedure
and viewed on the P¢, vs. T diagram, together with the equilibrium curve of CaCO; decomposition.

Data of time, temperature and CO, concentration were continuously acquired at 1 Hz through an
ad-hoc developed LabVIEW program. The CO, capture capacity of the sorbent is evaluated by
integrating the CO, profile of the carbonation reaction over the reaction time with respect to the
baseline. The effect of expansion/reduction of the volumetric stream due to the occurrence of a
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chemical reaction with increasing/decreasing overall mole number was considered negligible. TGA
and XRD analyses were performed on a limestone sample after the first calcination in order to
confirm the complete calcination of the sample before that the carbonation reaction occurs. To this
end, a specific sample was prepared by stopping the above described procedure to the point 6 and
cooling down the bed to ambient temperature.

IV.7 Results and Discussion

1IV.7.1 A Complete Calcination-Carbonation Cycle

Figure 1V.13 reports the typical chart plot of the first calcination-carbonation cycle. The
initial time instant reported in the graph, t = 0 s, is near the end of the point 2 of the experimental
procedure. The blue and red curves show the temperature inside the fluidized bed reactor acquired
by the two K-type thermocouples (“up” and “down”, respectively) the cyan curve refers to the data
acquired by the pyrometer, and the black curve reports the CO, outlet concentration as measured by
the gas analyzer. It is possible to observe the set-up of the calcination conditions at 250 s, where the
CO; concentration grows from 0 to nearly 70%, while the reactor is still heated through the ceramic
fiber heaters. During this phase, the temperature measured by the upper thermocouple is lower than
the bottom bed value due to both an asymmetric positioning of the ceramic heaters (which are
closer to the bottom section of the reactor) and the larger heat exchange toward the environment
that occurs in the upper section of the reactor. The limestone feeding and the Xe-lamps ignition
occur at almost the same time instant of nearly 1250 s. The charge of cold limestone particles can
be recognized by the decrease of bed temperature, whereas the power-up of the lamps is easily
detectable from the steep increase of the bed surface temperature measured by the pyrometer. The
increase in the temperature measured by the two in-bed thermocouples is fast too, and a temperature
of 935-940 °C is rapidly approached in almost 500 s. It is also interesting to note that, with the
Xe-lamps turned on, there is an inversion in the trend of the temperatures measured by the two
thermocouples, as now the upper one reads slightly higher values. Data of the bed surface
temperature highlight instead a continuous fluctuation as a result of the competition between the
highly concentrated radiation impinging on the fluidized bed surface and the continuous bubble
bursting phenomena. The temperature values fluctuate between 1000 and 1150 °C, with a mean
temperature of 1080 °C and a standard deviation of 30 °C. The time-averaged over-temperature
measure is, in turn, almost 140 °C, comparable with the designed value obtained with the
compartmented model. It is also worth to note that, around 1250 s, when the limestone is fed to the
reactor, the temperature decrease can be also due to the start of the calcination reaction. The
increase in the CO, concentration is, as expected from literature data (Coppola et al., 2013), of
nearly 1%. The calcination reaction ends at nearly 2500 s, with a total duration time of nearly
20 min.
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Figure IV.13: Bed temperatures and CO, concentration time-series during the first
calcination-carbonation cycle.

At the end of the first calcination, CO, is no more fed to the reactor, and its concentration falls
down to 450 ppm, a value close to the atmospheric CO, concentration. The temperature is then
decreased down to nearly 400 °C by switching off all the heaters and using air at ambient
temperature (15-20 °C) as fluidizing gas. This step goes from 2500 s to nearly 5500 s. Then, around
5500 s, when the targeted temperature is reached, CO, with a concentration of nearly 15%., is fed to
the reactor. From this time instant, the temperature is increased as fast as possible up to 650 °C
remaining quite stable at that value between 7000 and 7600 s. A temperature peak is also detectable
for the “up” measure and is related to the heat release of the carbonation reaction at about 5500 s.
During the carbonation reaction, there is a decrease in the CO, concentration of nearly 0.1-0.2%
which, as for the calcination reaction, is barely detectable in the reported graph due to the adopted
CO; scale. The carbonation reaction starts at 5500 s and ends at nearly 7600 s if a final temperature
of 650 °C is considered (total reaction time 35 min) or at nearly 8500 s if a final temperature of
750 °C is considered (total reaction time 50 min). Finally, at 8500 s, the CO, concentration is
increased again up to the 70%, calcination value and the cycle is repeated. Under these

experimental conditions, a full calcination-carbonation stage has then an operating duration close to
140 min.

1V.7.2 Detailed Analysis of the First and Fourth Carbonation Steps

Figure IV.14 reports the data related to the course of the first and the fourth carbonation
steps, with indications of only inner bed temperatures and outlet CO, concentration. Time values on
the abscissa are the same as those reported in Figure IV.13. As highlighted before, the blue and red
curves show a fast increase from the initial temperature toward the scheduled value of 650 °C,
followed by a plateau at nearly 650 °C and a final increase toward 750 °C. The use of a reduced
scale for the CO, concentration allows now to appreciate the decrease in the CO, concentration
profile induced by the CaO carbonation reaction. The area between the baseline (dashed curve) and
the CO, concentration profile, highlighted in green in the graphs, is proportional to the amount of
CO; captured by the sorbent. It is interesting to note that the reaction starts as soon as the
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temperature is increased, and well before the achievement of the scheduled temperature of 650 °C.
Moreover, even though the major contribute to the carbonation reaction is detectable for
temperatures up to 650 °C, a small but not negligible contribute can be found when the temperature
is increased up to 750 °C. The small increase of the “up” temperature at nearly 5500 s appears to
happen before the injection of the CO, stream because the signals of temperature and concentration
are not synchronized and actually a time delay of about 80—100 s between outlet CO, concentration
and bed temperature time-series exists. By comparing the data of the first and fourth carbonation it
is clearly recognizable that, during the fourth carbonation, the sorbent undergoes a lower
carbonation level with respect to the first cycle. Moreover, the temperature increase when CO;
starts to be fed is no more observed for the fourth carbonation, probably due to a worse material
reactivity (vide infra).
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Figure IV.14: Bed temperature and outlet CO, concentration time-series measured during the first (up) and
fourth (down) carbonation step. The dashed line indicates the inlet CO, concentration.
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1V.7.3 TGA and XRD Analysis of the Calcined Sample

Figure IV.15 reports the TGA analysis results of the sample obtained after the first
calcination. The analysis was performed from ambient temperature to 870 °C under N, atmosphere,
at an heating rate of 10 °C min . By comparing the weight of the sample at 600 °C (well before
CaCOj; thermal decomposition could take place) and the final weight, a residual amount of barely
8.0%ywt CaCOs is estimated in the sample, thus concluding that the material has been extensively
calcined in the solar reactor before the carbonation step occurs. This result is also confirmed by the
XRD analysis results (Figure IV.16) which shows a marked presence of CaO and only feeble peaks
ascribed to CaCOj;. Weight loss before 600 °C (Figure IV.15) and portlandite signals (Figure IV.16)
are due to uncontrolled CaO weathering in the sample after the fluidized bed test.
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Figure IV.15: TGA analysis for the sorbent after the first calcination step.
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Figure IV.16: XRD analysis for the sorbent after the first calcination step. C=calcite (CaCOs, PDF 01-080-
3277); L=lime (CaO, PDF 00-003-1123), P=portlandite (Ca(OH),, PDF 00-002-0968).
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1V.7.4 CO; Capture Efficiency

The data of CO; capture capacity achieved by the sorbent in the CaL process as a function of the
carbonation stage are summarized in Table IV.3: data evaluated up to a final carbonation
temperature of both 650 °C and 750 °C are reported. Data referred to 750 °C are also plotted in
Figure IV.17. The maximum carbonation degree is achieved during the 1** carbonation, when the
sorbent is freshly calcined: a value of 9.5% is obtained (0.042 g¢o, 8initial sorbent at 750 °C). For the
2" carbonation, the carbonation degree decreases down to nearly 7% (0.031 gco, i tial sorbent at
750 °C). This was expected, due to the thermal sintering effects suffered by the sorbent particles
especially under calcination. A further decrease in the carbonation degree is observed for the 3™
carbonation, where a value of 6% (0.027 g¢o zgi"nlitial sorbent at 750 °C) is obtained. But this
decrease was smaller than the one observed for the 2™ carbonation. Moreover, practically same
values were obtained for the 4™ carbonation, suggesting a desired stabilization of the material
performances and a decrease of the sintering relevance. The experimental results obtained for the
Massicci limestone are comparable to the ones reported in the literature for tests performed on the
same limestone but with conventional heating source (Coppola et al., 2013). It therefore seems that
the solar CaL cycle could be a feasible process, as the higher temperatures obtained on the fluidized
bed surface appear to not produce a severe worsening of the reactive material properties, whose
CO, capture capacity, after a first initial decrease, appears quite stable over CaL cycling.

Carbonation CO, Capture Capacity @ 650 °C  CQO, Capture Capacity @ 750 °C

no. [#] [8co, Einitial sorbent] [8co, Einitial sorbent]
1 0.035 0.042
2 0.027 0.031
3 0.020 0.027
4 0.023 0.028

Table IV.3: CO, capture capacity for Massicci limestone as a function of the carbonation stage.
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Figure IV.17: CO, capture capacity (750 °C) for Massicci limestone as a function of the carbonation stage.
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IV.8 Final Remarks

A gas—solid fluidized bed reactor suitable for the investigation of thermochemical heat
storage processes has been designed and operated to study the solar CaL process. The solar
simulation task was achieved by an array of three Xe-lamps of 4 kW, each coupled with elliptical
reflectors: a total irradiating power to the bed surface of nearly 3200 W was obtained, with a peak
flux of 3000 kW m 2. Only the calcination step was performed through the use of the solar
simulator, while the carbonation step was performed with the use of ceramic fiber heaters. The
performance of an Italian limestone (Massicci) were assessed by achieving four complete
carbonation-calcination cycles.

Experimental results on the calcination step highlighted a continuous fluctuation of the bed
surface temperature as a result of the competition between the high concentrated radiation
impinging on the bed surface and the continuous bubble bursting phenomena. A mean bed surface
temperature of 1080 °C was detected, corresponding to an over-temperature of 140 °C. The extent
of the calcination reaction was confirmed though TGA analysis, which showed a residual amount of
CaCOs; equal to barely the 8%, after the first calcination step.

The CO, capture capacity of the Massicci limestone showed a first initial decreasing trend
followed by a stabilization at lower values. A carbonation degree of 9.5% was achieved during the
first cycle, while the residual CO, capture capacity was estimated to be around 6%. The
experimental results obtained in this work are comparable to the ones reported in the literature for
tests performed on the same limestone but with conventional heating source. The solar CaL process
appears to be a practical way toward the integration of conventional fossil fuels and energy sources,
with the aim of both taking advantage of the solar energy and reducing the CO, emissions.
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In the present PhD Thesis an integration between solar energy and conventional fossil fuels
sources has been proposed. An integrated scheme of a continuous Calcium Looping (CaL) process
for CO, capture from combustion flue gases of a power plant, based on Fluidized Bed (FB)
technology and sustained by a Concentrated Solar Power (CSP), was developed. Storage of the
excess incident solar power during the daytime as calcined sorbent, which is eventually utilized in
the CaL loop during the nighttime, was proposed to overcome the inherently unsteadiness of CSP
systems. The potentialities of a similar integrated scheme were assessed by means of model
computations to estimate the main features, performance, storage and energy requirements of the
process. In order to study the practical feasibility of the process, directly irradiated FB systems were
considered, as the direct heating configuration permits to obtain the high operating temperatures
required to perform the calcination reaction. Initial studies were targeted at the comprehension of
the heat transfer phenomena in directly irradiated FB, with the aim of establishing the efficiency of
the solar FB receiver. Finally, a directly irradiated gas—solid FB reactor suitable for the investigation
of thermochemical heat storage processes has been designed and operated to study the solar CaL
process. Several calcination-carbonation reactions were performed on an Italian Ca-based sorbent
(Massicci), and its CO, capture capacity was evaluated over repeated cycling. The following main
results have been obtained in the present PhD Thesis:

» Model computations suggested that in order to couple a CSP with a 100 MWy,
combustion plant, the use of two storage vessels of nearly 2000 m’ is required
together with the building of an heliostat field of 0.26 sqgkm. However, thanks to the
heat recovery in the carbonator, the overall thermal throughput of the power plant is
increased from 100 MWy, to nearly 150 MWy, It was also highlighted that larger
inlet Ca/C molar ratio could result into a higher CO, capture efficiency but at the
expense of larger energy consumption;

» Collection of incident radiation changes from a surface-receiver to a
volumetric-receiver paradigm as the gas superficial velocity is increased from fixed
to bubbling fluidized bed conditions: this also results in a significant reduction of
peak temperature and temperature fluctuations at the focal point of the receiver. A
compartmental heat transfer model which provides a simple, though accurate,
equation for predicting in-bed dispersion of radiative power and extent of
temperature non-uniformity was developed. Moreover, a strong reduction of bed
surface temperature has been obtained by exploring uneven fluidization strategies
and, in turn, by tailoring the hydrodynamics of the bed through injecting a chains of
bubbles from a nozzle located in the proximity of the radiation focal point;

» Operation of the directly irradiated FB reactor for the calcination reaction resulted
into a continuous fluctuation of the bed surface temperature, with a mean
over-temperature value of nearly 140 °C. The CO, capture capacity of the
investigated limestone showed a first initial decreasing trend followed by a
stabilization at lower values, with a residual CO; capture capacity of about 6%.
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95

The solar Cal process appears to be a practicable way toward the integration of
conventional fossil fuels and energy sources, with the aim of both taking advantage of the solar
energy and reducing CO, emissions. Future developments could be aimed at:

>

Investigating alternative schemes of integrated CaL-CSP processes with the aim of
reducing the large required storage capacity. A calciner operated in transient mode,
with an unsteady bed inventory (increasing during day-operations and decreasing
during night-operations), could, for example, result into the need of just a single
storage vessel;

Further exploring the interaction between concentrated solar radiation and FB
systems, by mapping the inner FB temperatures at different depths and distances
from the focal point of the incident radiative flux, to evaluate the effectiveness of the
heat transfer mechanisms between the bed surface and the bulk of the bed;

Studying the tailoring of the bed surface hydrodynamics by evaluating the role of the
bubble diameter and of the eruption frequency on heat transfer phenomena;
Assessing the performance of the designed solar FB reactor when an additional air
stream (uneven fluidization strategy) is sent through a central located nozzle with the
aim of reducing the over-temperature of the FB surface;

Assessing the CO, capture capacity of Ca-based sorbents characterized by different
physico-chemical features in the solar Calcium Looping cycle.
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