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INTRODUCTION

HYDROGEN AS ENERGY CARRIER

Hydrogen is considered the most abundant element in the universe, though it is not
available as pure component (hydrogen reserves do not exist). Hydrogen was discovered in
1766 by Cavendish, who named it “inflammable air", then Lavoisier named it “hydrogen”
(from greek “hydro”, meaning water and “genes”, meaning creator).

Hydrogen has been employed as fuel for domestic use for more than a century: the so-
called “city gas”, in fact, consists mainly in hydrogen and carbon monoxide (about 50%).
The diffusion of this gas has been limited for the toxicity of carbon monoxide and the
increased use of methane as fuel.

As electricity, hydrogen can be seen as an energy vector, that doesn’t contain carbon and
gives zero emissions in the operation point; moreover, differently from electricity, hydrogen
can be stored, having in this way a potential for its employment in internal combustion heat
engines and in fuel cell, for electricity generation through electrochemical reaction between
a fuel and an oxidant.

In particular, PEM fuel cells fed with hydrogen are the most promising device for
decentralized energy production, both in stationary and automotive field, thanks to high
compactness, low weight (high power-to weight ratio), high modularity, good efficiency and
fast start-up and response to load changes.

The scientists define hydrogen as “the fuel for excellence”, in fact it is the cleaner method
to store, transport and utilize energy; to this aim it can be reminded that the hydrogen
combustion produce only steam and energy:

H2 + 2 O2 = H20 + energy

Hydrogen, though, is not a primary source, but it is substantially an energy carrier, that can
be stored, transported and used as gaseous fuel, but must be produced from other sources.
Hydrogen is an ideal complement to the electricity; both hydrogen and electricity are
premium quality energy carriers, do not contain carbon and generate little or no polluting
emissions at the point of use. The electricity, however, presents some disadvantages
concerning the storage, whereas hydrogen is more satisfactory and its versatility is
demonstrated by the possibility of obtaining it from a variety of primary sources that can be
fossil or not. So, a hydrogen supply infrastructure could be developed, according to
available reserves, in every region. This could provide concrete benefits to energy supply
and could ease the transition towards a sustainable energy system.



PRODUCTION AND USES

The main hydrogen source is actually represented by hydrocarbons, although there is an
increasing interest in hydrogen production from renewable sources, due to the depletion of
fossil fuels and to the possibility of introducing Third World States in hydrogen economy.
However, in the middle term vision, the presence of a valid infrastructures for fossil fuels
transportation makes this kind of source the best candidate for hydrogen generation
through classical Steam Reforming or Partial Oxidation process.

Current world hydrogen production is approximately 45 million tons/year, and 90% of the
produced hydrogen is generated from fossil fuels (oil, carbon and natural gas). Hydrogen is
mostly employed in the field of nitrogen fertilizers and in the petrochemical processes.
World hydrogen consumption is due to 50% for ammonia production, 37% for oil refinery,
8% for methanol production, 4% for general uses and 1% for aerospace activities.
Unfortunately, hydrogen production from renewable sources is not economically
competitive with production from fossil fuels in the near future, but hydrogen production
in controlled conditions (for example by coupling the hydrogen production process with
CO, sequestration) could allow a reduction of pollutants emissions, especially in the highly
urbanized zone, characterized by intense truck traffic. This effect could contribute to
respect emission limits imposed by Kyoto protocol and, obviously, to make the air more
breathable in urbanized centres. However, since hydrogen is an energy carrier and not an
“alternative fuel source”, an hydrogen-based economy needs the determination of the
optimal hydrogen utilization (from economical and technical point of view) in order to
solve problems related both to its production and to global environmental impacts.

TRANSPORT AND STORAGE

After the production, hydrogen has to be transported or stored propetly. This operation
represents one of the main problems that need to be solved for the transition to a hydrogen
economy. In fact, even if it is true that hydrogen is the substance that allows the best ratio
between stored energy and weight from gravimetric point of view (about 2.5 time higher
than methane), it is necessary to consider that it has a lower energy density (about 3.2 time
lower than methane), a high volatility and a dew point of -250°C. Moreovert, the safety issue
due to hydrogen extreme reactivity and explosivity are not negligible.

The US Department of Energy (DOE) established that hydrogen will be considered an
acceptable fuel when the following target will be fulfilled:

v" Energy density of 6.5% wt. of total drum weight in hydrogen;
v" Volumetric density of 62 Kg/m3.



These targets are based on hydrogen fuel cell vehicles with autonomy of 560 Km. Actually,
there are three fundamental options for hydrogen storage:

v" Compressed gas in pressurized cylinders;
v' Liquid in vessel at low temperature and pressure;

v" In solid solution with other compounds, generally as simple or composite metal
hydrides.

Hydrogen is commonly stored in high pressure cylinders (200-350 bar). The heavy
industrial cylinders can be usefully replaced with dual walls ones made of aluminium.
Research is also focusing on cylinders made of carbon fibres, that allow pressures of about
700 bar. The disadvantage of this system is that hydrogen forms hydrides with metal,
resulting from the internal wall of the cylinder, weakening its structure.

For the liquid storage, it should be considered that it is not necessary that tanks both
undergo high pressure and have a high weight (generally the thermal insulation don’t
require materials with an high specific weight), so it can be easily reach a weight ratio that
satisfy the DOE target (6.5%), as long as the system is adequately insulated in double wall
tanks provided by cavity wall insulation; moreover, the low chemical reactivity of hydrogen
at low temperature eliminates the problem of metal fragility. This technology has been
widely developed for aerospace missions (NASA, ESA) and hydrogen, in liquid phase, has
been considered very interesting for high distance transport, like planes and rockets.

It is necessary to take into account the cost related to hydrogen condensation (the energetic
costs are about 30-40% of the liquid intrinsic energy), to thermal insulation and the safety
issue.

Another transportation method is based on the capability of hydrogen to form hydrides; the
reaction often occurs spontaneously also at room temperature and proceeds to right or left,
depending on the gaseous hydrogen pressure. The advantages in the use of hydrides are the
greater safety and the higher density reached; the disadvantage is represented by the high
temperatures (150-300°C) required for hydrogen extraction from metal hydrides and,
obviously, by the related cost.

In the future, the research work will focus on the production of tanks made of composite
materials for compressed hydrogen and complex metal hydrides, whereas new techniques
under experimentation are hydrogen adsorption in carbon nanostructures and
encapsulation in glass microstructures.

In order to use hydrogen as energy carrier, hydrogen has to be easily transportable in safety
conditions minimizing gas losses. A possible transport system is represented by pipelines
equivalent to methane pipeline, but with an improvement in piping materials. A possible
alternative could be the building of decentralized hydrogen production plants, starting from
methane, thus leaving unchanged the methane pipeline.



The aim of this PhD thesis will be the mathematical modeling of an autothermal reactor for
hydrogen production from methane, followed by an experimental campaign. Commercial
pellets catalysts will be employed, in particular Ni-based and Rh-based catalyst, and the
reactor will be designed in order to be highly compact, since the system is substantially
thought for automotive and/or residential purposes.

The attention will be focused on thermal profile developed along the catalytic bed, so that
catalyst thermal stress can be evaluated; indeed, the main problem that inhibits the
development of autothermal catalytic processes is the thermal deactivation due to high
temperatures reached. Catalyst thermal profile will be experimentally evaluated by means of
IR technology, in order to have a reliable validation of the mathematical model developed
for the reactor; then, simulations will be carried out on the reactor behaviour in situations
prohibitive from an experimental point of view.

The results will also be used for a comparison between the two commercial catalysts
selected.

In the following chapters the hydrogen production processes from methane will be
introduced, starting from the already known industrial technologies for large scale hydrogen
production, highlighting limits for their development in decentralized hydrogen production.
The experimental apparatus and procedures used in the laboratory will be also shown. The
experimental and numerical results obtained on the two catalytic systems and their
comparison will be illustrated, and finally a small section on possible future developments
will be presented, together with an overview of literature on non-conventional reactors that
can be possibly employed for hydrogen production.
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PRODUCTION PROCESS FROM METHANE

STEAM REFORMING

Steam Reforming (SR) of methane represents the main hydrogen production technology,
both on industrial and small scale stationary applications. In SR process, hydrogen is
generating by feeding methane and steam, according to the following reactions:

1) CH,+ H,0O < CO + 3H, AH 95 = 206000 KJ/Kmol  (reforming of CH,)

2) CO+ H,O« CO,+H, AH 95 = -41000 KJ/Kmol (CO shift)

3) CH,«< C+ 2H, AH 9y = 76000 KJ/Kmol  (cracking of CH,)
The process is globally endothermic and happens with an increase in mole number; thus, a

thermodynamic analysis shows that hydrogen production is favored at high temperature
(T), low pressures (P) and high steam to methane ratio (W/CH,).

steam+ CH,

500°C

J B L

tubes
with ™
cataly st

T80 C

Figure 1: Sketch of reforming reactor.
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Due to endothermicity of SR reaction, an external energy input is required; this imposes the
employment of heat-exchange reactors: in industrial plants, methane and steam are fed into
catalyst filled tubes, placed inside large combustion chambers, where methane combustion
release the heat for the endothermic SR reaction; generally, methane and air are fed to the
burners in co-current with respect to the SR feeding mixture; in this way, temperatures not
above 800°C are allowed for the process.

It can be noted that the steam reforming reaction is favoured by high temperature whereas
the CO shift ones is favoured by low temperatures; this implies that at the outlet of the
reforming reactor the stream needs to be send to a CO shift reactor that works at low
temperatures, so rich hydrogen stream can be obtained.

Steam Reforming thermodynamic is regulated substantially by two main parameters, that is
operating temperature and steam to methane ratio (W/CH,); this parameters must be
optimized in order to obtain high hydrogen yields, high methane conversion and absence of
coke formation. Even if high temperature would let practically complete methane
conversion, a general goal is to achieve a conversion which is as high as possible within
allowable operating conditions; in many cases, if the conversion approaches a value of 1,
this could damage the durability of the reactor system. The durability of the reformer is
governed by thermal durability of the reforming catalysts and the deactivation of catalyst by
coke formation. For this reason, SR temperatures generally don’t exceed 750-800°C.

To analyze thermodynamic equilibrium of SR, a general reforming reaction mechanism has
to be chosen, together with species present at equilibrium conditions.

Y.S. Seo et al. [1], describe the effect of reformer temperature and of W/CH, on process
performance, trough Aspen Plus™ software. The temperature and W/CH, values that
maximize hydrogen production and reduce CO formation are determined, imposing
equilibrium at the reactor outlet; the following species are present at equilibrium conditions:
CH,, CO, H,, C, H,0O, CO,, where C refers to solid carbon (graphite), while radicals are not
considered because the concentration of radicals is found to be negligible compared with
those of other products.

Figure 2. shows the influence of temperature on products molar fraction, and the range
where coke formation is present is also highlighted. Since the maximum allowable
temperature is 800°C, a maximum conversion of 0.99 is then possible with this technology.
As obsetved, for W/CH,=1, coke formation is present in the allowable temperature range.
In Figure 3 is shown the variability of molar fluxes of H,, CO and C with the ratio
W/CH,; it can be noted that rising this ratio increase as C decrease until to a total
disappearance for a value of 1.4, moreover the increase of W/CH, determine an increase of
H, flux and a decrease of CO one.

In Figure 4 H,, CO and C moles as a function of W/CH, are reported. As observed, coke
formation can be avoided by operating with W/CH, greater than 1.4. Moreover, an increase
in W/CH, generate and increase in hydrogen flux, with a decrement in CO production.
However, an increase in W/CH, means an increase in costs and reactor size. A conversion
of 0.99 at 800°C without carbon formation can be attained by operating at W/CH,>1.9.
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Finally, the necessity of heating and the long time for ignition and for turndown of the
process inhibits the realization of SR on vehicles or on decentralized production units.
Nevertheless, steam reforming allows to obtain the highest syngas yields with respect to

other processes, being the heating source external to the reactor.
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Figure 2: Influence of reactor temperature on composition and conversion degree at pressure of 1 bar and ratio S/ C of 1.
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THERMAL PARTIAL OXIDATION

Since the SR process is highly endothermic, heat for sustaining the process is generated in
an external apparatus, making steam reforming a major energy consumer in the chemical
industry and resulting in significant emissions of combustion gases. A main problem of
steam reforming is that only about half of the heat generated in the combustion side is
transferred to the reaction. At a large industrial site, the remaining waste heat can be
integrated in the energy network, thus minimizing overall energy losses. This is not possible
for decentralized processes, thus limiting the efficiency of SR for hydrogen production.
However, this problem can be avoided if the partial oxidation (PO) process is chosen for
producing syngas. The PO reaction is mildly exothermic, which opens the possibility for an
autothermal process without the support of an additional combustion reaction. The
reaction can be conducted non-catalytically, as a pure gas-phase reaction between methane
and oxygen, fed in a ration that allows to operate in adiabatic conditions. In the first part of
the reactor the oxidative processes take place, generating heat and steam for the subsequent
development of reforming reactions in the second part of the reactor, until thermodynamic
equilibrium is reached.

The main parameter in the partial oxidation process is the O,/CH, ratio; methane and
oxygen can react as follows:

1) CH,+0.50,— CO +2H,  AH = -36000 KJ/Kmol
2) CH,+20,— CO, +2H,0  AH 5y = -802000 KJ/Kmol

If the O,/CH,ratio is about 0.5, pattial oxidation products are favoured compated to total
combustion product, however the achievement of high temperature levels in autothermal
operation is hampered; in this way, unreacted methane doesn’t react with water, but
remains unconverted of tends to form coke. This causes a low syngas yield. In order to
reach high temperatures in autothermal mode and, thus, high syngas yields, it is necessary to
operate with O,/CH, ratios higher than 0.5; this allows the development of total
combustion reactions, with a decrease in selectivity, but also with an increase in reactor
temperature level. With the partial oxidation process is possible to solve the problem of
external heat adduction, however this process is generally employed only with high
hydrocarbons, since there are problems related to high costs of the air separation section, to
coke deposition and to the reaction control. This makes PO process unpratical and
uneconomical for small-scale applications.

Seo et al. [1] also studied the thermodynamic of partial oxidation. The stoichiometric
coefficient of oxygen varied from 0.0 to 1.2 (in Seo et al.’s work the air ratio was defined as
the half of that of oxygen).

In Figure 5 shows products equilibrium compositions as a function of air ratio, at feed
preheating temperature of 200°C and a reactor pressure of latm. A coking boundary is
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present, infact for oxygen to methane ratios higher than 0.6 there is no formation of coke;
as it can be observed, hydrogen concentration increases steeply with increasing air ratio,
while solid carbon C(s) increases to a peak near an air ratio of 0.1, reduces gradually and
finally drops to zero at an air ratio of 0.3. for an air ratio of 0.3, however, the H,
concentration reduces rapidly with increasing air ratio, which leads to increase in H,O
concentration. The CO also reduces with increasing air ratio, but its decreasing rate is
lower than H, decreasing rate. The decrease of H, and CO is contrary to the original aim of
converting methane completely to syngas, therefore operation of PO reactor with an air
ratio greater than 0.3 is clearly undesiderable.

Figure 6 reports hydrogen yield, methane conversion and adiabatic temperature in the
reactor as a function of the air ratio. At the coking boundary (air ratio of 0.3) the behavior
of both H, yield and adiabatic temperature drastically changes. The H, yield increases
steadily with the air ratio in the region with the coking, while it decreases for air ratios
higher than 0.3, resulting in a lower quality of the reformate steam, that should contain as
much hydrogen as possible. The adiabatic temperature rises with increasing air ratio, with a
more steeply increase in the region without coke formation.

It is important to remember that the partial oxidation reactor is more compact with respect
to the steam reforming one, for the presence of the external heating.

From energy efficiency point of view, the yield of partial oxidation is about of 50%,
whereas in the steam reforming is about of 65-70% and this depends both on the high
process temperatures and on heat storage inside the reactor [2].

(.50 -| :
| o Cis)
(40 | II | ot
| —i— Ha0)
| By |
= (1) £ ¥ -0
B | = —a (X
: i Lk boumckiry |
Somfb [\ i
- .'i__, - =
|
|
(L0 ;
(K]
0 1 02 3 (4 0.5 (.6

A FRh
Figure 5: Equilibrium composition at varying the air ratio; the prebeating temperature of methane and air is 200°C and
the pressure is 1 atm.
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CATALYTIC PARTIAL OXIDATION

In recent years many researchers have given their attention to catalytic partial oxidation
(CPO). Operating with catalysts, it is possible to conduct partial oxidation at lower
temperature than thermal partial oxidation, allowing the use of air instead of oxygen, and
with reactors of reduced size, since the reaction rate highly increases thanks to catalyst
action.

A huge number of studies is present in literature on reaction mechanism of catalytic partial
oxidation. In particular, the PO mechanism proposed by many authors are the following:
indirect mechanism, presented by Prette [3] and direct mechanism, presented by Schmidt
[4].

Prette et al. have reported a work on catalytic partial oxidation of methane on Ni-based
catalysts. In particular, product composition and temperature profile along the catalyst bed
have been analyzed and compared with equilibrium values, assuming that the reaction
taking place on the catalyst bed was the partial oxidation reaction. With this assumption, no
correspondence was present between experimental product composition and equilibrium
values, moreover a steeply increment of temperature was present, not compatible with
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exothermicity of the PO reaction, followed by a temperature decrease, strong soon after the
maximum and then more gradual, due to the development of endothermic reactions inside
the reactor. These results are explained by the indirect mechanism; according to it, primary
products are represented by CO, and H,O, generated by total combustion of a fraction of
ted methane with the oxygen present in the feed, while secondary products are CO and H,,
given by reforming reactions of unreacted methane with CO, e ’'H,O former produced.
Schmidt et al., in 1993, presented a work on direct oxidation of methane to CO and H, at
high temperatures on alumina monoliths coated with platinum and rhodium; the
mechanism proposed by Schmidt foresees direct partial oxidation of methane to CO and
H, through methane pirolisis, followed by carbon oxidation to CO.

Many researchers believe that the reaction mechanism depends on the catalyst employed; in
particular, both on active metal and on support nature, together with operating conditions.
Yan et al, on 2004 [5] studied the reaction mechanism of partial oxidation of methane on
two catalyst that have the same support but different active principles: Rh/SiO, and
Ru/SiO,. They showed that the partial oxidation on Ru/SiO, took place according to
mechanism proposed by Prette, whereas on Rh/SiO, according to mechanism proposed by
Schmidt. The authors justified these results on the basis of the different bond strength of
M- O.

The strong bond Ru — O prevents the reduction of metal during the partial oxidation
process, favouring the formation of the products derived from the total combustion. The
bond Rh — O instead is very weaker and it facilitates the reduction of Rh promoting the
dissociation of methane and the successive formation of products from partial oxidation.
The authors of this work studied also the reaction mechanism of partial oxidation on two
catalysts characterized by two different supports but having the same active principle:
Rh/SiO, and Rh/Al,O;. They showed that the partial oxidation on Rh/ALO; took place
toward an indirect mechanism whereas on Rh/SiO, toward a direct mechanism. The
authors justified this result on the basis of the different interaction between active principle
and support: a strong interaction inhibits metal reduction, thus favouring total partial
oxidation products.

Veser et al [6] instead, sustain that the partial oxidation mechanism is always the direct one,
not depending on catalyst employed. According to them, the reason for the different
behaviors related to different types of catalyst is not based on a sequential reaction
mechanism, but rather on the adsorption characteristics of the main reactants CH, and O,.
Since the sticking coefficient of O, is considerably higher than the hydrocarbon one, O, is
preferentially adsorbed on catalyst surface. This leads to an “over-oxidized” surface state
before ignition of the reaction, with the catalyst surface is predominantly oxygen covered.
Upon ignition, this ad layer is reacted off. During this process, the CH,/O, ratio on the
surface is initially very low, therefore leading to total combustion of hydrocarbon; after this
ignition pulse, however, a rather high carbon coverage builds up on the surface and the
reaction proceeds very selectively towards the partial oxidation products.
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However, the development of catalytic partial oxidation in the industrial technology field is
actually inhibited by the presence of peak temperatures (hot spot) along the catalyst bed,
that shorten catalyst life.

AUTOTHERMAL REFORMING

Decentralized hydrogen production and high efficiency due to internal heating supply of
autothermal process have pushed researchers effort toward the optimization of the
Autothermal Reforming. This process couples catalytic Steam Reforming and Partial
Oxidation by feeding methane, water and air to a catalyst bed; in this way, the heat for
endothermic reforming reactions is supplied by partial oxidation reactions. The catalytic
ATR, indeed, has received much attention in research during the recent years as a viable
process for hydrogen generation for fuel cell systems. It offers advantages of small unit size
and low operational temperature, easier start-up, and wider choice of materials. Moreover,
ATR has low energy requirements, high gas houtly space velocity (GHSV=Inlet flow
rate/Catalyst Volume) — at least one order of magnitude relative to SR — and lower process
temperature than PO, higher H,/CO ratio, and easily regulated H,/CO ratio by the inlet
gas composition. Recent works report detailed ATR analysis, in particular for small scale
application. Many authors have shown than water addition to the PO mixture allows an
increase in hydrogen yield together with a decrease in operating temperature (lower thermal
stress for the catalyst bed).

In the work of Seo et al. [1] (2002) a thermodynamic analysis on autothermal reforming is
also present. In Figure 7 conversion of methane, x, and temperature, T, as a function of air
ratio and water to methane ratio W/CH, are reported. The air ratio significantly affects the
conversion and the adiabatic temperature; conversion rapidly increases with the air ratio
and reaches 1.0 at an air ratio of 0.3. For air ratios greater than 0.3, the adiabatic
temperature continues to increase, although the conversion remains at 1.0; this is due to
oxidation of H, and CO to H,0O and CO, by excessive O, supply.

The W/CH, ratio also affects both the conversion and the adiabatic temperature of ATR
reactor. As the W/CH, ratio increases at a fixed air ratio, the conversion becomes lower
and the adiabatic temperature decreases. When steam is supplied to the ATR reactor, the
steam reforming reaction occurs, which is strongly endothermic; therefore, a higher W/CH,
results in a lower reactor temperature. As a result, the conversion is reduced.

19



1800

S =i
1600 | . 5.5_:3 E L
_ —a— S -0 8
s 14N —— =]
- i
44
é 12003 _
i =
TR 1 e
E 0.6 £
5 500 E
-: ol .‘—-I
_j_é' il MF 0.4
é
- BT 0.2
2000
{} 14¥
ik il 02 03 | 0.5
Aar ratio

Figure 7: Effect of air ratio and W/ CH, ratio (S/C) on adiabatic temperature and conversion degree; reactor work with a
pressure of 1 bar and a prebeating temperature of 400°C.

The C(s) formation as a function of W/CH, and air ratio is reported in Figure 8 a higher
W/CH, shifts the coking boundary to a lower air ratio and also reduces the coke formation.
As an example, the coking boundary moves from an air ratio of 0.3 to an air ratio of 0.2 if
W/CH, is increased from 0.0 to 0.1. For an W/CH, of 1.2, no coke is generated at any
value of the air ratio.

Figure 9 shows the effects of air ratio and W/CH, ratio on product composition. The
molar flow rates of H, and CO present a peak at an air ratio of 0.25 and 0.3, respectively; as
W/CH, increases, the hydrogen molar flow rates increases, but conversely the CO molatr
flow rate decreases. This demonstrates that a higher W/CH, ratio causes the H,/CO ratio
to increase. On the other hand, if the air ratio is increased above 0.25, the H, molar flow
drops more steeply than CO molar flow decrement, for the faster oxidation rate of H, than
CO in the region of high air ratio.

20



0.3

=1y =) () === 2
85004 ——5:C~0.6
=g=h.C=0§ =s=5K:{=]1.0
=@=5:C=].2

0.1

Ci{s) mole fraction
=
-

Coking boundary
il

0.0
] 0.1 0.2 03 (1.4 (.5
Adr rafio
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When methane, oxygen and water are fed to a catalyst, different reactions can take place,
depending both on catalyst type and operating conditions. However, a few number of
works is present on autothermal reforming kinetics ([7], [8]), and all of them assume that
the autothermal reforming mechanism is indirect, with reforming reactions consecutive to
total oxidation reactions.

De Grotte and Froment, in a theoretical work of 1996, show how the addition of water to a
methane-oxygen mixture cause an anticipation of steam reforming reaction, promoting the
ovetlapping between the exothermic and endothermic zone; this leads to a decrease in
temperature peak along the catalyst bed, with a lower catalyst thermal deactivation.
Therefore, a discrete number of studies is reported in literature on temperature profiles
developed during the ATR process along the catalyst bed

High reforming activity and low combustion activity of a catalyst leads in a better
overlapping of the endothermic and exothermic zone, giving a low temperature gradient
and, thus, a lower thermal deactivation of the catalyst bed. Therefore, the Rh-based catalyst
is the most appropriate for the autothermal reforming of methane. However, its high cost
and low availability inhibit its employment in the field of decentralized hydrogen
production.

A valid alternative to rhodium in terms of cost and availability is represented by Ni-based
catalyst. However, on Ni catalysts a scarce overlapping of reforming and combustion zone
is present, due to the stratification that this catalyst shows during the autothermal process

PROCESS CHOISE

The expressed purpose of this thesis is the detailed study of a catalytic reactor for small
scale decentralized hydrogen production; from the overview on hydrogen production
processes from methane, it seems clear that the best processes in terms of compactness and
fast response to load changes are the autothermal ones (CPO and ATR). Indeed, the energy
needed to sustain the reforming reactions is generated inside the reactor itself.

For these reasons, the two commercial catalysts chosen for hydrogen production will be
tested in catalytic partial oxidation and autothermal reforming conditions.
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EXSPERIMENTAL SETUP

In the following sections the experimental apparatus employed in the autothermal
reforming runs will be described. Moreover, the scheme of experimental runs employed for
the validation of the mathematical model will be described and discussed.

EXPERIMENTAL SYSTEM

The experimental system employed is described Figure 10
It consists of the following parts:

o [eeding section;

o  Reactor section,

®  DPre-treatment and gas disposal section;
o Apnalysis section.

FEEDING SECTION

Feeding section consists of three cylinders for the feeding of oxygen, methane and nitrogen at
high purity equipped with pressure regulators that allow a delivery pressure of 0-6 bar.
Flowrates of gaseous reactants are regulated by means of Mass Flow Controllers (MFC)
purchased from Brooks, having the following characteristics:

o  Model MFC 5850,

o Gas: Methane; nitrogen; oxygen;
o Flow range: 0-5 1/ miny

o Maxcimum temperature: 65°C;
o Maxcimum pressure: 100bar;

o Serial communication :RS232;
o Feeding: 2417 DC;

o  Accuracy: 0.7% vl; 0.2%fs.
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Steam is produced in situ by feeding water from a vessel properly pressurized with nitrogen;
the liquid water flow rate is controlled by a Mass Flow Controller purchased from
Bronchorst, having the following characteristics:

o Model MFC L.231702;

o Flow range: 1-300 gr/ by

o Maxcimum temperature: 65°C;
o Maxcimum pressure: 35bar;

o Serial communication: RS232;
o Feeding: 241 DC;

o Accuracy: 0.7% .

Water vaporization and reactant gas preheating is done by means of an evaporator
downstream the MFCs. The evaporator consists of two 316 stainless steel plates: in one
plate the preheating of gaseous reactants occurs, whereas in the other one there is
vaporization of water. In the plates there are two passing holes that allow the feed flow and
six blind holes to lodging six heaters (100W, 220V) that heating the plate. In order to
contain heat losses, the evaporator is insulated with rock wool.

After the preheating in the first plate, the gaseous stream is mixed to water flowing through
the second plate, that acts as a full-blown evaporator. Water is fed to a dip tube (length 6
cm, inner diameter 1 mm), that is the inner tube of a concentric tube heat exchanger; in the
annulus the preheating gas stream flows, and this stream also acts as carrier gas for the
steam produced in the evaporator channels. The mixing of the gas stream with steam allows
to limit pressure fluctuations due to local variation of temperature. Inside the evaporator,
little Pyrex glass spheres are introduced to further improve mixing between steam and
carrier gas.

Plates temperature and outlet gas temperature are controlled by a PID equipped with an
inlet for K type thermocouples and an outlet connected to a relee linked to the heaters.

To prevent water condensation in the steel tubes connected with the evaporator, strip
heaters are employed in order to feed the gaseous stream to the reactor at temperatures
higher than 100°C.
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F,: MFC per H,O
F,: MFC per N,
Fy: MFC per O,
F4: MFC per CH,
E: Evaporator

A A, Asameter
IR: Thermocam

FP: Furnace

R: Reactor

V,: Valve 4 way
V,: Valve 3 way

C: Condenser

T: Chemical trap
TC: Catalytic torch
V: Vessel for water

Figure 10: Scheme of experimental system.
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REACTOR SECTION

The reactor section consists of a reactor placed inside a furnace. In order to study the
autothermal reforming processes, a tubular reactor with a gas inlet and outlet is employed,
equipped of a housing for a thermocouple.

The choice of reactor material is done taking into account the high temperatures needed for
reaching the desired syngas yield and the nature of gaseous species.

The necessity to operate at temperatures higher than 800°C restricts the choice at quartz,
incoloy and steel; steel is discarded for the formation of hydrides due to the contemporary
presence of hydrogen and of high temperatures inside the reactor. The incoloy, instead, is
an alloy of nickel and chromium often employed in operations at high temperatures and in
presence of hydrogen, thus it could be employed for the construction of our reactor.
However, the presence of nickel in this alloy could misstate the measures by catalyzing the
reforming reaction of methane.

For these reasons, a reactor made of quartz has been chosen: this material resists at
temperatures higher than 1200°C and is inert toward the different compounds of gas
stteam. The main difficulty in the utilization of quartz is related to the scarce resistance at
thermal oscillations; this conducts to the determination of a specific procedure for the start
up and the shut-down of the reactor, avoiding to expose it to strong thermal shock that
could lead to its breaking.

The tubular reactor has an outer diameter of 25 mm and a thickness of about 2 mm; the
total length is 60 cm; gas inlet and outlet have an outer diameter of 6mm. Only a small part
of the reactor (e.g. 14 mm, corresponding to 5gr of Nickel catalyst in pellet of about 1 mm)
is filled with the catalyst; the remaining part is filled with an inert material of the same type
of catalytic support (ALO; with size of about 1 mm). ALO; is employed both for
preheating of reactants at the inlet of the catalytic bed and for reducing the issue of possible
flame propagation due to the presence of methane and oxygen, which concentrations are
inside the flammability limits; moreover, Al,O; can work as thermal barrier, capturing
radiation emitted from catalytic bed, thus increasing the thermal efficiency of the process.
The insulation of the reactor is realized by a cylindrical block made of ceramic material with
a length of 15 cm, an inner diameter of 2.5 cm and a width of 2 cm.

As mentioned above, the reactor is placed inside a vertical furnace, having a length of
heated zone of 40 cm and a reachable maximum temperature of 1200°C. The furnace is
equipped with a PID temperature controller, connected to PC by means of RS232, that
allows to reach the desired temperature in a set mode (with appropriate heating ramps) by
employing an algorithm realized in Labview; this procedures avoids strong thermal shock to
the quartz.

Pressure transducers with a measuring range of 0-6 bar and analogic output pressure
measure are placed upstream and downstream the reactor.

An overpressure valve has been placed upstream to the quartz reactor to avoid the broken
in case of anomalous pressure increasing (release pressure of about 2.5 bar).
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The experiments are carried out on two different commercial catalytic systems, purchased
from Engelhard, containing nickel e rhodium respectively, both supported on alumina.
Chemical and physical properties of these catalysts are reported in Table 1.

The nickel catalyst pellets have the shape of cylinders with a diameter of 16 mm, in which
there are four axial holes. To minimize the fluidodynamic deviation in the catalytic bed, the
cylindrical pellets are crushed into particles and then are sieved; particles with diameter in
the range 1+1.18 mm are employed as catalyst. In the experimental runs, 5gr of catalyst
have been employed, corresponding to a length of 14 mm of the Ni-catalytic bed. The
rhodium catalyst pellets also have a diameter in the range 1+1.18 mm. the Rh-catalytic bed
length is 18 mm.

Two quartz disks, with a diameter equal to the inner part of the reactor, separate the
catalytic zone from the inert one.

NICKEL | RHODIUM
Composition (wt%)
NiO 16.5 Rh 0.4
CaO 6.0 ALO, Balance
Si 0.1
AlLO, Balance
Physical properties
Bulk density (kg/litre) 0.95 Bulk density (kg/litre) 0.8
Crush strength (N/cm) 400 | Total surface area (m”™2/g) 10
Size of the spheres (mm) | 1+1.18 | Size of the spheres (mm) | 1+1.18

Table 1: Chemical-physical properties of catalysts.

PRETREATING AND DISPOSAL SECTION

The pretreating and gas disposal section consists of a water and particulate abatement system
from the gas stream outlet of catalytic reactor and from a unburned disposal system.

A part of the gas stream is sent directly to gas disposal system, undergoing to a treatment
different from that reserved for the other part. This part is sent firstly to analysis section
and then to disposal unit.

A chemical trap, CaCl,, carries out the water elimination in the gas stream sent to analysis
section, that is highly selective towards water molecules.

The solid particulate is eliminated from gas stream by means of a 45 micron filter, located
downstream the chemical trap.

The gas sent directly to gas disposal section, instead, flows inside a condenser to reduce
water concentration to a value equal to vapour pressure at the temperature of cooling fluid
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(water). The presence of condenser is due to the possibility that the water contained in
reactor outlet stream could condensate crossing cool pipelines, thus blocking them.

To avoid the absorption of part of formed CO, in the condensate (since this can occur in
physical dehydration process), the fraction of gas stream sent to analyzer does not flow
through the condenser, but it is sent directly to the chemical trap. In this way, the
experimental measurements that involve the CO, are not misstated.

Finally, the dehydrated gas stream is send to a catalytic burner, where the oxidation reaction
of all unburned contained in the gas stream takes place. This burner is represented by a
vessel with a diameter of 5 cm and length of 15 cm, equipped with two inlets (one for air
and one for the reactor outlet stream) and one outlet. Inside the burner a monolithic
catalyst is placed, purchased from Infragas, in which the active principle is platinum (3%
wt), whereas the support is cordierite (200 cell per square inch). The monolith is introduced
in order to completely fill the spaces for gas flow, avoiding by-pass.

ANALYSIS SECTION

The analysis section consists of two sub-sections, one for gas composition analysis, at the inlet
and outlet of the reactor, and one for the acquisition of thermal profiles of the solid phase
inside the reactor.

For the analysis of gas composition a continuous analyzer is employed, purchased from
ABB; it consists of three modulus:

- Caldos, an analyzer based on the measurement of thermal conductivity to monitoring the
hydrogen concentration;

- URAS, an infrared analyzer to monitor methane, carbon dioxide and carbon monoxide;

- MAGNOS, equipped with four measure fields, to monitor oxygen concentration.

These units are provided with a software for the interference corrections on the
measurement of hydrogen due to presence of the other substances.

The thermal profile inside the catalytic reactor is measured by means of a infrared (IR)
thermocamera (Phoenix, Flir System) that allows to acquire the radiation emitted in a
wavelength range of 2-5 um, with a resolution of 320*256 pixels; this radiation is emitted
from solid inside the reactor and not from external quartz wall. This thermal profile is a
fundamental measure both for model validation and for the study of catalyst behaviour
under typical autothermal reforming conditions.

All the analogical signals, from thermocouples, pressure transducers etc., are sent to a
device from National Instruments (model NI-PCI-6229) for data acquisition and
digitalization by means of an appropriate Labview algorithm.
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EXPERIMENTAL PROCEDURE

The experimental procedure is divided in following phases:

o Reactor loading;

o Catalyst pretreatment;
o Ignition;

o Experimental runs.

REACTOR LOADING

The reactor has been loaded with 5gr of nickel catalyst supported on alumina, crushed in
pellet of 1-1.18 mm to avoid the formation of preferential flow lines. The catalyst is placed
in the centre of the quartz tubular reactor, occupying a length of about 14-20 mm, between
two regions of inert material (about 12 cm of alumina of the same size of catalyst), in order
to guarantee the reactant mixing and to collect the thermal radiation emitted from the
catalytic bed. The loaded part of the reactor has been insulated by means of a ceramic block
and placed inside the furnace that is essential for the pre-treatment phase, for start-up and
for preheating of gas stream

CATALYST PRETREATMENT

After the loading, there is the reduction in situ of the catalyst, that is essential because the
active phase has been oxidized by atmospheric oxygen during the loading phase.

The reduction is made by sending a stream of H, in N, (30% H,) to the catalyst bed, at
temperature of 600°C, for about one hour. This temperature is reached under gas flux with
a heating ramp, starting from 400°C, programmed with the aim of PID that controls the
energetic flux of the furnace, with a velocity of 5 degrees/min.
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IGNITION

After the reduction phase, the furnace is regulated to set point temperature (this
temperature has to be lower than 450°C for the safety issue regarding autoignition of the
methane-air mixture sent to the reactor). Then, to limit the formation of coke at low
temperatures, the start-up is realized heating the catalytic bed at temperatures of about
700°C, by burning hydrogen in an air stream. After these operations, it is possible to feed
the reactants mixture to the reactor.

EXPERIMENTAL RUNS

The experimental runs are catried out by varying flow rate (from 1.5 to 6 N1/min), W/CH,
ratio, Air/CH, ratio and preheating temperatute of reactants.

During experimental runs the outlet composition are continuously monitored and thermal
profiles of solid phase are acquired when steady-state conditions are reached. IR image
acquisition is performed by rapidly opening the oven and sliding upwards the ceramic
insulating material to visualize the catalyst bed. The entire procedure lasts less than 5
seconds and reactor temperature proved to be constant within this time interval.

To convert IR data from photon emission to temperature, a calibration is performed by
stepwise increasing oven temperature. For each step, enough time is allowed to achieve a
stable temperature within the catalyst bed, as measured by the K-thermocouple. The
calibration is performed on the reactor loaded with catalyst and inert alumina spheres, in
the same configuration used during the experiments, to account for different material
emissivity.
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MATHEMATICAL MODEL OF FIXED BED
REACTOR UNDER STEADY-STATE CONDITIONS

INTRODUCTION

In the recent years, the developing of computational power in personal computers has
extended design and performance study field, by numerical analysis, of chemical reactors.
The complexity degree of a mathematical model depends firstly on process type and the
relative sensibility perturbation of operating conditions.

Generally, for fixed bed reactors, a classification is commonly proposed as reported in

Table 2 [9], [10]

Pseudo-homogeneous Heterogeneous models
models T#T,;C % C,
T=T;C=C,
One dimensional  Sec. 11.5 basic, ideal Sec. 11.8 + interfacial gradieﬁts
Sec. 11.6 + axial mixing Sec. 11.9 + intraparticle gradiants

Two dimensional  Sec. 11.7 + radial mixing  Sec. 11.10 + radial mixing

Table 2: Classification of model for fixed bed reactors.

There are two types of mathematical model:

e pseudo-homogeneous model, in which the presence of catalytic bed is not explicitly
taken into account, so it is assumed that the temperature and concentration
differences between solid and gaseous phase are negligible

e heterogeneous model.

Inside this classification, the mathematical model can be classified on the basis of the
descriptive detail.

The choice of the mathematical model that will be employed is a delicate issue because it
depends upon the model complexity and upon the results.
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MATHEMATICAL MODEL

GEOMETRY

The reactor utilized in this work is, as described above, a tubular fixed bed reactor with an
internal diameter of 21 mm; the catalytic bed, in pellet of about 1 mm and has a length
between 14 mm and 20 mm (depending on the catalyst used) and is enclosed inside two

inert regions, of the same size of catalytic bed, that has a length of about 10 cm.
In Figure 11a geometric schematization of the catalytic reactor is reported.
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Figure 11: Schematization of the laboratory reactor.
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MATHEMATICAL MODEL: MASS AND ENERGY BALANCE

Mathematical model utilized for the simulation is one-dimensional, dynamic, and
heterogeneous with an axial dispersion, both for heat and mass transfer, which is extended
both in catalytic zone and surrounding inert one.

In the results analysis section the necessity to use a heterogeneous description of the
process, differently from reactor models often presented in literature for ATR; moreover,
the thermal barrier provided by the inert packing upstream of the catalytic bed will be
widely discussed.

In the next section the mathematical equations that constitutes the model are discussed.

In the following paragraphs, model assumptions and their analysis will be reported in
details.

Mass balances

During autothermal reforming of methane, inside of chemical reactor there are the
tfollowing species: CH,, O,, H,O, CO, CO,, H, and N,. A mass balance for each chemical
species will be written; due to the model heterogeneity, the balance equations will be
formulated both for solid and gaseous phase.

General form of mass balance, in terms of volumetric concentration, is:

oC 0°Cy Oy Cy) 3K,

— 9 _D..
ot 1 oz ot P

: '(Ci,g _Ci,s) )

oC. a

i, v NNig

o (1-¢)

'(Ci,g _Ci,s)_ps al @,

where i indicated the progressive number of the chemical specie; all the other symbols are
shown in the nomenclature at the end of this document.

Equation (1) represents the equation relative to the gaseous phase: there is an accumulation
term on the left, whereas on the right there are the axial dispersive term, which accounts for
flux perturbation effect induced by the presence of catalytic bed, the mass diffusion term,
the convective term and the term related to the interphase mass transfer.
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Equation (2), instead, represents the mass balance for solid phase; there is an accumulation
term on the left, whereas on the right there are the interphase mass transfer and the
generation term.

The same equations are solved also in the inert regions where, obviously, the reaction rates
are zero.

Energy balance

In the following part it is reported the general form of energy balances that are utilized in
the mathematical modelling , both for solid and gaseous phase.
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where j is the progressive number of investigated chemical reactions.

The eq. (3) represents the energy balance for gaseous phase; on the left there is an
accumulation term, whereas on the right there are the axial thermal dispersion term, due to
back-mixing effect and thermal diffusion, interphase mass transfer term and, at last, the
energy exchange with external environment.

The eq. (4), instead, represents the energy balance for solid phase; on the left there is an
accumulation term, whereas on the right there are the axial thermal dispersion term, that
contains both radiant and conductive heat transfer, the interphase energy transfer term and,
at last, the generation one.
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ESTABLISHMENT OF BOUNDARY CONDITIONS

The proposed mathematical model is a system of 16 differential equations, from which 9
are partial differential equations (PDE) with variable coefficients (7 are fluid phase mass
balances for the seven chemical species and two for the energy balance of solid and gaseous
phases) and 7 ordinary differential equations (ODE) (mass balances for the seven chemical
species in solid phase) with variable coefficients; so the problem is resolved only when the
relative initial and boundary conditions are established.
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Figure 12: Schematization of the reactor.

For mass balances the boundary conditions (for a generic chemical compound ;) are:

z=0
feed
Cig =Cig )
z=L
Cy _,
oz ()

These conditions mean an imposed composition at the inlet of inert region upstream of
catalytic bed and null gradient at outlet of inert region downstream of catalyst.
For the energy balance the boundary conditions are:
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z=0
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At the inlet of inert region upstream of catalytic bed there is known temperature (equal to
that of alimentation) for the gaseous phase whereas there is a radiation condition for the
solid phase; in outlet of reactor instead is supposed a null temperature gradient in gas phase
and radiation condition for the solid phase.

Regarding interface section between inert material and catalytic bed it is imposed the
continuity of the mass and enthalpy flows, for the compositions, and for the temperatures.

ANALYSIS OF THE HYPOTHESES OF THE MODEL

In this section a detailed analysis of the principal assumption made for the writing of the
mathematical model is reported, which is the outcome of an off-line analysis related to:
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o State of gases;

o Analysis of the pressure drop;

®  Kinetics in homogeneous phase;

o Heterogeneity;

o Mass and heat dispersion in gas phase;

o Thermal conductibility and radiation;

®  Determination of external heat transfer coefficient;
®  Physical and transport properties.

STATE OF GASES

The operative conditions of pressure and temperature at which the autothermal reforming
process of methane is conducted are:

- Pressure relatively low (experimentally lower than 2 bar):
- Temperatures higher than 400 Kelvin along the length of reactor.

In these conditions, both gas and steam are considered in ideal state, so gas density can be
written as follows:

_ P*MM
T RT (11)

9

Pq

ANALYSIS OF THE PRESSURE DROP

With regard to the analysis of pressure drop in fixed bed reactor, Ergun equation is used
[11], according to it, the friction factor defined from eq. (13) is equal to:

1-¢ 1-¢
f==5-*(1.75+150*—=
s Rep) )

:Ap*pg*g*dp

(13)
L*G?
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The Ergun equation for fixed bed reactors was revised from Hicks [12] whose work
concludes that Ergun equation is applicable until the following condition is satistied:

Re /(1-¢) <500 (14)

Hicks, instead, proposed the following expression:

1.2
f=6.8+ 078" pe2 (15)
g

that is applicable for Reynolds values:

1000 < Re /(1 - &) < 5000 (16)

A conservative estimation of pressure drop induced from catalytic bed can be done
assuming a temperature around to 1000 K, a flow rate of 0.5 Nm”3/h, a void fraction of
0.42 and a pellet diameter of about 1 mm; under these circumstances it is obtained a value

of Re,/(1-¢) around to 15, so the Ergun equation is applicable; from which result an f
value around to 100 corresponding to a pressure loss of about 0.008 bat/cm, that is
negligible along the narrow length of catalytic bed. This assumption is very common in
literature and involves the absence of the equation for conservation of momentum inside
the mathematical model.

KINETICS IN HOMOGENEOUS PHASE

With regard to the kinetics, in homogeneous phase it is well-known that their contribute,
with respect to those in heterogeneous phase, is negligible. In particular, in literature ([13],
[14]) an estimation, done by means of kinetic mechanism included in GRI MECH 2.11
([15], [16]) is reported, calculated in partial oxidation conditions with stoichiometric
teeding.

From Figure 13, taken from Bizzi et al’s work (2002) [13], it can be noted that the ratio
between two reaction rates as order of magnitude is about 107-15 in a wide range of
temperatures.
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Figure 13: Comparison between methane conversion rates due to heterogeneous and homogeneons chemistry.

HETEROGENEITY

With the aim of evaluating, in a preliminary phase, the limitations to thermal transport
between solid and gaseous phase, the Mears’ criterion [17], is applied; this criterion allows
to estimate if the temperature differences between two phases are negligible, by
substantially comparing the heat generation with the interphase heat exchange.

The relationship used for the application of this criterion is:

* *
R, *d, <o.15*df—T (17)

*

f a

This inequality is verified where the difference of reaction rate, calculated considering
equals the temperatures of solid and gaseous bulk, are lower than 5%, condition considered
acceptable for the development of a pseudo-homogeneous model.
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The criterion is applied in a conservative mode, considering only the oxidation reaction,
that represents the conditions of highest heat generation; moreover, being the criterion
applicable to reactions with Arrhenius temperature dependent kinetics, it is estimated a
pseudo-activation energy for the kinetic of the reaction. The parameter values employed are

reported in Table 3

d, [mm|] 1

d, [mm] 21

h, [K]/m*>*h*K] | 840
Py 0.242
P, 0.151

Lox (18], [19]
T [K] 1000

Table 3: Model parameters.

For the estimation of the pseudo-activation energy, the kinetic expression for methane
oxidation on a commercial Ni catalyst reported in literature is employed; this expression will
be discussed further in the paragraph related to the kinetic mechanism.

The estimation takes into account the oxidation kinetic on Nickel rather than on Rhodium
because it is well known that the oxidation activity on Rhodium is higher.

In these conditions, Mears’ criterion is widely not satisfied, so it is necessary to describe the
process with a heterogeneous model; according to these considerations, it is evident that
this assumption will be better satisfied in the case of Rhodium catalyst.

For the calculation of solid-gas mass transfer coefficients, the expressions reported in

literature [20] will be employed..

Jp, =0.91**Re "“xy (18)

for Re, < 50, or:

J, =061**Re "“xy (19)

for 50 < Re, < 1000

40



Invoking the Colburn analogy, analogous expressions are considered for the calculation of
solid-gas heat transfer coefficients value [21].

MASS AND HEAT DISPERSION IN GAS PHASE

Turbulence mixing due to the pellets packing may be incorporated in the model by
considering effective axial dispersive coefficients in the gas phase, which include also
diffusion and conduction transport phenomena, for the mass and heat balance equations
respectively.

A rough estimation of the mixing effects can be done trough the calculation of the ratio
L/dp. If this ratio is higher than 50 [22], then mixing transport phenomena can be
neglected. In our case, the pellet diameter is 1 mm and the bed length 1 cm, thus leading to
L./dp equal to 10, which does not allow us to neglect mixing effects.

A more precise evaluation of the mixing relevance on the mass transport phenomena can
be done trough the calculation of the mass Peclet number, given by the ratio between the
rate of transport by convection and the rate of transport by mass dispersion:

Pe — _int (20)

Considering that flow rate equal to 3 NI/h, the real gas-phase velocity rises to values of
around 0.7 m/s if we include the presence of the solid (e.g., with a fixed bed porosity of
0.42) and the effect of high temperature in the reactor (e.g., 800 K). With a diffusion
coefficient around 3*10-4 m2/s, the mass Peclet number is slightly higher than 30. By a
comparison with data reported in the literature [23] and [24], at these values of the Peclet
number (<500), mass dispersion transport phenomena cannot be neglected.

For the calculation of mass axial dispersion coefficient, the following expression reported in
literature [25] are used.

0.73*¢ 0.5
Deff,i:Vi*dp*[R +S + 9 7%z ] &
ep Ci (1_|_—
Re ,* Sc,
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valid for:
0.008<Re, <50 2

0.377 <d b < 6mm (23)

Similarly, the relevance of heat dispersion can be estimated evaluating the heat Peclet
number:

Pe :Vint*L*pg*Cp,g (24)
" K. *MM

eff ,g

which in our conditions is one order of magnitude lower that the mass Peclet number.

THERMAL CONDUCIBILITY AND RADIATION

For processes of partial oxidation and autothermal reforming, a very important topic for
the development of a reliable mathematical model, considering the high temperatures
and/or gradients inside of catalytic bed, is the analysis of energy transfer phenomenon.
Experimental analysis and modelling of recent work in literature [26], [27], [28], [116],
[117], [118] besides of the runs carried out by ourselves, show that the phenomenon of
heating of inert region upstream catalytic bed (near oxidation region) is pronounced; this
phenomenon, that will be shown in details in the following sections by IR experimental
measures of temperature, highlights that considering the inlet temperature at the catalytic
bed equal to that of reagent feeding is wrong because this value, is underestimated, in some
cases, also of hundred degrees.

In fact, from these considerations, is born the necessity to develop a mathematical model
that is expanded to inert regions in contact with the catalytic bed.

The evaluation of this phenomenon is included, mathematically, inside the axial thermal
dispersion coefficient.
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In particular, for the gas phase the thermal phenomena that have to be consider are the
conductive and radiant dispersion and backmixing, whereas for the solid phase in fixed bed
reactors the radiant and conductive thermal phenomena have to be consider.

Obviously, the experimental evaluation of these phenomena is rather difficult; at this
purpose, there are many theoretical and experimental works for evaluation of axial thermal
dispersion in fixed bed [29], [30], [31], [32], [34],[33], [36], [37], [38], [39], [40].

In particular, the first values of axial thermal conductibility in fixed bed were obtained by
Yagi et al [32] by means of experimental measures of axial temperature along a fixed bed
heated by an infrared lamp and crossed from a known countercurrent air stream; the
interpolation of these measures with a conductive-convective mathematical model led to
the determination of parameter of interest.

The experiments, carried out on different materials and dimensions of the catalytic bed led
to determination of following expression:

Ky o =K #k% +0*Pr«Re

eff ,ax

(25)

This expression is then verified from ulterior experimental analysis of the other Authors,
also with different materials and shapes of the constitutes of the bed, determining its
validity for a Reynolds number higher than 0.8.

The first term of this expression, also shown from previous work [29], [30], [34],
represents the effective axial thermal conductibility value for beds in a stagnant flow,
including also conductive phenomena that interest substantially the solid phase; commonly,
Krupiczka’s expression is utilized [35] R. Krupiczka, Chim. Ind. Genie Chim.; 95 (6), 1393,
(1966).

[36 [36] according to which:

k% [k
=|— (26)
kf kf
where:
n=0.28-0.757 * Iog(g )—0.057* log Ik(—s (27)

f
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The experiments are carried out at low temperatures and in absence of high temperature
gradients so, it is evident, that in the above expression are considered conductive, and
convective phenomena but not the radiation ones.

Instead, when the bed is submitted to high thermal levels and gradients, as in autothermal
processes for the hydrogen production, it is necessary to consider also the radiant effects.
With this purpose, Wakao and Kato [37] proposed the following expression:

k% — k% (CONDUCTIVE) + k% (RADIANT ) 29
where

111
k° (RADIANT )=k, *0.707 * Nu,”™ *[E—f] 29
valid for

20 < —=-<1000 (30)
f

Nu, <0.3 (31)

and where

Ny =—_ P (32)
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and

2 _ 9.4 \100

€

0.2268 (T )3
h — % 33)

For the presence of water and carbon dioxide, also for the gas phase would be considered
the radiant phenomenon; with this purpose Wakao [41] proposed also a modified
expression of hr for gas phase. But it has to be considered that the emissivity of gaseous
compounds is strongly dependent from temperature, void dimension and partial pressure,
that in fixed bed generally have very low value and so, in this work, it is neglected.

For example, the emissivity of CO2 at high temperature (about 1200 K) and in a void
radius of 1 cm has a value of just 0.05 [42].

DETERMINATION OF THE EXTERNAL HEAT TRANSFER COEFFICIENT

In equation (3) of the proposed mathematical model there is the external heat transfer
term and it is necessary to know global external heat transfer coefficient hyypy. The
determination of this value is done off-line by means of experimental measures opportunely
realized. The energy balance, in steady-state for a non-reactive fixed bed reactor, is written
as follows:

o°T oT. 4 1

0: eﬁ’g g_V_ _g__.h . .T _T
P, C 822 int az d oven 0 £.C (g oven) 34

r g p.g

So, if the reactor is submitted to a non-reactive mixture flow (with known physical and
transport properties) and the thermal profile inside the bed is measured, it is possible to
determine the global heat transfer coefficient, if the external temperature is known.

On the basis of these observations, experimental runs were conducted on the same reactor
of reforming runs (with the same insulating ceramic material) placed inside the furnace
with a fixed temperature and submitted to a known nitrogen flow (non-reactive mixture).
The reactor was equipped with a mobile thermocouple, by means a quartz coaxial sleeve,
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for the measure of axial thermal profile; in this type of experiment it is possible to use a
thermocouple for the measure of thermal profile because in non-reactive system the
temperature differences between the two phases are equal to zero.

With this experimental protocol, two experimental runs have been realized with different
temperature of the external oven (623 and 773K respectively); at each value, thermal profile
has been measured.

In Figure 14, the red and blue points indicate the experimental results obtained. Results are
then fitted through equation (34) considering the global external heat transfer coefficient
as unknown parameter. From Figure 14 (dotted and continuous lines) it can be noted that
the results of both the experimental runs are satisfactorily fitted from the proposed
equation with a value of h_ ., equal to 9 W/m’K. It is necessary to highlight that the global
external heat transfer coefficient results independent from the temperature used in the
investigated range.
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Figure 14: Axial thermal profile at steady state conditions: pressure:1.7 bar;; nitrogen flow: 4 NI/ min; oven temperature:
623 and 773 K.

The experimental value of global heat transfer coefficient obtained by these runs will be
employed in this work for all the simulations that will be carried out.
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PHYSICAL AND TRANSPORT PROPERTIES

Inside the proposed mathematical model the kinetic law and all the physical and transport
properties of gaseous and solid phases have to be defined.

The kinetic law, that is strongly dependent of nature of the catalyst, will be discussed in the
tfollowing sections, where results obtained with both Nickel and Rhodium catalytic systems
will be reported, whereas the physical and transport parameters will not be discussed here;
these parameters, indeed, are all function of temperature and composition, and so they are
variable along the reactor, so they are calculated by means of well-known relationships
commonly employed in chemical engineering field [20].

NUMERICAL METHOD

The mathematical model, constituted by differential equations of material balances and heat
balances (16 differential equations, 9 partial derivative “PDE” and 7 ordinary differential
equations “ODE”, all with variable coefficients), has to be numerically solved, so it is
necessary to approximate the problem with differential formulas [60].

From the solution of these approximated equations, scalar values of unknown functions
can be obtained, that are a series of values that correspond to a set of points on the domain.
These values are the scalar unknown quantity of the “approximate problem”, that
substitutes the real problem.

The differential equations with partial derivative represent a good relation on all the points
of the integration domain. For this reason, it is possible to write for each point an equation
as long as the partial derivatives are expressed in function of the scalar unknown quantity.
The expressions of the partial derivative approximate from functions with scalar unknown
quantity determine the solve method adopted, implicit or explicit. Moreover, depending on
the way the partial derivative are expressed, there are discretization errors with respect to
integration step in space and in time.

The truncation error that represents the difference between the solution of the starting
differential equation and its approximation, depends on the form of the truncation error
itself (round off), related to finite dimension of the machine registry.

Another important information is the definition of local and global truncation error: the
first correspond to the difference between the exact solution starting from the previous step
and the calculated value, whereas the second is the difference between the exact solution
and the calculated value. In conclusion, the global error is due to combination of the
different local errors but is not really the arithmetic sum.

The amplification of the errors in the solutions represents the so-called instability
phenomenon of numerical method chosen. A method is defined stable if the difference
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between the exact solution of the initial problem (without approximation) and numerically
calculated value (with approximation) does not diverge for infinite time. The stability of a
numerical method depends both on the solve method and on the form of the starting
differential equation, so if the sample differential equation that have to be solved is fixed, it
is possible evaluate the extreme stability of a method.

DISCRETIZATION OF THE SYSTEM

From previous discussions, it is gathered that, in order to solve the model numerically, it
has to be divided in “nodes”, that is, a series of volumes with little but finite dimensions.
[61].

The nodes are numerated, in the space, along the axis of the system (Figure 15) the inlet
and outlet nodes (respectively 0 and n+1) are simply nodes of convective transport.

;1;2; NlNN+l

Figure 15: Schematization of the spatial discretization of the system.

After the discretization of the system in the space, it is possible to formulate a differential
equation for each node that will be ordinary type, because it is differentiable only in the
time.

The chosen spatial discretization method is the backward finite difference formula, that is,
in node 1 the expression of first derivative (since in this case there are not diffusive terms,
so there are not second derivatives) will be approximated:

8y Yi = VYiu 2
I +0(Az") (35)
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where y represents the generic unknown function and i the nodes studied.

So the model is constituted of a set of ordinary differential equations (ODE) that are solved
by means of numerical methods with a computer.

With this aim it was chosen a solver found in the library of the software of
“WolframResearch” Mathematica® that is named NDsolve.

The syntax of this solver is the following:

NDsolve[{y’\[t]==y[t],....y . [t]==Y.[t]} {)71[0]::),-”1’, . 'J.Vn[0]==.yau}: Wilth-- sy lth {6ttt ]

In the syntax, the vector of the differential equation system is assigned, together with the
vector of the starting conditions, of the solution functions and finally the integration time
span; then the software calculates the numerical solution of each system, employing the
explicit Runge-Kutta method as integration method, which order is automatically managed
by the solver (this is a default option, but a manually management is possible).
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RESULTS ON NICKEL BASIS CATALYST

The main purpose of the present work is the validation of the proposed mathematical
model by comparing the calculated results with the experimental data. These data are
obtained through runs performed with the experimental device previously presented.

In particular, the present chapter shows data obtained using a commercial Nickel catalyst.
The performed analysis is summarized in the following steps:

o Thermodynamic analysis for the evaluation of the experimental conditions that avoid coke formation
o Analysis of the kinetic mechanism of the autothermal reforming of methane over Nickel catalyst

o Numerical-experimental prediction of the overlapping between the oxidative and the reforming zone
o  Runs at different flow rates and feed compositions

o Numerical simulations and comparison with the experimental data

o Numerical-excperimental considerations on transport phenomena and model limitations

o Conclusions for CPO and ATR processes on commercial Nickel catalyst.

Each simulation reported is performed at an inlet bed temperature higher then 750K (near
the activation temperature of the catalyst), as previously described in the experimental
section, and a start-up with an empty reactor is assumed, that is, a the reactor is assumed to
be vessel initially filled with nitrogen (no reactants at initial conditions). This situation does
not influence the process kinetic, so the vessel, at the start-up, can be considered in
stationary conditions.

THERMODYNAMIC ANALYSIS

The experimental program is performed making a thermodynamic preliminary study to
obtain the feed ratio (Air/CH,) that avoids coke formation. Indeed, coke formation is
undesired and, consequently, it is not foreseen by the kinetic models adopted.

It is important to note that the thermodynamic information reported in the present
paragraph, independently from the catalyst, are considered a pattern also for the
compilation of the experimental program on the commercial Rhodium catalyst shown in
the next sections. The thermodynamic analysis of the target process is realized using Aspen

Plus, the software of the Aspen Technology [65].
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In particular, the simulations are conducted by adopting the following characteristics
including in that software:

®  Reactor RGibbs tpe;
o Property method Peng-Robinson.

In details, the RGibbs reactor allows the determination of the thermodynamic equilibrium
conditions by means of the minimization of the Gibbs free energy; this model can be used
for the following equilibriums:

e Single phase (liquid o steam);

e Steam phase in presence of different liquid phases;
e Solid phase in solution;

e Conventional solid compounds in liquid phase.

The property method Peng-Robinson is commonly used in the thermodynamic analysis of polar
and non-polar mixtures, in particular for light hydrocarbons and gases.

From a literature survey [1] it is well known that the addition of water to the feed of partial
oxidation processes, from a thermodynamic point of view, limits coke production. So, it is
clear that a conservative analysis have to be realized in the case of partial oxidation, in order
to find the feed Air/CH, ratio that allows this conditions.

The operative conditions adopted in the simulation are summarized in Table 4

Reactor type RGibbs
External duty nullo
Preheating temperature [K] 623
Pressure [bar] 2
Feed ratio Air/CH4 2-5
Feed ratio H20/CH4 0

Table 4: Range of the parameters used for the thermodynamic analysis.
In Figure 16 results of the simulations obtained with Aspen Plus are shown.

In particular, the yield in CO, H, and C (graphitic) are reported; the expressions of these
parameters are the following:
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YieldC = 36
yC + yCO + yCOZ + yCH4 ( )

YieldCO = Yeo (37)
Ye t ¥Yeo T Yeo2 T Yena

YieldCO = Yeo (38)
Ye + Yeo T Yeoz T Yena

where y, are the equilibrium compositions.

From the figure it is clear that thermodynamic foresees the absence of coke for Air/CH,
values higher then 2.8 and a non monotonous trend of syngas yield, with a maximum in
correspondence of value a little higher than 3.
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Figure 16: Thermodynamics data simulated using and adiabatic RGibbs reactor for a CPO process done with air and
prebeating temperature of 623K
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It is important to stress that the reported estimation have a qualitative significance because
it is based on particular assumptions; in fact, the reactor is assumed to be adiabatic and the
thermodynamic parameters of carbon are assumed to be the parameters of graphite. For
these reasons, experimentally, it is preferred to work in conservative condition (referred to
coke formation), so an air/methane ratio of about 3.125 is assumed, in order to be sute to
avoid coke formation.

On the basis of previous considerations, the experimental program, at fixed Air/CH, ratio
and fixed preheating temperature, foresees runs at different H,O/CH, ratios (in the range
0-2) and at different the total flow rates, in the range 1.5-6 NI/min.

KINETIC MODEL

In the present work, according to literature information, the ATR (autothermal reforming)
is defined as the combination between CPO (catalytic partial oxidation) and SR (steam
reforming), at operative conditions that allows the process to be autothermic; it is important
to note that also the CPO is potentially an autothermal process.

During the evolution of this type of processes, the chemical compounds that have to be
taken in account are CH,, H,0, O,, N,, CO,, CO, H,, C; among these, CH,, H,0O, O,, N,
constitute the feed (nitrogen has to be considered when the oxygen is fed through air).

MECHANISM AND KINETIC SCHEME

From a literature investigation on the reactive mechanism of the CPO and ATR processes,
it is clear that there are two possibilities, that is, direct and indirect mechanism [4], [3],
depending on the catalyst and on the support.

Substantially, the direct mechanism foresees the direct conversion of the methane in CO
and H, according to the following reaction:

CH4 + 202 — CO + 2H2 partial oxidation

this reaction is obviously in competition with the total oxidation and with the reforming
reactions.
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The indirect mechanism, instead, foresees only the total combustion reaction with the
production of CO,, H,O and heat. This step allows the development of the endothermic
reactions of reforming: in fact, the produced H,O is a reactant for the refroming reactions,
and the heat released in the first step substains the endothermicity of the steam reforming
process.

In the case of commercial Nickel supported on alumina, it is well known that the
mechanism is indirect [43], [44], [45] so it is possible to write the following reactions:

1) CH, +20,— CO,+ 2H,0O total combustion

2) CH,+ H,0+ CO + 3H, steam reforming a CO

3) CO+H,0 o CO,+H, CO shift

4) CH,+ 2H,0 < CO, +4H, direct steam reforming to CO,

5) 2CO < C + CO, Boudouard reaction

6) CH, & C+ 2H, cracking

7) C+H,O«+< CO+H, carbon gasification with H,O
8) C+ O, CO, carbon gasification with O,

Generally, it is important to know the weight of the reactions numbers 5 and 8 on the
processes economy. From literature indications based on different thermodynamic criteria,
it is clear that these reactions, in general, are negligible.

In fact, a detailed analysis of these reactions by means of a model that well describes also
carbon production and gasification is impossible, for the absences of reliable kinetic data.
At the moment, De Groote et al. [43] only had a kinetic approach to this problem, but they
used kinetic data not published; Van Hook [46] and Wagner e Froment [47] instead,
proposed a thermodynamic criteria applied in order to eliminate coke formation.

In the present work, the thermodynamic analysis shown in the previous paragraph is used
to evaluate the experimental conditions that avoid coke formation.
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EQUATIONS OF KINETIC SCHEME

Based on the previous considerations the target reaction network is completely identified:

1) CH,+20,— CO,+2H,0 AH gy = -802000 KJ/Kmol
2) CH,+H,0 < CO+3H,  AH = 206000 KJ/Kmol
3) CO+ H,0 < CO,+ H, AH 55 = -41000 KJ /Kmol

4) CH,+ 2H,0 <> CO, + 4H, AH = 165000 KJ /Kmol

Related to this reaction network, there are many studies devoted to determinate reliable
kinetic model. Obviously, for catalytic processes, the determinations of the kinetic model is
various and debated, since it is strongly affected by the catalyst (first of all, it is affected by
the active site, but also by eventual chemical promoter in addition to the active site). On the
other hand, since the research on the catalysis of this process is continually in evolution, at
the moment a catalyst standard does not exist, so the references are the industrial ones;
among these, the most used is the nickel catalyst.

KINETIC EVOLUTION OF THE PROCESSES

Once the reaction network is known, the successive step is the individuation of temporal
evolution of these processes; in other words, it is important to determinate how the
processes develop (series or parallel).

Since the feed of autothermal reforming is constituted by methane, water and oxygen, it is
possible to imagine that the reactions develop at the same time (in parallel), but this is a
wrong conclusion, because the processes are catalyzed, so it is important to know the
conditions, imposed by the catalyst, that promote one reaction instead of another.

To this aim, it is important to note that the activation of a Nickel catalyst toward reforming
processes is obtained by reducing it; this operation is physically reliable by making a
reduction of the catalyst, for example, with a stream of hydrogen at high temperature
(about 900 K) in situ (because the catalyst in contact with air re-oxides itself). However,
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during autothermal reforming, the catalyst is not ever completely reduced because, even if
this situation is realized at the start-up, the feed also contains by oxygen.

These considerations allow to affirm that the assumption found in literature on the
simulation of this type of processes (reaction in parallel) is unreliable, because the reforming
reactions are delayed with respect to the oxidation.

Since this type of processes quickly develops, to determinate experimentally the delay is
difficult so there are different positions on this argument; from a literature survey [43],
[44], [48], [49] it is evident that the Nickel catalyst supported on alumina, in presence of a
methane and oxygen stream, shows three different zones, corresponding to three different
oxidation states. The presence of these three regions is due to the affinity of nickel with
oxygen; this affinity increases with decreasing working temperature.

In Figure 17 the stratification obtained on Ni-based catalyst is reported: in the first zone,
the catalyst is in the oxidized form NiALO, + aALO,, with low activity for total
combustion and no activity for reforming reactions; in the second region, it appears in the
oxidized form NiO/aALO;, with high activity for combustion; in this section, O, is
completely reacted; the last zone, instead, is represented by Ni in its reduced state

(Ni/aALO,), so the catalyst has an high activity toward the reforming reactions.

CH4/ 0O
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[ ] NiA|204 + OLA|203
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Figure 17: Sketch of the catalytic Ni/ AI203 during the oxidation of methane at different temperatures.

According to these results, nickel’s stratification has to be included in the model to have a
correct numerical analysis when the feed contains oxygen, as in the case of the autothermal
reforming; in particular, the following scheme for the catalyst is adopted in the present
study Figure 18:
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Figure 18: Sketch of a stratification of Nickel catalyst..

In other words, the situation in which the catalyst is in the oxidized form NiALO,/aAlLO;
is neglected; the zone in which only the oxidation reaction develops (catalyst in the form
NiO/aALQ,) is instead taken into account.

In the orange area, because of the low oxygen concentration, the catalyst shows a reduced
surface, thus leading to an overlapping of the oxidation process with the reforming and
water gas shift reactions.

All these aspects are taken into account during the numerical analysis, shifting opportunely
the reforming and the water gas shift reactions with respect to the combustion; in other
words, the kinetic equations are multiplied for a delay factor, that takes into account the
oxidation state of the catalyst.

An expression of the delay factor given in literature [43] proposes it as a function of the
oxygen conversion degree (X(,"), with the value of n calculated by fitting the experimental
data only in correspondence of the maximum temperatures in POX processes (n=12). In
the case of ATR, experimental data for the fitting does not exist ,so this parameter has to be
verified in experimental mode.

A target of the present work is the prediction of the overlapping between the oxidative and
the reforming zone, because this overlapping is the main cause of the thermal hot spots,
that is, the main cause of catalyst thermal deactivation.

EXPRESSION AND KINETIC PARAMETERS

Concerning to the reforming reactions, in literature there are three kinetic models well
consolidated for nickel catalyst [50], [51], [52], [53], the differences among these models

are due to the different catalyst composition and to operating conditions.
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In the following table, the characteristics of the catalyst used in the cited papers and the
experimental conditions adopted are reported:

Xu e Froment | Numaguchie | K. Houe R.
(1989) Kikuchi Hughes
(1988) (2001)
Catalytic system Ni/MgO-Al, O, Ni/ALO, Ni/ALO; (ICI)
Metal content (wt%o) 15.2 8.7 15-17
Superficial area of metal (m*/g) 4.1 3.6 14.3
Density (Kg/m”) 1870 1970 NaN
Experimental temperature (K) 773-848 >1160 798-823
Experimental pressure (bar) 3-15 >25 1-6

Table 5: Physical properties of the catalytic systems used for to determinate the kinetic parameters of reforming reactions
reported by literature [50], [52], [53]

In general, the choice of the kinetic model is linked to the computational complications
during the simulation because all the models proposed are reliable.

The main problem is the availability of kinetic data of total oxidation on Nickel catalyst in
literature, because the present work is devoted both to a quantitative and qualitative
analysis. In particular, the expressions in the case of noble metals (Pt, Rh, Pd, Ir) at low
temperatures (lower then 1000K) are known, while in the case of Nickel catalyst and
temperatures higher then 973 K the reported data are obtained in oxidation runs with an
excess of air and with a low partial pressure of the reactants [54], and this situation is far
from the ATR.

For this reason in modelling works [18], [45], [55], [56], the reforming kinetics are coupled
with the oxidation kinetics on platinum catalyst [57], [58] in particular in the paper [45]
these are rearranged, changing the absorption factors, for Nickel catalyst. In a recent paper
[59] there is a kinetic study devoted to determine the kinetic parameters of total oxidation
and of reforming of methane on Nickel catalyst, in typical ATR conditions (high
temperatures and feds typical of CPO); the results reported are used in the present work.

Reactions and kinetic expressions

The kinetic expressions of the reactions taken into account and the corresponding kinetic
parameters are reported below:

1) CH,+20,— CO,+2H,0 AH gy = -802000 KJ/Kmol
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2) CH,+H,0 < CO+3H,  AHgy = 206000 KJ/Kmol
3) CO+H,0 < CO,+H, AH 5 = -41000 KJ /Kmol

4) CH,+ 2H,0 <> CO, + 4H, AH = 165000 KJ/Kmole

0.5
r Kl pCH4 p02

1= 05
(1+ KC,CH4 Pena Kc,oz Poz )2

Kz(pCH4 Ph2o — pﬂz Pco / qu)

r, =
pﬁﬁz 1+ KeoPeo + Kz Prz T Kena Popa + Kiizo Przo / sz)2

_ Ks(pco Pr20 = Ph2 Peoz / Kseq
sz(:l-+ KeoPeo + Kz Pz +Kena Pens +Kiizo Przo / pH2)2

I3

— K4(pCH4 pﬁlZO B pliz Pcoz / K:q
pﬁug (L+KeoPeo + Kz Prz + Kena Pena + Kizo Przo / pH2)2

Iy

Where:

o K, K, K, K, are the Arrhenius kinetic constants (K =k *Exp(-E,/RT))

o K, K*;, K, are the equilibrium constants;

39)

(40)

#1)

#)

o Keons Keon Keor K, Kepws Kippo are the absorption constants (K=k,*Exp(-

H,/RT)).
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Kinetic parameters

Reaction k,; (mole/Kg_, ) E,; (KJ/Kmol)
1 3.287%10° (bar™?) 30800
2 9.048*10"" (bar™) 209500
3 5.43%10° (bar™) 70200
4 2.14%10” (bar ™) 211500

Table 6: Kinetic constants and activation energy.

Reaction Equilibrium constant
2 1.1669*1013Exp(—26830/T) (barz)
3 1.767*1 O‘ZExp (4400/T)
4 7.052*10“Exp(—22430/"[) (barz)

Table 7: Equilibrium constant for reforming reactions.

Specie I,; (bar ) H, (KJ/Kmol)
CH, (combustion) 2.02¥10° 136330
O, (combustion) 7.4¢10° (bar®) -57970
CH, 1.995%10° 136650
CO 8.11%10° 70230
H, 7.05%10° -82550
H,0 1.68+10" bar 85770

Table 8: Absorption constant.

KINETIC DELAY: THEORETICAL AND EXPERIMENTAL
ANALYSIS

As already said, the reaction mechanism in the case of CPO or ATR processes on Nickel
catalyst is of indirect type; the delay time between the reforming and the oxidation reactions
is unknown; this delay is calculated by Froment et al. [43] in the case of CPO process, by
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fitting the maximum temperatures. There are not experimental data reliable in the case of
water addition to the feed (ATR), moreover there are no information on the effect of water
addition on the overlapping between oxidation and reforming reactions.

In the present work, the first aim is the prediction of the overlapping between the oxidative
and the reforming reactions in the case of Nickel catalyst when water is added to the feed.
In the following section, the insertion of this effect in the proposed mathematical model
will be described. In particular, the delay function cited in the previous chapters will be
used:

n

Xo2 “43)

This function multiplies the kinetic expression of the reforming and of the water gas shift
rates, so these reactions are delayed with respect to the total oxidation rate by a function of
the oxygen conversion degree, that is, a function of the catalyst oxidation degree.

Through the introduction of this function a mathematical model of the autothermal reactor
is obtained, where the only parameters is “n”: this parameter will be calculated by fitting the
experimental data.

To this aim, in Figure 19, the thermal experimental profile of the solid phase measured
through IR technology are reported, at GHSV of 48 Nm’/h*Kg, oven temperature of
623K, feed Air/CH, ratio of 3.125 and feed H,0O/CH, ratio of 1.2.

In the optimization procedure, the developed model will be solved in correspondence of
these conditions.

In the figure, the zero value of the x-axes corresponds to the inlet of the catalytic bed, with
its total length of 14 mm.

The thermal profile of the solid phase shows an evident thermal hot-spot at the inlet of the
catalytic bed, due to the low overlapping between exothermic and endothermic reactions. It
is also possible to see that the temperature at the inlet of the catalytic bed is higher then the
temperature of the gas fed to the reactor; this situation can be ascribed to the not negligible
a heating of the inert zone placed before the catalytic bed. The heating up of the inert zone
induces the necessity of extending the mathematical model written for the reforming
reactor also to this inert zone. This heating can be ascribed to the radiant and conduction
heat transfer phenomena in the solid phase.

In Figure 20 the comparison between the experimental and the simulated thermal profile is
reported, with varying the factor n.

At first sight, it is possible to note that the maximum temperature increases with increasing
the delay time, while the temperature at the outlet decreases; this second effect is less
evident then the first one. This behaviour can be explained noting that there is a low
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overlapping between oxidation and reforming processes when n increases, that is, there are
higher maximum temperatures.

From the figure, it is also possible to note that there is a very good agreement between
experimental and simulated data for n equal to 12, and this value is equal to that reported in
literature [43] for the partial oxidation processes. So, it is possible to affirm that the kinetic
mechanism and the low overlapping between the reforming and the oxidation reactions
does not change with the addition of water to the partial oxidation feed, thus showing an
hot-spot at the inlet of the catalytic bed.
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Figure 19: Experimental thermal profile of a solid phase. Flow rate 4 NI/ min, ratio A/ CH4= 3.125 and prebeating
temperature of 623 K.
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Figure 20: Comparison between experimental and numerical data varying the value of parameter “n”. Flow rate 4
NI/ min, ratio A/ CH4= 3.125 and prebeating temperature of 623 K.

Obviously now it is also possible to quantify this delay; to this purpose in Figure 21 the
conversion degree and the delay factor values are plotted along the whole length of the
catalytic bed using the results of the same simulation.

It is possible to note that the delay factor and the reforming rate are equal to zero at the
inlet of the catalytic bed, whereas they become relevant in correspondence of an oxygen
conversion degree near 90%; this results is in agreement with the literature information on
the stratification of the Nickel catalyst under streams of partial oxidation [44]. It is also
possible to note that the oxygen conversion degree is not equal to zero at the inlet of the
catalytic bed, for the presence of the axial back-mixing phenomena, considered in the
model.

In the following figure it is shown that in the 15% of the catalyst (at the entrance of the
bed) only the oxidation reaction evolves, instead in the successive 20% there is the
overlapping between the oxidation and the reforming processes; the remaining part at the
end of the catalytic bed is dedicated only to reforming reactions.
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Figure 21: Simulated profile of oxygen conversion degree and delay function along the reactor. Flow rate 4 NI/ min, ratios
A/CH4= 3.125, W/ CH4=1.2 and prebeating temperature of 623 K.

To this point, once “n” had been calculated, the mathematical model is completely defined,
so it is possible to validate it through the comparison between experimental and numerical
data for different operative conditions, with a fixed value of n; subsequently, the model will
be studied in operating conditions that are hardly attainable through experiments.

EXPERIMENTAL RUNS AND COMPARISON WITH THE
SIMULATED DATA

In this section, the results obtained during the experimental runs are reported in terms of
thermal profiles of the solid phase along the reactor and in terms of composition at the out.
The results of the simulation varying the flow rate and the fed composition are also
reported.

In the simulations reported below the mathematical expressions and the delay function are
not changed.
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RUNS VARYING THE FLOW RATE

In Figure 22 the thermal profiles of solid phase, recorded by using a IR thermo-cam, are

reported. These date are obtained varying the flow rate in the range 1.5+6 NI/min, once
fixed the feed ratios (Air/methane=3.125 and water/methane=1.2), and the preheating
temperature (623 K).

For all the investigated flow rates, a distinct peak in the temperature profile close to the
reactor entrance is visible, and its axial position is only slightly affected by the flow rate. The
peak presence means that the oxidation and reaction zone are separated, and this is typical
of an indirect kinetics mechanism. As it appears from Figure 22 an increase in the flow
rate implies an increase in the temperature along the catalytic bed, due to an improved heat
generation. On the other hand, the increase in flow rate determines a decrease in
temperatures in the inert section placed upstream the catalyst bed for the more efficient
cooling due to a more efficient convection transport mechanism with respect to heat
dispersion (i.e., radiation and conduction).
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Figure 22: Experimental thermal profile of solid phase varying the flow rate. Fedd ratios A/ C=3.125, W/C=1.2 and
prebeating temperature of 623 K.
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In the following part is reported the comparison between the thermal profiles of the solid
phase obtained during the experimentation and those calculated with the mathematical
model.

The reported simulations are obtained with the same value of n previously calculated.

In Figure 23, it is reported, separately, the comparison between experimental and simulated
thermal profile varying the flow rate and it is possible to see that for each flow rate
investigated there is a good agreement.

In particular, the Figure 23Figure 24 andFigure 25 show respectively the simultaneous
comparison between simulated and experimental thermal profiles (for graphic clarity are
not shown all profiles available) and the simultaneous comparison of all profiles simulated,;
also can be seen as the model can also emphasize the considerations made first on the
intersection of thermal profiles in the region inert.

The good agreement between numerical and experimental data reveals that the flow rate
does not affects the oxidation/reforming reaction ovetlapping, at least in the investigated
range, since n=12 gives satisfactory predictions for flow rate in the range 1.5-6NI/min.

The observation that the peak position does not depend on the flow rate is in agreement
with experimental data by /26], [28] for CPO over rhodium catalysts, while it is at variance
with the predictions presented in [43], [62] for CPO process.

At industrial pressure, model simulations [43], [62] predict a significant shift of peak
position as the flow rate increases.

The appearance and the entity of the peak is flow rate dependent, as experimentally shown
by /63] with the same reactor; this is confirmed by our simulations (not shown), as the peak
is small for Q<1NI/min. In this regard, [64] predicts a strong dependence of the peak on
the pressure. Actually, at a slightly larger H,O/CH, ratio, their model does not predict the
peak formation. The presence of water could certainly lower temperature levels (see below)
but, according to my opinion, the absence of the temperature peak is addressed to kinetic
model chosen, since their model does not consider any shift between oxidation and
reforming reactions.
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Figure 23: Comparison between experimental and numerical data of solid thermal profile, varying the flow rate (fig.
23.a,b,¢,d). Feed ratio A/ C=3.125, W/ C=1.2 and prebeating temperature of 623 K.
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Figure 24: Comparison between experimental and numerical data of solid thermal profile, varying the flow rate. Feed ratio
AJC=3.125, W/ C=1.2 and preheating temperature of 623 K.
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In Figure 26 the comparison between the experimental and simulated compositions on dry
basis at the outlet of the reactor is reported; also in this case, the good agreement between
experimentation and simulation is evident.
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Figure 26: Comparison between experimental and numerical data composition at ontlet of reactor varying the flow rate.
Feed ratios A/ C=3.125, W/ C=1.2 and prebeating temperature of 623 K.

RUNS VARYING THE FEED COMPOSITION

In Figure 27 the thermal profiles of the solid phase, obtained by IR thermo-cam, recorded
during the runs performed varying the feed water/methane ratio in the range 0+2, are
reported. In all the experiments, the flow rate is fixed at value of 4Nl/min, the feed
air/methane ratio is 3.125 and the preheating temperature is 623K.

By the observation of the thermal profile, it is possible to note that hydrogen yield increases
with increasing the water/methane ratio, in agreement with literature indications, and the
thermal profiles shift down without changing their shape. Based on this consideration, it is
clear that the increase of the water/methane ratio does not change the kinetic mechanism,
thus the mechanism remains indirect, and does not changes the ovetlapping between the
reforming and the oxidation reactions.
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The shifting down of the thermal profiles in the reforming zone is greater then those in the
oxidation zone, probably because in the first zone of the bed water acts as inert and inhibits
the oxidation reaction only because it is a product of the reaction; instead, water is a
reactant of the reforming where the bed shows a reduced state.
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Figure 27: Experimental thermal profiles of solid phase varying the feed ratio W/ C. Feed ratio A C=3.125, flow rate 4
N1/ min and prebeating temperature of 623 K.

In the following section the comparison between the thermal profiles of the solid phase
obtained during the runs and those simulated by the mathematical model is reported.

The simulations reported are all realized with the value of the kinetic delay n previously
calculated.

For each value of feed composition investigated, it is possible to note a good agreement
between experimental and calculated data, at fixed value of n=12, so it is clear that the
mechanism does not change with the addition of water to a partial oxidation process (red
shape).

In Figure 28, it is reported, separately, the comparison between experimental and simulated
thermal profile with varying the feed water to methane ratio and it is possible to see how,
for each feed composition investigated, there is a good agreement.

In particular, the Figure 23Figure 29 and Figure 30 show trespectively the simultaneous
comparison between simulated and experimental thermal profiles (for graphic clarity does
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not show all profiles available) and the simultaneous comparison of all profiles simulated.
On both it can be seen as the model can also emphasize the previous considerations related
to invariant hot-spot position and the different effect on exothermic and endothermic zone,
with water addition.
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Figure 28: Comparison between experimental and numerical thermal profiles on solid phase varying the feed ratio W/ C
(fig. 28.a,b,6,d). Feed ratio A/ C=3.125, flow rate 4 NI/ min and prebeating temperature of 623 K.
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Figure 29: Comparison between experimental and numerical data of solid thermal profile, varying the feed ratio W/ C.
Feed ratio A C=3.125, flow rate 4NI/ min and prebheating temperature of 623 K.
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Figure 30: Simulated thermal profiles of solid phase. Feed ratio A/ C=3.125, flow rate 4 NI/ min and prebeating
temperature of 623 K.
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The theoretical and the experimental exit composition are reported in Figure 31. Again, the
prediction model is in good agreement with the experimental results, showing that
hydrogen yield improves with the increase of water in the feed content in accordance with
results in the literature (e.g. [79)).
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Figure 31: Comparison between experimental and numerical composition data to outlet of reactor, varying the feed ratio
W/ C. Feed ratio A/ C=3.125, flow rate 4INI/ min and prebeating temperature of 623 K.

The effect of water addition on the interaction between the oxidation and reforming
reactions can be also analysed in Figure 32 that reports the reaction rates of the oxidation,
reforming and water gas shift reactions with varying the water content in the feed. The
overall effect is to reduce both the oxidation and reforming reaction rates. Indeed, a higher
concentration of steam reduces the partial pressures of methane and oxygen in the first part
of the bed, thus the oxidation reactions are decreased. As a consequence, less heat is
generated, and the corresponding temperature reduction determines a decrease of the
reforming reactions rates as well.
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Figure 32: Oxidation, reforming and shift reactions rates along the bed for different values of the H,0/ CH, ratio. At
prebeating temperatnre T,,= 623 K, A/ CH,=3.125, flow rate 4 NI/ min, pressure 1.7 bar.

OBSERVATIONS ON MATHEMATICAL MODEL

In the following section some theoric-experimental considerations are reported, on the
basis of the proposed model:

o Transport regimes observed in the reactor

o Importance of the temperature measurements through IR technology: heterogeneity
o Effect of the pressure

o Effect of the prebeating temperature
o Limits of the model
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TRANSPORT PHENOMENA ANALYSIS

Based on the experimental campaign previously shown, in particular on the experimental
runs at various flow rates, it is possible to make some considerations about the transport
mechanisms observed in the reactor.

It is clear that this type of experiments, directed to the quantification of reactor
performances more than of the kinetic study, are performed in conditions where kinetic is
not limiting.

In Figure 33 the behaviour of the conversion degree with varying the flow rate is reported;
in particular, the experimental data, simulated data and the conversion data foreseen by the
thermodynamic (performed with Aspen plus in correspondence of the work pressure and
of reactor outlet temperature) are shown.

Results show that the conversion degree first increases with the flow rate, then reaches a
plateau value and decreases a little; this behaviour is in agreement with literature indications
on both partial oxidation and autothermal reforming [28], [19]. In particular, for some
authors the plateau is due to the transition toward a different transport mechanism, for
others, instead, it is caused by a decrease in the reactants temperature at the inlet of the
catalytic bed due to the increase in flow rate.

The absence of reliable temperature data in the catalytic bed makes the evaluation of these
phenomena not simple.

In this thesis, from thermal profiles in the solid phase it is possible to observe a
temperature decrease in the inert zone before the catalytic bed when the heat requested by
the fed gas is higher, that is, when flow rates are higher. It is also possible to note that this
behaviour is inverted near the bed where the radiation phenomena, greater at high flow rate
due to the higher maximum temperatures, compensates this request inverting the thermal
profiles, as shown in the previous paragraph.

From these considerations, it is possible to affirm that the decrement in conversion degree
is due to the change in the regimes developed in the reactor instead of the decreasing
temperature at the inlet of the catalytic bed.

This hypothesis is confirmed by the comparison between the thermodynamic and the
experimental conversion values; in particular, it is possible to note that, at low flow rates,
the thermodynamic foresees the conversion level well, because in this conditions the reactor
works in a regime of external transport, that is, a regime controlled by thermodynamic. For
higher flow rates, instead, the thermodynamic study does not foresee the plateau, but it
predicts a continuous increase of the conversion degree (due to the continuous increase of
the temperature at the bed outlet).

This allows to believe that a change of the regime is present with increasing flow rate:
regime changes from a regime of external transport to a transition regime towards a kinetic
control.
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Figure 33: Comparison between experimental, numerical and thermodynamical data of methane conversion, varying the floe
rate. Feed ratios A/ C=3.125, W/ C=1.2 and preheating temperature of 623 K.

The proposed model reproduces this behaviour, and it allows to make a detail analysis of
these phenomena observing the rates profiles along the catalytic bed.

In Figure 34, Figure 35, Figure 36, Figure 37 it is possible to see that the oxidation rate
reaches a maximum at the inlet of the bed, the reforming rate, instead, reaches the
maximum value inside the bed; this effect is due to the delay of the reforming reactions
with respect to the oxidation reactions, moreover in this conditions the water gas shift
reactions fluctuates near their equilibrium value.

From the figures previously introduced, it is observed that the increase of the feed rate
pushes the reforming and the oxidation reactions towards the outlet of the bed.

In particular, from the enlargement reported in Figure 38, where the reforming and the
oxidation rates are plotted, in the terminal part of the bed, the oxidation rate is actually
equal to zero (total conversion of oxygen), while the reforming rate assumes values
different from zero; this situation denotes a passage from a thermodynamic regime, through
a transition regime, to a kinetic control..
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Figure 38: Simulated profile of steam reforming and oxidation reactions rate at end of part of catalytic bed. Feed ratios
A C=3.125, W/ C=1.2, and prebeating temperature of 623 K.

IMPORTANCE OF IR ANALYSIS: HETEROGENEITY

Based on the considerations exposed in the previous paragraph, it is evident that the
conditions at the reactor outlet when it is working in external transport regime are well
tforeseen by the thermodynamic, whereas the thermal profile is strictly linked to the quality
of the mathematical and of the kinetic model.

Consequently, the exact experimental determination of the thermal profile is considered a
crucial point for the validation of the mathematical model, also for the importance of its
strict relation to the thermal deactivation of the catalyst due to the temperature peak.

To this regard, in Figure 39 andFigure 40 the typical behaviour of the thermal profile in
the gas and in the solid phase foreseen by the model is reported, together with the
temperature differences along the reactor with varying the flow rate.

First, it is clear that the temperature differences between the two phases are negligible; this
confirms the necessity to consider the heterogeneity in the mathematical model.

Related to this behaviour, it is evident that the solid phase is at a temperature higher than
the gas in the oxidation region due to the exothermicity of the reaction, whereas this
situation is completely inverted when the endothermic reforming processes are prevalent.

79



In the region placed before the catalytic bed, instead, the temperature of the solid phase is
higher then that of the gas, due to the importance of the conduction and thermal radiation
phenomena.

These observations on the temperature differences between the two phases are really
important, since they are related to the problems of thermal relief in autothermal reforming
reactors; in fact, the use of thermocouples placed in the reactor, naked or in sheath,
involves an uncertainty in the measurement on the experimental data, in particular in the
high temperature region, that is, the most important one.

To this regard, in support of the observation on the mathematical model previously
reported, in Figure 41 a typical acquisition of the thermal profile performed by both a
thermo camera IR and by a thermocouples in sheath is shown.

The measurement performed by the thermocouples estimates the temperature in the
oxidation region lower then the real value, while in the reforming region it records a data
higher then the real one, and this is probably due to an unavoidable axial heating of the
sheath. Therefore, it is clear that temperature measurement performed with a
thermocouples can lead to errors, in particular in the case of the evaluation of thermal hot-
spot at the inlet of the catalytic bed.

Another observation is relative to the consideration on the increase of these differences
with increasing the flow rate, because the benefit induced in the thermal inter-phase
exchange by the increase of the flow rate does not balance the effect due to the greater
internal production of heat.
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Figure 39: Simulated thermal profile of solid and gas phases. Feed ratios A/ C=3.125, W/ C=1.2, flow rate of
SN/ min and prebeating temperature of 623 K.
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EFFECT OF PRESSURE

Figure 42, Figure 43, Figure 44 show the effect of the pressure on temperature profiles of
the solid phase reported at different pressure values and at different flow rates. Two
different flow rates are considetred, one in the thermodynamic control (1.5N1/min) and the
other well within the kinetic control range (6NIl/min). Figure 43 shows the temperature
profiles for four different pressure values at Q=1.5 NI/min. As the pressure is increased,
temperature uniformly increases in the catalytic bed. This feature is due to the beneficial
effect of higher pressure to the oxidation reactions. Although an increase of the
temperature favours the reforming reactions, the overall effect is a decrement in methane
conversion, as predicted by the thermodynamic at higher pressures (Figure 44). At higher
flow rates the effect of the pressure is slightly less pronounced. The temperature increment
is less pronounced, specially around the peak position (see Figure 42) and the conversion
decreases with a slightly lower slope (Figure 44). In both cases, the temperature peak close
to the reactor entrance is clearly visible at all the investigated pressures. At lower flow rates,
however, the pressure increase determines a less steep maximum in the temperature profile.
Finally, it is worth mentioning that the passage from thermodynamic to kinetic control does
not qualitatively affect the pressure influence on the methane conversion.
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Figure 42: Numerical solid temperature profiles at different pressure values (1.7, 5, 7.5, 15 bar). At flow rate 6 NI/ min,

T,= 623 K, A/ CH,=3.125 and H,0/ CH,=1.2.
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Figure 44: Methane conversion as the pressure is varied for two different values of the flow rate (1.5 and 6 NI/ min). At

prebeating temperature T, = 623 K, A/CH,=3.125 and H,0/CH,=1.2.
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EFFECT OF PREHEATING TEMPERATURE

The effect of the preheating temperature on the solid temperature profiles and on the exit
conversion are reported in following figures. In particular Figure 45 shows that an
increasement in the preheating temperature arises the temperature along both inert and
catalytic bed and decreases the temperature gradient. A more uniform distribution of heat
along the bed favour endothermic reactions.

Indeed, by increasing the preheating temperature, methane conversion increases until
almost complete conversion is reached at 773K (see Figure 46).
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Figure 45: Numerical solid temperature profiles at different prebeating temperatures (473, 623 and 773K). At pressure
1.7 bar, flow rate 4 NI/ min, A/ CH,=3.125 and H,0/CH,=1.2.
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Figure 46: Methane conversion as prebeating temperature is varied. At pressure 1.7 bar, flow rate 4 NI/ min,
A/CH,=3.125 and H,0/CH,=1.2

LIMITS OF MATHEMATICAL MODEL

As previously mentioned, the Nickel catalyst produces three different oxidation states: the

tirst one, NiALLO, + aALO;, is scarcely activated towards the oxidation and its length
increases with decreasing the temperature of the catalytic bed.

The model proposed in the present study does not foresee this situation that is considered
to be due to a bad use of the Nickel catalyst.

Another limit of the model is related to the simulations performed at high flow rates. In
fact, as it is possible to see in Figure 47 the excessive increment in total flow rate does not
lead to complete oxygen conversion; this fact involves coexistence of oxygen in a stream
full of hydrogen at a temperature higher than that of autoignition. Actually, experiments
shows that, without the quenching at the outlet of the catalytic bed, the molar fraction of
oxygen in the stream is equal to zero, and this situation will lead to a decrease of syngas
yield; due to the assumption of kinetics equal to zero in the homogeneous phase, the model
does not foresee this effect, but it should be introduced in order to foresee the turn-on of
these dangerous situations.
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Figure 47: Simulated profile of O, and CH,, conversion varying the flow rate. Feed ratios A/ C=3.125, W/C= 1.2 and
prebeating temperature of 623 K.

CONCLUSIONS ON NICKEL CATALYST

A 1D-heterogeneuos dynamic model for an ATR fixed bed reactor has been developed.
The kinetic model includes a shift factor that phenomenological takes into account the
separation between the oxidation and reforming reactions. This parameter is adjusted once
and for all in typical operating conditions, and it is then kept constant throughout the work.
The model validation has been performed by comparing its predictions with experimental
temperature and compositions profiles, without limiting the exit composition. To this aim,
special care was devoted to an accurate experimental measurement of the temperature
spatial profiles, that has been performed with an IR thermocamera. The model accurately
predicts the solid temperature profiles, including the maximum temperature reached in the
bed as well the exit composition, with varying the H,O/CH, ratio in the range 0-2 and the
total flow rate in the range 1.5-6-Nl/min. In view of the good agreement between
predictions and experiments, the model can be used to get a good estimate of the maximum
solid temperature and of the location of the catalytic bed where oxidation and/or reforming
reactions effectively take place. As already observed in previous works, as the flow rate is
increased, the system passes from thermodynamic control to kinetic control. Our model
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gives good predictions of the exit composition in both ranges, even at high flow rates,
where the control is kinetic.

In all the explored conditions, the analysis of spatial profiles reveals that the oxidation and
reforming reactions are rather separate in the space. In this regard, the shift factor between
the oxidation and reforming reaction plays a very important role.

The effect of flow rate, water content, and pressure on temperature profiles and reaction
rates was then investigated. In agreement with the experimental data, the model shows that,
as the flow rate is increased, the temperature peak position does not change. This
information, together with the analysis of the reaction rates, indicates that the overlapping
of the oxidation and reforming reactions is not enhanced by increasing the flow rate.
Moreover, the effect of water addition to the feed is well described by the model. Again, the
temperature peak position is not influenced by the water content in the feed, thus water
overall effect is the reduction of the temperature along the bed. From the analysis of the
kinetic rates, it results that water addition decreases both the oxidation and reforming
reaction rates. Regarding the effect of the reactor pressure, in contrast with previous results
presented in literature, the presence of the temperature peak at all the pressure values from
atmospheric to 15 bar pressure has been observed. The pressure increment determines a
rise in the temperature along the bed and, correspondingly, a decrement of the total
methane conversion. Such a trend is more pronounced at low flow rates.

Summarizing, it is possible to draw the following conclusions on the Nickel catalyst:

* The kinetic mechanism of autothermal reforming of methane on commercial Nickel
catalyst is indirect

" The addition of water to the feed does not lead to an advance of the reforming
reactions and does not change the type of kinetic mechanism

® The 15% of the catalytic bed is initially interested by the only oxidation reaction, for
the presence of a stratification of Nickel catalyst when the feed contains a mixture
of oxygen and methane

* Not negligible differences of temperature between the solid and the gas phase
suggest the need of recording the thermal profiles by using a thermocamera IR and

of employing an heterogeneous mathematical model for describing the process

* An increase in the pressure causes a decrease of the conversion degree and an
increase of reactor thermal level.
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RESULTS ON RHODIUM CATALYST

In this section, experimental and numerical results on reactor for CPO and ATR processes
will be shown in case of Rhodium catalyst.

The mathematical model shown in previous sections and already used for Nickel catalyst,
will be used for obtaining results on Rhodium catalyst. The objective is to understand the
efficiency of the mathematical model in this new catalytic configuration and to obtain
information about the kinetic mechanism; it is important to consider that the researchers
still has different ideas on the possible kinetics mechanism that can develop on Rhodium
catalyst in ATR and CPO processes.

Later, a mathematical model will be performed for comparing the performance of both
catalyst systems investigated in this work.

Theoretical and experimental results on Rhodium catalysts are reported in literature [4/,
[13-14], [26-28], [66-71]). They show the good performance of Rhodium catalyst in case
the of CPO process, though they also illustrate the difficulty relative to interpretation of
kinetic mechanism (direct or indirect type).

For ATR process with a Rhodium catalyst, very few data are available.

The theoretical-experimental program that will be discussed should be summarized as
tfollows:

o Analysis of kinetics mechanism for antothermal reforming of methane on Rhodium-based catalyst:
direct or indirect type?

o Theoretical and experimental analysis of overlapping between oxidative and reforming one
o Excperimental effect of water addition to CPO process

o  Numerical modelling and comparison with experimental data

o Theoretical considerations on type of kinetic mechanism, of feeling conditions

o Excperimental runs and numerical comparison by varying the air to methane ratio and the feed
prebeating temperature

General conclusion on CPO and ATR processes using Rhodium catalyst

As reported in previous section, all the numerical simulation runs will be performed
considering a start-up from a catalytic bed to temperature higher than the activation one of
Rhodium catalyst (about 750K). Furthermore, in all simulations the reactor will be
considered empty from all reactants at starting condition and pressurized with nitrogen
until steady state pressure, as done during experimental runs.
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KINETIC MECHANISM: DIRECT OR INDIRCT?

As already said, in literature it is debated the question relative the type of kinetic mechanism
that involve in a CPO and ATR process on Rhodium catalyst. There are two different
positions assumed by researchers: a part of them declares that the mechanism is direct,
including /3], [4], [72], [73], while the other part believes that the mechanism is of indirect
type, including /28], [74], [75], [76].

In this work for Rhodium catalyst, the main objective is the evaluation of the thermal
profile on catalyst bed, both for the quantification of thermal hot spot and for obtaining
information about the kinetic mechanism; this information has to be evaluate for both ATR
and CPO feeds.

In this way, it is necessary to consider that the feasible shapes of thermal profile of solid
phase are direct dependent on kinetic mechanism; for this reason, in Figure 48 (source
[77]) the typical thermal profiles developed in catalytic reactor in ATR and CPO process
conditions are reported.

The energy characteristics of the possible chemical reactions involved in a direct and
indirect mechanism for reforming are reported below, so it is possible to understand better

the figure 48:

o direct mechanism

CH, +0.50, = CO + 2H, AH = -36 KJ/mol

® Indirect mechanism

CH, +20, = CO, +2H.,0 AH = -802 K] /mol

CH,+H,0 < CO +3H, AH = +185 K] /mol

Observing the enthalpy generation of oxidation reactions, it is possible to see that the
amount of heat generated from total oxidation reaction it is very high, as for partial
oxidation.
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The thermal profile (black line) shows a marked thermal hot-spot, typical of an indirect
kinetic mechanism, where the total combustion reactions are the most important between
oxidation processes and they probably happen completely separated from the reforming
reactions. (Typical behaviour of a Nickel catalyst in ATR and CPO processes). Instead, the
blue line show a thermal profile that could establish in the case of direct kinetic mechanism,
in fact in this situation the low value of heat generated from a partial oxidation reaction
should be not sufficient to realize a hot-spot on catalyst bed. Finally, the red profile shows
the typical thermal profile in the case of a “mix” kinetic mechanism, i.e. total and partial
oxidation reactions are competing with each other and this situation could cause the
presence of a thermal hot-spot, certainly smaller than the one developed in case of indirect
kinetic mechanism.

Oxidation | T:;ul,.l;
section I
i Reforming seclion
Ta | top
v .
0 Reactor length, L 1

Figure 48: Typical gas phase temperature profile in an ATR/CPO process of methane.

On the basis of these considerations, it is necessary to assume a kinetic mechanism,
considering the relative kinetic expressions, and to introduce it inside the mathematical
model that has already been used for the Nickel results; so, the model will be tested on
experimental data of Rhodium catalyst in ATR and CPO processes.
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ASSUMPTION: INDIRECT KINETIC MECHANISM

In this work it is assumed an indirect kinetic mechanism; furthermore, as already used for
Nickel analysis, and the reactions of coke formation are assumed to be negligible. So, the
experimental analysis will be done, according with thermodynamic analysis, by setting
process conditions that make graphite formation negligible.

EQUATIONS AND PARAMETERS OF KINETIC REACTIONS

Reactions

On Rhodium-based catalyst supported on alumina, accordingly with the indirect
mechanism assumption, it is possible to consider as kinetic scheme (with the relative
equations and parameters) the one reported in literature (28], [74], [78]. The kinetics
parameter reported in these works are fitted on experimental data.

The kinetic mechanism discussed in these papers consider the following global reactions:

Methane combustion

1) CH, + 20, — CO,+ 2H,0O AH 95 = -802000 KJ /Kmol
Steam reforming

2) CH,+ H,0 « CO + 3H, AH 5 = 206000 KJ/Kmol
CO, reforming

3) CH,+ CO, <> 2CO + 2H, AH g = +247099 KJ/Kmol
Reverse water gas shift

4) CO,+H, < CO+ H,O AH 9 = +41000 KJ/Kmol
CO oxidation

5) CO + 0.50, — CO, AH 95 = -283000 KJ/Kmol

H, oxidation
6) H, + 0.50, - H,O AH 9 = -241800 KJ /Kmol
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Kinetic equations

The kinetic equations used by researchers (28], [74], [78] in order to describe the

experimental data are as following:

r = K1 Pehs (44)
| =
(1+ Kads,Hzo szo)2
_ KoPeya (=K, TK™) (45)
’ (1+ Kads,CO pCO + Kads,02 pOZ)2
_ Ks Ph2Pcoz (1_ Kp/ K:fq) (49)
s =
(1+ Kads,OZ pOZ + Kads,CO pCO)2
(47)
_ K4pCH4(1_Kp/K§q)
y =
(l+ Kads,CO pCO + Kads,OZ pOZ)2
s = KsPeo 48)
rs = Kg Py 49)
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Where K, K,, K;, K, K5 K, are the Arrhenius kinetic constants wrote as K=k *Exp(-
E./RT);

K, K, K, are the equilibrium constants;

Koo 200 Kads 020 Kags, co» ate the adsorption constants wrote as K=k *Exp(-H, /RT).

Kinetic parameters
Reaction k,; (Kmol/Kg_, h) E, /R (KJ/Kmol)
1 6.9046%10* (bar™) 6800
2 7.7217%10* (bar™) 7100
3 7.7217%10" (bar’l) 7100
4 1.90071*10° (bar'z) 3900
5 2.77556*10° (bar'l) 7000
0 4.63961*10° (bar™) 5000
Table 9: Arrenius kinetic constants and activation energy.
Reaction Equilibrium constant
2 1.1669*1013Exp(—26830/T) (bar?)
3 6.6038*10'14Exp(—31230/T)
4 1/(1.767*1 O’ZExp (4400/7T)) (barz)
Table 10: Equilibrium constants for reforming reactions.
Chemical species k,; (bar™) H; /R (KJ/Kmol)
CO 0.4314 (bar™) -3100
O, 0.014 (bar™) -7000
H,O 2.77%10™" (bar’l) 19900

Table 11: _Adsorption constants.
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KINETIC EVOLUTION OF CHEMICAL PROCESSES

Once the reaction network is known, the following step is the individuation of the time-
evolution of these processes, in other words it is important to determe how the processes
develop (series or parallel).

For the Nickel catalyst, the question was solved by considering the stratification exposed
during a CPO process. Instead, for Rhodium catalyst, there are not precise information
about the chemical species formed during ATR and CPO processes.

Theoretically, a Rhodium-based catalyst should be always reduced or, anyway, should not
expose chemical species (as chemical oxides) that inhibit the reforming activity; but the
presence of both methane and oxygen, especially in the first part of catalytic bed, generates
competition between reforming and oxidation reactions. Therefore, these processes, also on
Rhodium catalyst, could not evolve at maximum potential from the inlet of reactive zone,
and this situation could involve especially the oxidation reactions, because it is well know
that the noble metals are a good activity for these reactions.

In this work, it has been decided to use the developed mathematical model in order to
know the mutual evolution between exothermic and endothermic reactions. Therefore,
beyond the idea that the kinetic mechanism is an indirect type, it has also been decided to
introduce the mathematical delay factor for the rate of reforming reactions, as done in case
of Nickel catalyst (a mathematical function wrote as x¢,").

By this logic, the following cases may arise:

a) Direct or mix kinetic mechanism type.
In this case, if a positive values of parameter “n” is assumed, the mathematical model
will give an higher value of thermal hot-spot; this over-estimation will be more
pronounced when the selectivity of partial oxidation is higher than the total oxidation
reaction. Instead, in case of wrong kinetic hypothesis, the experimental data could be
€20,

well estimate with a negative value of “n”; however, this situation it is not physically
justifiable.

b) Indirect kinetic mechanism with parallel reaction scheme.
In this case, the mathematic model could well estimate a thermal profile with O as

(I

value of “n” parameter.

©) Indirect kinetic mechanism with reforming reactions delayed compared with those oxidation.
The mathematical model could well describe the thermal profile with a positive value
of parameter “n”. This value will increase with increasing the delay of reforming
reaction in comparison to oxidation reaction.
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MATHEMATICAL MODEL AND KINETIC HYPOTHESIS
VALIDATION

As already done for the mathematical model of ATR and CPO on Nickel catalyst, the delay
function x," will be introduced. This function multiplies the kinetic expression of the
steam reforming and of the water gas shift rates, so these reactions are delayed with respect
to the total oxidation through a function of the oxygen conversion degree, that is, through a
function of the catalyst oxidation degree. Through the introduction of this function, it is
obtained a mathematical model of the autothermal reactor in which the only parameter is
“n”, and this parameter will be calculated through the fitting of the experimental data.

To this aim in Figure 49, the thermal experimental profile of the solid phase is reported,
measured through IR technology, obtained in an experimental run performed on Rhodium
catalyst. This run is performed at flow rate of 4Nl/min, at an oven temperature of 623K
and with a Air/CH, feed ratio of 3.125 and with a W/CH, feed ratio of 0 (CPO feed
conditions).

In the figure 49, the zero value of the x-axes is the inlet of the catalytic bed, while its total
length is about 20 mm (5 gr of Rhodium commercial catalyst).

It is possible to see that the thermal profile of solid phase exposes a pronounced hot spot
just near the inlet of catalytic zone and this situation certainly is not typical of a direct
kinetic mechanism.

The figure 49 also shows that the inert material near the inlet of catalytic zone heats up to
temperature higher than the feeding temperature, probably due the conduction and
radiation phenomena in the first part of catalyst, where oxidation reaction are the most
important. This situation has already been found for Nickel catalyst.

Figure 50 shows the comparison between the experimental and simulated thermal profile
along the reactor (inert and catalytic zones) with a fixed value of parameter. However, a
parametric study on parameter “n” is done but, for a more simple description, it is not
reported below.

From the comparison, it is possible to see that the mathematical model well describe the
thermal profile with a parameter “n” equal to 4. This shows that the kinetic hypothesis on
global mechanism (indirect type) it is correct, and it shows that the chemical reactions do
not proceed in a parallel scheme but the reforming it is delayed from the oxidation ones
(this because the value of parameter “n” is = 0).

Obviously, although the strength of the mathematical model has been already widely tested
on the Nickel catalyst, it should be verified for Rhodium catalyst, in different operating
conditions of CPO and ATR, too.
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Figure 49: Experimental thermal profile of solid phase. Flow rate 4 N// min, ratio A/ CH4= 3.125, W/C=0 and T

of prebeating 623 K.
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Figure 50: Comparison between experimental and numerical data for a value of parameter n equal to 4. Flow rate 4
N1/ min, ratio A/ CH4= 3.125, W/ C=0 and T preheating 623 K.
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Now, it is possible to quantify the delay time; for this reason, in Figure 51 the value of
methane conversion degree and the delay factor along the reactor are plotted.

On the plot it can be observed that, the delay factor is zero as long as reforming reactions
do not take place, that is, in the first millimetres of catalytic bed, whereas it becomes
significant for high conversion degree of oxygen (close to 90%). From the same plot, it is
also noticeable that the conversion degree of oxygen takes value different from zero at inlet
of catalytic bed, probably due to effect, contemplated in the mathematical model, of axial
back-mixing.

The figure below can also quantify that the 7.5% catalyst (at inlet of bed) is employed only
for oxidation reaction, while the followings 15% sees the overlapping of the two processes
of oxidation and reforming; the remaining part of catalytic bed is affected only by
reforming reactions.
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Figure 51: Simulated profile of methane conversion degree and delay factor. Flow rate of 4 NI/ min, ratio A/ CH4= 3.12,
W/C=0 and T of preheating of 623 K.

(1P

At this time, being the value of parameter “n” known, the mathematical model is
completely defined, so it is possible to start its validation by comparing experimental and
simulated data under different operative conditions.

97



EXPERIMENTAL RUNS AND COMPARISON WITH SIMULATED
DATA

In this section will be reported the experimental and numerical results as thermal profile on
solid phase and outlet compositions varying feed composition (as W/C and A/C ratios).

It is necessary marked that no mathematical expressions, and/or the value of the parameter
of the function of kinetic delay, will be changed in the simulations below which will report
results.

RUNS AT DIFFERENT VALUE OF AIR TO CARBON FEEDING RATIO

Figure 52 show the thermal profiles of solid phase, acquired with IR thermo-cam, of
experimental runs done vatrying the molar ratio A/C from 2.78 to 3.6. In this experiments
are fixed the molar feed ratio W/C (0 as for CPO process) and preheating temperature (63
K). In this figure can be noted that while varying feed ratio A/C is always clear the presence
of a peak temperature at inlet to catalytic bed, sign of separation between oxidation and
reforming processes. It also can be noted that increasing the ratio A/C it is increasing the
temperature throughout the reactor, due to the increased concentration of oxygen and
therefore greater selectivity of methane by combustion reaction.
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Figure 52: Experimental thermal profiles of solid phase varying the feed ratio A/ C. Feed ratio W/ C=0 and prebeating
temperature of 623 K.
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Figure 53, instead, shows the comparison between the simulation results and experimental
data for individual tests, based on the thermal profile of the solid phase.

All the reported simulation runs are made with the same value of the delay kinetic
parameter “n” that it was first determined experimentally.

In the range of A/C (2.78-3.6) investigated, a good agreement with experimental data can
be observed (Figure 53, Figure 54, Figure 55), which continues to assert with a fixed
value of parameter “n” (equal to 4).

The good agreement between experimental and numerical data shows how the assumption
of an indirect kinetic mechanism keep valid even changing the A/C ratio and also the

overlap between oxidation and reforming reactions remains unchanged.

® Experimental W/C=0

1200 A — Simulated -

1000
X
(%]
|_

800

600

-2 -1 0 1 2

Axial lenght [cm]

Figure 53: Comparison between experimental and numerical data of a solid phase temperature. Ratio A/ C=3.6,
W/ C=0 and prebeating temperature of 623 K.
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Figure 54: Comparison between experimental and numerical data of a solid phase temperature. Ratio A/ C=3.125,
W/ C=0 and preheating temperature of 623 K.
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Figure 55: Comparison between experimental and numerical data of a solid phase temperature. Ratio A/ C=2.78,
W/ C=0 and prebeating temperature of 623 K.
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Figura 56 shows the comparison between experimental and simulated data relative to
reactor outlet compositions (on a dry basis); once again it is clear the good agreement
between prediction and experimental data.
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Figura 56: Confronto tra dati sperimenta e simulati di composizione della corrente in uscita dal reattore a differente
rapporto di alimentazione A/ C. Rapporto di alimentazione W[ C=0 e temperatura di preriscaldamento di 623 K.

AUTOTHERMAL REFORMING RUNS

At this point, being verified the validity of the assumptions on global kinetic mechanism for
CPO process on Rhodium catalyst, the work will foresee the analysis of the effect of water
addition to feed (ATR tests), since it can influence both the kinetic mechanism and the
performance of process.

For that reason, in Figure 57, thermal profiles of solid phase are shown, measured with an
IR thermo-camera, for a series of experimental tests conducted varying the feed water to
methane ratio in the range 0-1.2, at fixed air to methane ratio (3.125), flow rate (4 N1/min)
and preheating temperature (623K).

In the figure it can be seen as the increase of the feed W/C ratio leads to a shift downward
of thermal profile, without substantially changing its shape. This means that the increment
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in the W/C ratio does not lead to a change in the kinetic mechanism, which remains still
indirect.

One might add that the shift downward of the thermal profiles is also present in the inert
zone immediately in contact with the inlet of catalytic bed and that the lowest peak
temperatures also outcome in lower inert heating due to radiant and conductive effects (the
effect that the water has on the gases heat capacity is negligible).
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Figure 57: Experimental thermal profiles, of solid phase, varying the feeling ratio W/ C. Ratio A/ C=3.125, flow rate 4
NI/ min and prebeating temperature of 623 K.

The following figures, instead, show the comparison between the simulation results and
experimental data for individual tests, based on the thermal profile of the solid phase
(Figure 58, Figure 59 Figure 60).

All the mathematical data are still made with the same value of delay kinetic parameter “n”
(always fixed to 4).

For the whole range of feed compositions investigated, a good agreement with
experimental data can be observed, demonstrating that no mechanism has changed with the
addition of water to partial oxidation process (Figure 58).
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Figure 58: Comparison between experimental and numerical data of solid temperature. Feeding W/ C=0, A/ C=3.125,
Slow rate 4IN1/ min and prebeating temperature of 623 K.
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Figure 59: Comparison between experimental and numerical data of solid temperature. Feeding W/ C=0.5, A/ C=3.125,
Slow rate 4IN1/ min and prebeating temperature of 623 K.
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Figure 60: Comparison between experimental and numerical data of solid temperature. Feeding W/ C=1.2,
A)C=3.125, flow rate 4N/ min and prebeating temperature of 623 K.

The theoretical and experimental exit compositions are reported in Figure 61. Again, the
prediction model is in good agreement with the experimental results, showing that
hydrogen yield improves with the increase of the water in the feed content in accordance
with general results of the literature.
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Figure 61: Comparison between excperimental and numerical data of outlet compositions for a varying feeding ratio W/ C.
Ratio A/ C=3.125, flow rate 4NI/ min and prebeating temperature of 623 K.

THEORETICAL EFFECT OF OPERATIVE FEED CONDITIONS
ON KINETIC MECHANISM

As already discussed, for Nickel catalyst the result on the kinetic mechanism respect the
information already presented in literature (at least for the CPO); for Rhodium, instead, the
kinetic mechanism is a debated issue, thus it is necessary a more detailed analysis.

In this section, the aim is the analysis of the process parameters in order to find the most
tavourable conditions for partial oxidation reactions, in order to promote a global direct
kinetic mechanism. In this way, the first step foresees the testing of the reactor, in a
experimental and simulated mode; in such conditions, however, the operative parameters
will be stressed with respect to optimal conditions fixed by thermodynamics.

In this regard, it has to be considered that, once the catalyst has been fixed catalyst, the
process parameters on which it is possible to play for encouraging a specific kind of kinetic
mechanism are essentially the feed ratios and the preheating temperature.

The following considerations are related to the CPO process, while the effect related to
water addition will be evaluated separately.
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Figure 62 (source [79]) shows the equilibrium product composition as a function of the
feed O,/CH, ratio at several different temperatures. As expected, when the O,/CH, is
greater than 2.0, complete CH, oxidation occurs, resulting in CO, and H,0. No CO and H,
are produced. As the O,/CH ratio is reduced from 2.0 to 0.5 (for temperatures above
1073K), partial oxidation and total combustion coexist, producing a mixture of H,, CO,
H,0, and CO,. Oxygen is completely consumed. For O,/CH, ratios less than 0.5, the
equilibrium products involve H,, CO and excess CH,.

Temperature has a significant effect on H, and CO yields. At low temperatures, CH, may
be not completely converted, even though the O,/CH, ratio is greater than 0.5, resulting in
lower H, and CO yields. However, at high temperatures, the partial oxidation reaction
dominates, and H, and CO yields increase. Calculations suggest that meaningful application
of partial oxidation reforming requires the operating temperature to be greater than 1073K.
So, as reported here, it is showed that low O,/CH, ratios (near the stoichiometric values of
partial oxidation) and high preheating temperatures should theoretically lead to an increase
in selectivity of the partial oxidation reaction in relation to total combustion and to a
promotion of a direct kinetic mechanism type.

Normalised Yield

00 0.3 1.0 1.3 20 0.0 0s 1.0 1.5 20 25

Imtial O,/CH,4 Ratio

Figure 62: Thermodynamic equilibrium results: normalised equilibrinm product yield as a function of initial 02/ CH4
ratio at various temperatures (in CH4/ air mixture at 1 atm).
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Which are the maximum and minimum values reachable by these parameters?

As reported in Figure 16, which shows the thermodynamic study for CPO conditions, it
can be noted that, in order to remain at the border of the carbon coke formation area, it is
possible to use a feed ratio Air/CH, lower than the 3.125 (which maximizes the yield of
syngas without coke formation). In particular, it is possible to work with air to methane
ratios near 2.7 (ratio O/C very close to 0.5); in this conditions, coke formation can still be
neglected.

Preheating temperature can raise up to a level close to that auto-ignition temperature of the
mixture of methane in air (for safety reasons as well as for avoiding the beginning of
combustion reactions in homogenous phase); so, it can reach values up to 500°C.

It is now possible to write an experimental program that provides the most favourable
conditions (A/C ratio and preheating temperature) for the partial oxidation reaction, as well
as the analysis of the effect of water addition in such conditions.

In this regard, in the following paragraphs test results given under the conditions will be
shown, as reported in Table 12.

The RUNT is designed precisely to go as far as possible toward the conditions that should
ease the indirect kinetic mechanism (simultaneously stressing the preheating temperature
and feed air to methane ratio).

The runs number 2 and 3 give indications relative to the addition of water, on the kind of
kinetic mechanism, the extent of overlap between the reactions of reforming and oxidation
and with regard to performance of the reactor under ATR conditions.

T preheating [K] | Pressure Flow rate A/C molar W/C molar
[bar] [N1/min] ratio ratio
RUN'1 773 1.7 4 2.78 0
RUN 2 773 1.7 4 2.78 0.7
RUN 3 773 1.7 4 2.78 1.2

Table 12: Experimental program for inguiry rhodium catalyst under conditions typical of partial oxidation reaction.

RUN1: CPO WITH A HIGH PREHEATING TEMPERATURE AND A LOW
FEED RATIO Air to Methane

In Figure 63 the experimental thermal profile of solid phase relative to CPO run is
reported, with a value of operative parameters favourable to partial oxidation reaction.
Observing the thermal profile, even before getting the verification by numerical simulation,
the thermal hot spot at inlet of reactive zone is still pronounces, and this is perhaps a sign
of an unchanged kinetic mechanism.
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To be sure of this, the mathematical model developed is used without changing any
parameter, except of course the new operating conditions. In Figure 64 results of
comparison between experimental and numerical data performed by run number 1 are
reported. First, is possible to notice how the model is able to describe well the experimental
results; consequence of this is clearly the presence of the indirect kinetic mechanism and
also the same overlap between total oxidation and reforming processes.

It is therefore possible to conclude that, although stressing the operating conditions of the
CPO on pellets Rh-based catalyst, it is not possible to obtain an increase in selectivity of the
reaction of partial oxidation to determine an effect (smoothing) on the thermal profile in
solid phase.
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Figure 63: Experimental temperature profile of solid phase during RUNT (setting: A/ C molar ratio of 2.78, W/ C
molar ratio of 0, flow rate 4INI/ min and prebeating temperature of 773 K.
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Figure 64: Comparison between numerical and experimental data on basis of RUNT.

RUN 2,3: ATR WITH HIGH PREHEATING TEMPERATURE AND LOW
FEED RATIO Air to Methane.

Below are reported the results, theoretical and experimental, used to evaluate the effect of
adding water in the operating conditions previously used. In particular, Figure 65 shows
the experimental thermal profiles obtained from runs 1, 2 and 3. In this plot, it can be
observed that by adding water to feed of CPO and by using new operating conditions
(preheating temperature and A/C ratio), any changes in the shape of thermal profile are
present, highlighting that the kinetic mechanism is unchanged.

A validation of this result is seen in Figure 66 ¢ Figure 67, it can be observed that the
mathematical model, under the same assumptions used to date, continues to describe with a
good agreement the results in ATR conditions.

Figure 68 shows the comparison between the experimental data of outlet compositions in
reforming reactor and simulated with the mathematical model developed; still it can see the
a good agreement. It can also observed how the addition of water, even in these conditions,
generates an increase in hydrogen yield.
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Figure 65: Experimental thermal profile of solid phase varying the feed ratio W/ C. Feed ratio A C=2.78, flow rate 4
N1/ min and prebeating temperatre of 773 K.
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Figure 66: Comparison betwen experimental and numerical data of thermal profile. Feed ratios A/ C=2.78,
W/ C=0.7,and prebeating temperature of 773 K.
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Figure 67: Comparison betwen experimental and numerical data of thermal profile. Feed ratios A/ C=2.78,
W/ C=1.2,and prebeating temperature of 773 K.
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Figure 68: Comparison between experimental and numerical data of outlet composition varying the feed ratio W/ C. Feed
ratio A C=2.78, flow rate 4NI/ min and prebeating temperature of 773 K.

111



CONCLUSIONS ON RHODIUM CATALYST

In Rhodium chapter, the model described for Nichel has been extended, for CPO and ATR
process on the Rhodium-based catalyst. In the mathematical model, the kinetics of
oxidation, reforming and water gas shift reported in the literature and typical of such a
catalytic system have been employed. The idea of kinetic indirect mechanism, with shifting
of the reforming region downstream the oxidative one, has been maintained, so the validity
of this assumption has been verified even on Rhodium catalyst.

An experimental campaign was carried out, firstly to demonstrate the kind of mechanism
established for CPO and ATR processes and then operating conditions were stressed to
those values which should favourite the selectivity of the partial oxidation reaction over the
total oxidation.

In particular performance in terms of thermal profiles in solid phase and outlet composition
were estimated by varying the feed ratios H,O/CH, in the range 0-2, Air/CH, in the range
2.78-3125 and preheating temperature in 623-773K. For all operating conditions a good
agreement between experimental and simulated data was obtained.

Thus, the results obtained can be listed as follows:

* The kinetic mechanism of methane ATR on Rhodium commercial catalyst
(supported on alumina pellets) is indirect;

* The addition of water to feed does not determine a better overlapping between the
reforming and oxidation reactions and it does not change the kinetic mechanism,
that is still indirect;

" The chemical stratification of the Rhodium catalyst under combined feed of oxygen
and methane determines that the 7.5% of the catalytic bed is initially employed only
for the oxidation reaction;

" The use of mixtures with a low methane to oxygen feed ratio does not favour
direct partial oxidation processes over the total combustion and does not change the
entity of the overlapping between the endothermic and exothermic region;

* A higher preheating temperature (close to the auto-ignition one) does not
advantage the selectivity of partial oxidation over the total combustion and does not
modify the entity of the overlapping between the endothermic and exothermic
region.
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COMPARISON BETWEEN NICKEL AND RHODIUM
CATALYST UNDER CPO AND ATR PROCESSES OF
METHANE

In this chapter the differences that are detected by using commercial Nickel and Rhodium
catalysts , for the CPO and ATR processes, will be shown [116], [117], [118].

The comparison will begin with the evaluation of the differences of oxidation and
reforming zone distribution in the catalytic bed, followed by the determination of
differences in performance (yield and conversion) and in thermal profile, when operating
parameters are varied.

DISTRIBUITION OF KINETIC ZONE

For ease of viewing, the figures 21 and 51 are reported again, though already discussed
separately in their respective chapters, relative to results obtained on the two catalysts. The
figures show the evolution along the reactor of oxygen conversion and of kinetic delay
function that multiplies the reforming reactions.

It is possible to see how, in case of Rhodium catalyst, the region used only for the oxidation
reaction amount to half compared to Nickel catalyst; this probably is due to the high
activity of the oxidation reactions on the noble metals.

The complete development of reforming reactions occurs in a region narrower on the
Rhodium catalyst; this is probably due to several factors including the intrinsic kinetics, the
more rapid development of oxidation reactions and the better overlapping between
endothermic and exothermic processes (just remember that the delay factor "n" introduced
in the mathematical model is fitted with a value of 4 for Rhodium against 12 for the
Nickel).

From the data reported in Figures 21 and 51, it is also easy to imagine how, under the same
conditions, the reactor with Rhodium catalyst is oversized, that means a higher potentiality
of this catalyst in terms of productivity.

In this regard, Figure 71 and Figure 72 show the results discussed for different values of
total flow rate on both catalytic systems.

It is evident that for the Nickel, already for value of flow rate of 8 NI/min, the reforming
reactions outside the reactor are not fully developed and this means that some unconverted
oxygen is still present. Instead, on Rhodium catalyst, for flow rate almost tripled, it is still
possible to see a good distribution of the kinetic processes within the catalytic bed.
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A further confirmation is furnished by the observation of Figure 73 that shows the oxygen
and methane conversion degree, at the catalytic bed outlet; for the Nickel and Rhodium
catalyst with varying the flow rate. For the Nickel catalyst it is possible to observe that the
methane conversion degree decreases already for values of flow rate close to 5 N1/min, also
accompanied by a decline in oxygen conversion. This situation has to be considered
dangerous for the presence of unconverted oxygen in a stream rich of hydrogen and at high
temperatures at the bed outlet.

Instead, for Rhodium catalyst, there is a beginning of decrease in methane conversion only
for values of flow rate above 10 Nl/min and the decreasing trend decidedly more bland,;
moreover, the presence of oxygen at catalytic bed outlet may be considered negligible in
these conditions.
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Figure 69: Simulated profile of oxygen conversion degree and delay function along the reactor for Nickel catalyst. Flow rate
4 NI/ min, ratios A/ CH4= 3.125, W/ CH4=1.2 and prebeating temperature of 623 K.

114



1.0

0E -+
x0d
—_—— x03
F 06
o
&
Sn
g4 04
Itert zone Catalytic zone
02 -+
I:II:I I I T T T T T T
-04 02 00 0z 0.4 0.6 0z 10 Iz 1.4

Axid lenght [om]

Figure 70: Simulated profile of methane conversion degree and delay factor for Rhodium catalyst. Flow rate of 4 NI/ min,
ratio A/ CH4= 3.12, W/ C=0 and T of prebeating of 623 K.
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Figure 71: Sinulated profile of oxygen conversion degree and delay factor along the reactor, for Nickel catalyst, varying the

Slow rate. Feed ratios A/ CH4= 3.125, W/C=1.2 and prebeating temperature of 623 K.
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Figure 72: Simulated profile of oxygen conversion degree and delay factor along the reactor, for Rbodium catalyst, varying
the flow rate. Feed ratios A/ CH4= 3.125, W/C=1.2 and prebeating temperature of 623 K.
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Figure 73: Simulated profile of methane and oxygen conversion degree, on Nickel and Rhodium catalyst, varying the flow
rate. Feed ratios A/ CH4= 3.125, W/C=1.2 and prebeating temperature of 623 K.
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THERMAL PROFILES: HOT SPOT AND MAXIMUM
TEMPERATURES

In this section the differences in terms of thermal profile will be shown, for the two
catalytic systems proposed in ATR and CPO conditions. The attention will focus on the
maximum temperatures realized, for both catalytic systems, along the catalyst bed; this is
particular interesting since one of the main problems that inhibits the development of
autothermal reactors is the high peak temperatures that greatly accelerate the process of
thermal deactivation of the catalyst.

For this reason, Figure 74 shows the trend of maximum temperature in the catalytic bed
varying the steam to carbon ratio and for both type of catalysts used. The analysis of these
plots show for both catalysts that the maximum of temperature decrease with increasing
feed ratio W/C. As discussed in previous chapters, the addition of water to the CPO inlet
mixture does not determine a better overlapping between reforming and oxidation reactions
(the "n" factor of delay kinetic is the same) and the variation of heat capacity of the mixture
is negligible. This leads to the conclusion that the decrease of the maximum temperature is
essentially due to the minor amount of oxygen and then in the minor amount of heat
generated, but clearly with an increase of hydrogen yield. Regard the comparison between
the two catalytic systems, it is possible to note that, at fixed value of feed W/C ratio, on
Rhodium catalyst the maximum temperature is always higher than those achievable on
Nickel. This phenomenon is attributable to the major activity of the Rhodium catalyst for
oxidation reaction as, shown in Figure 21 and Figure 51 below reported.

In Figure 75 it is shown the trend, varying the steam to carbon ratio, relative to
temperature difference in the catalytic bed (temperature difference means the difference in
solid phase, between maximum temperature and temperature at the bed outlet). In the
tigure, a different trend for both catalytic systems can be observed, in particular, a
monotone decreasing for Rhodium is present, while an almost constant trend for the
Nickel. Basically, for both catalytic systems, the slope of these curves is certainly lower than
the maximum temperature variation (Figure 74) and this means that water has a good
effect on steam reforming reactions, that have substantially place downstream of the
oxidation ones.

In Figure 76 the maximum temperature varying the flow rate is plotted for both catalysts.
As already noted and discussed in the previous paragraphs, an increment the flow rate leads
an increase the productivity, but also an increment in the maximum temperature, due to the
increased amount of heat generated and to the higher temperature differences between gas
and solid phase, indication of a greater deficiency of the system to a inter-phase heat
exchange.

From the same figure it can be observed that, even varying the total flow rate, that the
maximum temperature reached on the Rhodium catalyst is higher than that shown by
Nickel and this always is a result of increased activities of Rhodium for the oxidation
reactions.
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In Figure 77 the profiles of temperature difference between gas and solid phase along the
reactor are reported, for both catalytic systems. It can be noted that the trends are similar
(and already discussed in the chapter on the results on the Nickel catalyst) and the
differences in temperature are increasing with increasing in total flow rate, a demonstration
of deficiency of materials with regards to to heat exchange between the two phases.

Finally, in Figure 78 the evolution of the temperature difference which is established
varying the flow rate is shown; from that figure it can be seen that the trend isincreasingly
monotonous for both catalytic systems, due probably to difficulty of catalyst to dispose
larger quantities of heat generated.
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Figure 74: Simulated profile of maxcimum temperature varying the feed steam/ carbon on Nickel and Rbodinm catalyst.
Feed ratio A/ CH4= 3.12 and prebeating temperature of 623 K.
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Figure 75: Simulated profile of temperature difference varying the feed ratio steam/ carbon on Nickel and Rhodinm
catalyst. Feed ratio A/ CH4= 3.12 and prebeating temperature of 623 K.
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Figure 76: Simulated profile of maximum temperature varying the flow rate on Nickel and Rhodinm catalyst. Ratio
A/ CH4= 3.12 and prebeating temperature of 623 K.
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Figure 78: Simulated profile of difference of temperature in the catalytic bed varying the flow rate on both catalytic systems.
Feed ratios A) CH4= 3.12 and prebeating temperature of 623 K.
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PERFORMANCE: CONVERSION AND YIELD

The following paragraph shows trends of experimental conversion and yield of the ATR
process on the Nickel and Rhodium catalyst, first separately discussing the trends and then
passing the comparison between the results obtained on the two catalytic systems.

The Figures Figure 79 and Figure 81 report methane conversion on Rhodium basis
catalyst, Xqyy calculated as Xeu=cotVeon)/ VeotVeortVens) and the moles of syngas
produced per mole of methane in the feed, ng,,, calculated as
0= VeoTVh2)/ FeoTYco2TYena)s as a function of air/methane ratio (A/CH,), parametric
in water/methane ratio (H,O/CH,).

The calculations are performed experimentally by considering yeo, Yeon Vens and vy, as the
components volume fractions measured by the Continuous Gas Analyzer.

Xy increases with A/CH, and with the addition of water. The positive effect of water
addition is higher for low A/CH,, where methane conversion is far from unity. Indeed,
while for low A/CH, ratios, the addition of water influences both the reforming and water
gas shift reactions, for high A/CH, ratios, due to the lack of unconverted methane, the
addition of water acts preferentially on the water gas shift reaction. ng, .., shows a non
monotone trend with A/CH, due to the different effect of A/CH, on selectivity to syngas
and methane conversion. Water addition improves syngas production in the low A/CH,
range, where the enhancement of the reforming reactions can achieve higher methane
conversion. For high A/CH4 ratios, see for instance data corresponding to A/CH4=3.6,
the addition of water acts only on the water gas shift reaction, and the moles of syngas
produced remain constant.

Figure 80 and Figura 82 reports reactor performance, for Nickel basis catalyst, varying air
to methane ratio, parametric in water to methane ratio. In particular Figure 80 reports data
of methane conversion and shows that X, increases with A/CH, and reaches value of 1
for A/CH, higher than 3.5. Same comments, as write for Rhodium catalyst are available.
Figura 82 reports the moles of syngas produced per mole of methane. The non monotone
trend is related to the behaviour of H, and CO yield as a function of A/CH,. The addition
of water increases the moles of syngas produced at low A/CH, ratios, while for higher
A/CH, ratios the moles of syngas produced remain constant since methane conversion is
complete and water acts prevalently on the water gas shift reaction, as happening for
Rhodium catalyst.

Concerning the comparison between the two catalytic systems it is possible to say that, in
addition to the profile made in syngas and conversion of methane that are absolutely
similar, the values show differences absolutely negligible. It has to be considered that this
happens in conditions where the thermodynamics is basically controlling recalling that the
Rhodium has a much higher potentiality to Nickel, as previously shown.
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Figure 79: Experimental profile of methane conversion degree varying the feed ratios AJ CH4 and W/ CH4 on Rhodinm
catalyst. Flow rate = 4 NI/ min and prebeating temperature of 623 K.
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Figure 80: Experimental profile of methane conversion degree varying the feed ratios A/ CH4 ¢ W/ CH4 on Nickel
catalyst. Flow rate = 4 NI/ min and prebeating temperature of 623 K.
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CONCLUSION ON COMPARISON BETWEEN NICKEL AND
RHODIUM CATALYST

In this chapter it was compare the results obtained on the two catalysts under consideration
by stress the differences mainly in terms of kinetic distribution, potentiality and
temperatures obtained along the reactor.

The conclusions about the differences of the two catalysts was describe and illustrate in the
preceding paragraphs, which are summarized here:

* For Rhodium catalyst the fraction of pellets used only for the oxidation reaction
amount to half compared to Nickel catalyst; this probably is due to the high activity
of the oxidation reactions on the noble metals. (7.5 % vol. compared with 15 % vol.
tor Nickel catalyst);

* The complete development of reforming reactions occurs in a region narrower
on the Rhodium catalyst, this is probably due to several factors including, in addition
to the intrinsic kinetics, the more rapid development of oxidation reactions and the
better overlap between endothermic and exothermic processes (just remember that
the delay factor "n" introduced in the mathematical model is fitted with a value of 4

tor Rhodium against 12 for the Nickel);

" The Rhodium catalyst has a productivity nearly three times higher than that shown
by Nickel;

* For both catalysts, the maximum of temperature decrease with increasing feed
ratio W/C, but on Rhodium catalyst the maximum temperature is always higher
than those achievable for the catalyst to Nickel. This phenomenon is attributable to
the major activity, of the Rhodium catalyst, regard to oxidation reaction;

" Varying the feed ratio steam to methane, for both catalytic systems the slope of the
maximum temperature is always higher than the variation Tyax-Tour, and this
means a good effect that the water has on steam reforming reactions, reactions that
have substantially place downstream of the oxidation ones;

" Varying the total flow rate the Ty,x on Rhodium catalyst is always higher than that
relative to Nickel catalyst;

* Syngas yield and methane conversion, varying the feed ratios W/C and A/C,
show for both catalytic systems a similar profile and differences in value negligible;
but it is important to remember that the Rhodium potentiality is much higher than
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Nickel and this equality applies until the kinetic controlling regime is
thermodynamic.

125



DEVELOPMENT

As mentioned in the first chapter, this work focuses on decentralized hydrogen production,
thus on reactor configurations as compact as possible. For this reason, the development of
an autothermal process is of great importance for the design of a compact hydrogen
production unit, therefore previous chapters have described in detail the autothermal ATR
and CPO processes; both the processes have been characterized through experimental
campaigns and mathematical models, in various operating conditions in a fixed bed reactor
over commercial Ni and Rh catalysts.

Clearly, it should be added that recently the necessity of producing hydrogen in
decentralized units have pushed researchers' efforts towards new reactor configurations,

both ATR and CPO process, that are able to:

o Minimize plant size

o Limit problems that inbibit the ATR and CPO diffusion as hydrogen production processes (for
example thermal hot spots)

o Maximize energy efficiency.

The following chapter aims to highlight these aspects, furnishing some input for the
autothermal process improvement through two main factors:

® Thermal properties of catalysts
®  Reactor configurations

In the case of catalyst thermal properties, the same mathematical model will be employed,
and substantially results on heat distribution inside the reactor will be reported, by varying
the materials employed as catalyst; concerning to reactor configurations, a detailed
description of non conventional reactors will be reported for the autothermal processes.

EFFECT OF CATALYST TYPE: NUMERICAL INVESTIGATION

In this brief paragraph, the effect of catalyst type on thermal profile developed in the
reactor is reported. As already mentioned, many researchers ([119], [120], [144]) are paying
attention to this aspect, testing catalyst supports with high thermal capacity, in order to
better allocate the heat released along the catalyst bed. In this sense, the attention of
researchers is given mainly to monolith and metallic foam supports, that are very promising
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for this application. However, this kind of catalyst is not mature yet, for this reason the
employment of this kind of catalyst is just cited in the present work as possible solution.
The mathematical model developed for fixed bed reactor with catalyst in pellets has been
used, and simulations has been made with varying thermal conductivity of the support
material, in order to have an idea of the qualitative effect on thermal profiles developed
inside the reactor. In Figure 84, simulation results are reported, parametric in three values
of thermal conductivity, that correspond to values of metallic catalyst on ceramic supports
(such as commercial catalysts) and to values of metallic supports. In it possible to observe
that for high values of thermal conductivity the temperature hot spot is substantially
reduced, even if a scarce overlapping of the oxidative and reforming zone is still present. It
is worth noting that the loss in conversion and yield is negligible, since the internal energy
in the reactor is ri-distributed along the whole bed and the rate of energy that goes out of
the bed, mainly in the zone just before the hot spot, is released to the inlet gas, that are
preheated; this is confirmed by outlet temperature profiles in the three cases, that are
practically overlapped.

These results lead to the conclusion that surely catalytic systems with high conductivity can
mitigate the thermal deactivation phenomena in short contact time reactors and can allow
to obtain higher productivity than conventional catalytic systems
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Figure 83: Simulated Reactor thermal profile in the solid phase parametric in solid thermal conductivity; A/ CH4=3.125,
W/ CH4=1.2, Rh-based catalyst, flow rate = 4 NI/ min, prebeating Temperature = 623 K.
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NON CONVENTIONAL REACTORS

This paragraph describes the state of art in innovative reactor configurations for ATR and
CPO process, highlighting the limits and the advantages of each configuration investigated.
The fixed bed reactor proposed in the present work requires an inlet gas preheating to
temperatures near the catalyst activation temperatures, both for obtaining high productivity
and for avoiding shut-down. This process requires an external heat exchanger, where it is
possible to use the reactor outlet gas as hot fluid; this solution leads to a loss in reactor
compactness, moreover it is difficult to obtain high energy efficiency by managing a gas
stream at high temperature on small scale.

In the following section

In the following paragraphs the state of art on new reactor concept is reported, highlighting
advantages with respect to conventional reactor configurations and disadvantages that
inhibit their development in the small-scale hydrogen production field. In particular, the
tollowing reactors will be reported:

> Membrane reactors
»  Catalytic walls reactors
> Forced reactors

Membrane reactors are a technology where the hydrogen separation is integrated inside the
reforming unit, and pure hydrogen production is obtained, that can be fed to fuel cells, such
as Polymer Electrolyte/membrane (PEM) fuel cells; catalytic wall reactors and forced
reactors, instead, foresees heat integration inside the reactor unit.

MEMBRANE REACTORS

In recent years, many authors have paid much attention to membrane reactor for hydrogen
production for PEM fuel cells [82], [88], [122]. In particular, palladium membranes allows
to attain a high purity hydrogen steam (100% selectivity), operating reactors at temperatures
below 800°C, far lower than operating temperatures of actual steam reforming systems. In
the reactor, hydrogen is usually separated from the reaction mixture using palladium-based
membranes, and the separation of hydrogen significantly increases the equilibrium
conversion of methane. Uemiya et al. [122] reported methane conversion close to 90% at
500°C using this reactor.

This is due to the fact that hydrogen removal shifts thermodynamic equilibrium towards the
products, allowing the attainment of high methane conversion and syngas yields. Therefore,
with this kind of reactor is possible to obtain the same conversions of a conventional steam
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reforming reactor, but operating at lower temperatures, moreover the subsequent
treatments for lowering the CO content below 50ppm are eliminated.

The principle of membrane reforming with hydrogen selective palladium menbranes is
illustrated in Figure 84.

The membrane continuously removes hydrogen produced in the catalytic reaction zone,
thus pushing the chemical equilibrium and allowing higher methane conversions at lower
temperatures. The permeation of hydrogen through palladium membrane is described by
the following relation, which is valid as long as the diffusion of hydrogen through the metal
is considered the rate determining step:

DA
F:T(\/PHZr—\/PHzp) G0

Whete D is the apparent diffusion coefficient (m2/ht*bar0.5), which is dependent on the
temperature and the nature of the palladium alloy present. A is the membrane area (m2),
PH2,r and PH2,p are the pressure of hydrogen (bar) on respectively the retentate and the
permeate sweep side of the membrane, | is the membrane thickness (m). the hydrogen
permeating the membrane is 100% pure, but produced at low pressure because the
permeation flux is proportional to the difference between the square root of the hydrogen
partial pressure on the two sides of the membrane.
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Figure 84: Sketch Membrane Reactor.
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Yu-Ming Lin et al, in 2003 [80], reported an analysis on methane conversion in a
membrane reactor with varying the fed methane on catalyst mass ratio (WHSV) and the fed
methane on membrane area ratio (I./S). they found that, if WHSV is high, the effect of L./S
is negligible, since an increase in Pd area does not lead to an improvement in methane
conversion, as hydrogen production being reduced. For WHSV values lower that 3a
dependence from the L/S value is observed, because there is an influence of the quantity of
hydrogen permeated through the membrane.

A drawback in the use of palladium membranes is the availability and the price of the metal.
Furthermore, hydrogen permeability of conventional palladium (alloy) membranes is low
compared with the very high catalytic reaction rates, thus the development of membrane
reactors with high permeation rates is very desirable. The only way to increase drastically
the permeation rate is to decrease the membrane thickness. Research in preparation of ultra
thin supported on palladium membranes, chemically and mechanically resistant, is therefore
carried out.

CATALYTIC WALLS REACTORS

The main disadvantage of the steam reforming process is the necessity of heat adduction
for the sustainment of endothermic reactions at high temperatures. Actually, heat adduction
is performed by means of external burners, operating at temperatures higher that 1500°C,
placed in co-current with respect to the steam reforming reactor feed. However, this
configuration shows high heat transfer resistance, thus requiring high flame temperatures,
with possible formation of nitrogen oxides and with residence times of the reactants gas
mixture of the order of seconds. Moreover, with this reactor configuration only the 50% of
the heat released in the burner is furnished to the reformer, and the remaining part is
generally employed in other sections of the plant.

Parallel plates reactors represent a possible solution to heat transfer for the steam reforming
process. They are build with a thin wall, having both sides covered with catalyst, that
separate the combustion and the reforming zone. This allows high heat transfer rates,
lowering the residence time of the reacting mixture. Another advantage is that the catalytic
combustion is conducted at lower temperatures than conventional combustion in burners,
eliminating nitrogen oxides formation.

Venkatarama et al., in 2004 [81], built up different configurations of catalytic walls reactors;
methane combustion was realized on platinum catalyst, while methane steam reforming on
rhodium. Both catalyst were placed on opposite sides of a thin wall.

Figure 85a describes the three channels pass system, with two channels for exothermic
reaction and one channel for the endothermic one; in Figure 85b a five channels
configuration is reported, showing that the three channels system can be scaled up by
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addition of other channels. With these reactor configurations, methane conversion was up
to 90%, and H,/CO ratio about 3. If a two-pass configuration is used, as reported in
Figure 855c¢ with three channels, a heat exchange is present between hot products and the
cold feed. This leads to an increment in the first part of the reactor and a decrement in the
tinal part with respect to the configurations proposed in figures 84a and 84b, thus favoring
both endothermic steam reforming and exothermic water gas shift reactions. In this way,
H,/CO ratio increase up to 14/1, but a decrease in CO selectivity is also present, from 90%
in the first two configurations to 27% in the third one. The system proposed in Figure 85d
differs from the two-pass reactor for the presence of an extension of the endothermic
channel; in this way, the zone where water gas shift reaction takes place is longer, thus
decreasing CO selectivity (9%) and increasing H,/CO ratio (42/1).
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Figure 85: Schematization of parallel plate configuration: (a) one pass, 3 channels; (b) one pass, 5 channels; (c) Two passes,
3 channels; (d) Extended confignration of the two passes, 3 channels solution.

However, these systems don’t allow a complete overlapping of the exothermic and
endothermic zones, causing a possible increment of temperature, not compatible with the
thermal stability of materials employed. For this reason, Eigenberger et al., in 2002 [82],
proposed an alternative reactor configuration by a distributed feed along the exothermic
channel. In this way, the stability of the process is improved, since a better overlapping of
combustion and reforming zone can be obtained.
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FORCED REACTORS

INTRODUCTION

When a heterogeneous catalytic reactor is forced to work in non stationary regimes, the
tactors that can positively influence the entire process are the following [83], [84], [85].

o  Catalyst dynamic properties: temporal variations of the reactants mixture can induce
changes in the state and in the structure of the catalyst, that lead to an increase in
activity and/or selectivity with respect to stationary conditions.

®  Dynamic characteristics of the whole reactor: forced variations of the reactor inlet variables
could allow to obtain a composition and temperature distribution closer to optimum
conditions than stationary reactors

Catalytic processes conducted in dynamic regime can be obtained in different ways. If
periodic time-changes are imposed to one or more operating parameters of the reactor,
such as an inlet concentration of one or more reactants or the inlet temperature, the
catalytic reactor is forced to work in non-stationary conditions. From 70s, some Russian
researchers [86] and [87], proposed periodic regime induction in catalytic reactor by
keeping constant the feed composition and temperature and by varying the feed position.
In particular, [87] proposed a number of different reactor configurations where the feed
position is changed and periodic regime induction is obtained. The most studied, however,
has been the reactor with flow inversion. If the flow direction is changed with an
appropriate frequency, concentration and temperature profiles developed along the catalyst
bed allow to improve reactor performance with an increase in total conversion.

The first studies on this periodic reactor configuration focused on catalytic processes that
involve reversible exothermic reactions (methanol synthesis [88], [89]; ammonia synthesis
[90], [91]; sulfur dioxide oxidation [86], [92], [93]; and irreversible exothermic reactions
(catalytic combustion) [94], [95], [96], [97], [98]. In these cases, taking advantage of high
catalyst thermal capacity, it has been possible to improve the process not only from a
kinetic and thermodynamic point of view, but also from an energetic one, thus reducing
plant and operative costs. This is confirmed by the fact that in U.S.A and in ex-URSS many
conventional reactors with adiabatic state and inter-refrigeration have been placed by
reactors with flow inversion in sulfuric acid and methanol production plants.

Even if advantages are less visible, some recent studies are coupling reactors with flow
inversion to processes that involve endothermic reactions. A number of studies, indeed, is
present in literature on ethyl benzene dehydrogenation [99], [100] and methane steam
reforming [101], [102], [103], [104], [105], [106], [107], [108].
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PRINCIPLE OF WORKING

For better understanding of the way of operation o f these reactors in the following section
low exothermic reactions will be discussed. Basically, in this case there are three possibilities
for the management of an autothermal heterogeneous process:

o Adiabatic fixed bed reactor with external heat exchanger
o Counter-current fixed bed reactor
o Reactor with flow inversion (RFR)

The adiabatic fixed bed reactor with external heat exchanger, Figure 86, consists in an adiabatic
fixed bed reactor connected to an external heat exchanger where hot products release heat
to the reactor feed in a counter-current configuration.

The temperature gradient is the following [109].
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Figure 86: Standard schematization of an adiabatic fixed bed reactor with an external counter-current heat exchanger and
typical temperature plot.

A Counter-current fixed bed reactor, Figure 87, consists in a counter-current heat exchanger
whit a catalytic bed placed inside the tube. The thermal profile developed in the reactor is
the same of the adiabatic fixed bed reactor, but there are advantages related to higher
compactness and less sensibility of thermal profile to changes of the feeding (in this case,
indeed, the temperature at which the reaction starts is always the ignition temperature).

the Reactor with flow inversion, Figure 88, instead, is a particular forced reactor configuration
where the feed flow inversion is periodically switched. In this kind of reactor the
temperature front formation in fixed bed reactor is utilized for better employing the heat
developed by the reaction ([110], [111], [112], [113], [114], [115]); indeed, thanks to high
catalyst bed thermal capacity, the solid can work as catalyst and as heat exchanger.

In particular, in RFR the flow inversion allows to trap the heat of reaction inside the reactor
itself, avoiding the employment of external heat exchangers that are generally necessary in
order to drive the process autothermally.
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In Figure 89 are reported the typical profiles of a working status of RFR.

For example, if it preheat the adiabatic reactor at a temperature around the ignition of the
(in Figure 89 of 300 °C) exothermic reaction in question, it can then lower the feed
temperature until the room temperature. In fact as a result of movement of a front of
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reaction, the initial part of the bed cool down heating the cold feed that will lead to ignition
temperature of reacting and giving its heat to the remainder of the catalytic bed; now if it
reverses the flow direction before the heat wave leaves the reactor, it can create within it a

system of periodic type of operation.
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Figure 89: RER: a) profile of T and conversion during the moving of front of reaction in an adiabatic packed bed reactor.
b) Temperature profile and conversion at end of both semi-cycles. c) Transient of periodic regime [100]

Using, and more efficiently the heat produced by chemical reaction, the reacting mixture, in
this case does not require an external preheating of reactor. This is due to the fact that with
this type of periodical operation the bed not only plays the role of catalyst, but also to heat
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regenerator. For the high heat capacity of the catalyst, the bed accumulates heat and releases
heat to cold feed gas, making it unnecessary in many cases the external heat exchangers.

It remains therefore clear that the need to develop reactors on a small scale blocks the use
of conventional reactor with adiabatic fixed bed w it h external exchanger, and leaves the
choice on two types of reactors to supplement internal heat. Between these two types of
reactors was also demonstrated a kind of analogy, clearly on the basis of resistance to heat
nothing of the median wall of the reactor-exchanger in countercurrent and fast turnaround
for the reverse flow reactor [83].

REVERSE FLOW REACTOR FOR REFORMING PROCESSES

Veser et al, nel 2000 [6], have studied performance of catalytic partial oxidation in a “heat
integrated reactor”, built as a countercurrent heat exchange reactor. The Figure 90 shows
the examined reactor: methane and oxygen are fed separately into the reactor and premixed
right in front of the reaction zone by injecting the inner feed (F1) into the outer feed (F2)
by means of static mixers. As a safety measure, the reactor is closed up at its hot end by a
rupture disk which should lead to a benign release of a pressure wave in case of explosion.
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Figure 90: Schema Heat Exchange Reactor with separate feed of reactants (F1 and F2), pre-mixing zone (a), static
mixers (b), catalytic reaction gome (c) and rupture disk (d). the cold product gas leave the reactor through exit P.

A good heat integration is achieved in the reactor, with preheating temperatures higher than
800°C and exit gas temperatures below 100°C. Additionally, a considerable performance
enhancement is observed in terms of reaction selectivities and conversions. However,
suitable reactor materials remain to be found, since the authors found Fe depositions on the
catalyst and the support, due to reactive deterioration of reactor steel housing at the
operating temperatures of the PO reaction (900-1100°C).

In later works, Veser et al.,([104], [106], [107], [108]) showed that a better heat integration
can be obtained in a reverse flow reactor, characterized by a periodic inversion of feed flow
direction.
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Recently, the authors [104], [107], have compared results obtained in a reverse flow reactor
(RFR) with those obtained in a conventional reactor operating in steady state (SS) on Pt and
Rh based catalysts.

In this reactor configuration the catalyst is placed between to inert packing materials,
socalled inert zones that act as “heat reservoirs” that is as regenerative heat exchangers in
addition to the catalyst bed. The periodic switching of flow direction is realized by means of
four valves, synchronized in pairs. At the beginning, the V1 valves are open, and cold
reactants enter the catalyst bed and react exothermically on the catalyst surface; the heat
released by exothermic reactions increases catalyst and products temperature, thus the hot
product gases exit the reaction zone and exchange heat with the inert zone downstream the
catalyst, which is therefore heated up. When the gas flow through the reaction tube is
reversed, V1 valves are closed and V2 valves are opened, so cold reactants entering the
reactor are heated up by the hot inert zone, which is now located upstream the catalyst. The
reactants enter the catalyst bed at an elevated temperature, which adds to the heat of
reaction and leads to an overall increase of the catalyst temperature. Hot product gases exit
the reaction zone and exchange heat with the cold inert zone downstream of the catalyst
bed. The continuous heat exchange now leads to a cooling of the heat reservoir upstream
and a heating of the heat reservoir downstream the catalyst bed. If flow inversion is realized
in the right way, in order to prevent the catalyst temperature from dropping once the inert
zone upstream of the catalyst has been cooled down, a periodic regime can be reached,
characterized by the fact that temperature and concentration profiles of two subsequent
half-periods are mirror images of each other.
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NOMENCLATURE

SYMBOLS

a, specific exchange surface of pellets;
G molar concentration of specie i;

C, thermal capacity;

D¢ effective diffusivity of specie i;

d, reactor diameter;

e, emissivity;

AH heat of reaction;

h; heat exchange coefficient between solid-gas
hen external heat exchange coefficient;
N, number of reactions;

K¢ effective axial thermal conductibility;
ki, mass transfer coefficient between solid-gas;
r reaction rate;

T temperature;

Ty ven external temperature;

Vi interstitial velocity;

GREEK SYMBOLS

o Stefan-Boltzmann constant;

p density;

€ empty fraction;

SUBSCRIPT

S solid phase;

g gas phase.
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